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SUMMARY
Studies are reported on the characteristics of two sieve trays 
containing l-inch-diameter holes. Little is known about the performance 
of such trays. A pilot plant was built containing two columns, one 
'rectangular' and the other 'round'. The trays had downcomejcs as would 
be the case in practice.
The investigations are divided into four main sections :
(i) Hydrodynamic studies of gas/liquid interactions on the
tray. These include the measurements of liquid heads,
ftoth heiglits, pressure drops, aeration and froth
density factors, weeping and entrainment on the tray,
and liquid heads, froth heights and froth density 
factors in the downcomer.
(ii) Measurement of liquid residence time and degree of 
relative mixing on the tray using a dye injection 
technique.
(iii) Mass transfer and efficiency studies with the system 
air/CD2/water, and
(iv) Measurement of liquid/gas interfacial areas employing 
the system air/COg/NaOH solution. Hie values of 'a', 
the interfacial area, obtained were combined with the 
mass transfer coefficient 'k^ a' obtained from 
efficiency studies to give values of 'k^ '.
Where possible, the results of the hydrodynamic studies have been 
reported in the form of correlation equations suitable for design 
purposes. A novel method was arrived at to sample the vapour stream
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for entrained liquid, and the results, although not yet complete enough 
for direct design purposes, are very encouraging. A new criterion, 
has been introduced and the values obtained for it confirm the correla­
tion proposed by PAIR.
The extent of relative liquid mixing on the tray was determined 
using the variance of the residence time distribution. Grapliical 
correlations of the mean liquid residence time and the extent of mixing 
have been presented. The validity of the method for obtaining the eddy 
diffusion coefficient from the variance of residence time distribution 
has been discussed.
An accurate sampling and analysing technique was used in the 
efficiency and mass transfer studies. For the latter, operating con­
ditions were selected such that the second order reaction between 00^  
and NaOH solution could be regarded as pseudo-first order. The values 
of the interfacial area 'a' obtained were found to vary slightly with 
liquid and vapour flows. The values lie in the range 1.5 to 2.8 cm"^  
for the rectangular column, and 0.5 to 1.0 cm  ^for the round column.
The values lie in the ranges 0.05 to 0.1 cm/sec and 0.20 to 0.35 cm/ 
sec respectively.
The interrelations between liquid mixing, liquid residence time, and 
the tray performance measured in terms of efficiency and mass transfer 
have also been examined in depth.
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CHAPTER ONE 
I N T R O D U C T I O N  
In the distillation industry in recent years, designers 
have been compelled to consider cheaper and simpler devices 
as a result of emphasis on plant profitabilities. This has 
elicited the resurgence of sieve trays employing liquid 
crossflow. Sieve trays are being used in vacuum services, 
clean services, and dirty services including solutions of 
suspended particles. Their advantages over the bubble-cap 
trays are higher throughputs and ability to operate at 
throughputs lower than normal capacity.
Liquid flow on trays has been widely studied with a 
two fold purpose: (1) to estimate the beneficial effect of
crossflow on tray efficiency and (2) to improve the handling 
of liquid from tray to tray by way of downcomer design. As a 
matter of convenience, studies have been carried out on 
pilot plants. However, the attendant problem of complex 
interactions on the trays render scaling-up of pilot plant 
results to industrial plant requirements very difficult.
The majority of literature has presented data for trays 
with &-inch through 1/4-inch diameter holes. There are some 
data on ^-inch diameter-hole trays. Some commercial units 
have used  ^ and 1-inch perforations despite the scarcity of 
data. Trays with 3/l6-inch perforations are recommended for 
clean services, and those with |-inch holes for fouling 
services and fluids containing solids.
In order to alleviate the problem of scale-up, the pilot 
plants employed for this research had width or diameter and 
plate spacing comparable to those of industrial plants. 
However, cost and limited laboratory space prohibited the use 
of bigger""than-a-two-plate columns. The trays were perforated
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with 1-inch diameter holes with the sole aim of producing data 
to augment the meagre quantity available in literature.
In designing the experiments, the focal point was 
efficiency. Therefore, tray hydrodynamics including weeping 
and entrainment, liquid mixing and residence time and gas-liquid 
interfacial areas, parameters requisite to prediction of 
efficiency were scheduled for extensive study.
 ^w.
CHAPTER TWO 
THEORETICAL CONSIDERATTONS
2.1 GENERAL
2.1.1 Designing a Sieve Tray Column
The behaviour of sieve tray columns has been difficult to predict 
solely from theory, therefore designers have had to resort to employing 
the simple theoretical correlations of sieve tray parameters, (e.g. hole 
size, and hole spacing), and column variables, (e.g. liquid rate and 
vapour rate) and empirical correlations which have been established from 
pilot plant and industrial scale data. The validity of the chosen 
parameters and variables can be judged by the performance of the designed 
plant.
In the present chapter, some of the theories and empirical relation­
ships relating to the design of sieve tray columns are summarised. The 
literature is so diverse that an attempt has been made to restrict the 
review to those theories of particular relevance to the present studies. 
Where necessary however, some published work is reported in greater depth.
2.1.2 The Variables of ah Operating Sieve Tray Column
The schenetic diagram in Fig. 2.1 represents a simplification of the 
complex fluid mechanics of the sieve tray. Liquid reflux descends 
through a downflow pipe onto the tray at point, P, and then flows over 
weir. A, which ensures even distribution to the inlet calming 
(unperforated) section of length Within the active region of roughly
length A, the liquid contacts the vapour from below and it is expanded . 
into a turbulent, surging mass called "froth". In moving across the tray, 
this mass provides higla interfacial area for efficient vapour-liquid mass
-4 -
Downflow pipe
Froth
\o
O W
Downcomer
Perforations
Lower tray
Fig. 2,1 Schematic Diagram — Sieve Tray Dynamics.
transfer. The height of the top of the froth above the tray floor is 
designated as Z^ . There is also an effective hydro-dynamic head of the 
aerated mass, Z_, which can be measured by manometers installed in the 
tray floor.
The aerated liquid mass collapses to some extent over the exit calming 
section of length and then flows over the exit weir, height h^ , into 
the downcomer. The theoretical height to vhich the liquid rises above 
the exit weir is designated as h^ .^ The liquid gradient, h^ , is the 
difference between the liquid heights above the inlet and exit weirs.
In the downcomer, two regions are observable; a mixture of clear 
liquid and froth of much reduced bubble sizes on top of which stands a 
frothy mass. The transition from froth to a mixture of clear liquid and 
froth is not definite. Therefore, CD in the diagram represents a region 
rather than a line. Z^ ^^  represents the height of the froth above the 
bottom of the downcomer while h^^ represents the effective hydrostatic 
head of liquid in the downcomer.
Tlie height of liquid on the lower tray can be measured as h^ _^  by 
means of a floor manometer fixed at a point adjacent to the downcomer.
The pressure difference between the spaces above and below the top plate 
and that between the spaces above the tray and the downcomer can be 
measured by water manometers as h^ and h^^ respectively.
2.2 HYDRODYNAMECS
2.2.1 Pressure Drops and Dynamic Liquid Heads
2.2.1.1 Liquid Crest Over the Weir, h__ è-------------------------2--OW
The liquid crest over the weir is a function of the liquid rate as
~ 6—
well as the design variables - weir length and column diameter. For 
straight weirs, these parameters have been correlated as
‘^ow = 0.53 (L/Aw) 3 (2.1)
L is the rate of liquid flow in gallons per minute and the weir length
in inches. Equation 2.1 is known as Francis formula.
2.2.1.2 Underflow Pressure Drop, h^^
Liquid velocities through downcomers are low and consequently 
frictional losses in the downcomer are negligible. Hie major loss is in 
passing through the restriction at the bottom of the downcomer. This 
loss, h^ ,^ is calculated from the equation for submerged orifices
(2 .2 )
with h^^ in inches, L in gallons per minute, and in square inches, is 
the minimum area of the restriction.
2.2.1.3 Diy Plate Pressure Drop, h^^
The tenm h^^ represents the equivalent dry-plate pressure drop in 
inches of liquid caused by vapour passage through the perforations. It 
is a function of a number of inter-related variables, many of which cannot 
be correlated satisfactorily. Kolodzie and Van Winkle (1957) have 
correlated the factors of vapour (hole) Reynolds number, plate thickness, 
hole diameter, hole pitch and fractional area of the plate allotted to 
the holes. The value of the discharge coefficient, C^ , from their
correlation is used in the equation for hdp
hdp = 0-186
v_^  ^ p A ' 20 1 “ n
% ■ Pl ■ .V (2.3)
where
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Vq = vapour velocity throu^ i holes, fps 
= total plate hole area 
A^  = total bubbling area, A-2A^
Py = vapour density 
= liquid density
2.2.1.4 Surface-Tension Heatl. Loss, h^
The head loss required to overcome surface-tension in fonning froth 
and foam and forcing the vapour througli the aerated mass is designated as 
h^ in inches of liquid in the plate. An expression for surface-tension 
head loss has been formulated by Fair (1963) as
^  ^  ■ (2-%) L n
where
a = the surface tension of the liquid at the temperature of 
the plate, dynes/cm 
py = liquid density, lb/ft^  
dj^ = hole diameter, in.
2.2.1.5 Aeration Factor, g
The hydrodynamic hea% vhich can be measured by manometers 
attached to the tray floor, and the air momentum head, Z^ , can be related 
to the weir hei^ it h^ and liquid crest over the weir, h^ ,^ by means of 
an aeration factor 3
%D + Zm = (2.5)
and
' (Vo - Vg) X 12 (2.6)
where
- 8 -
= superficial gas velocity based on active area^
Aa^  (ft/sec) 
g = acceleration due to gravity (ft/sec^ )
(2-7)
is the hydrostatic head on the tray^  in inches of liquid. Hence, 
from equations (2.5), (2.6) and (2,7)
Zn3 = T— r V -  (2.8)ow
Values of aeration factor can also be obtained from the measurements of 
total pressure drop
h. - (h^  ^+ h„) 
 ^^ ow3 =  —  (2.9)
hr - is the residual pressure drop according to IVIayfield et al. (1952).
2.2.1.6 Relative Froth Density, (j)
Relative froth density is defined as 
Zn(j) = (2.10)
f^
The froth height, Z„, is obtained by visual observation. Hutchinson et 
al. (19^ 9^) related 0 and 3 as
2.2.1.7 Total Plate Pressure Drop, h^
Hie total plate pressure drop across the tray is calculated from 
the expression
-9-
2.2.1.8 Liquid Height in the Do-wncomer
Expression for the liquid backup in the downcoiner has been obtained 
by applying the Bernoulli theorem to two points on the lower tray - one 
at the bottom of the downcomer, the other at the base of the exit weir. 
The result is
^dc = \  + hw + how + hg + hde (2.13)
This equation gives the height of liquid in the downcoiær in terms of 
clear liquid. In designing on basis of weeping or entrainment, the 
heiglit of the downcoiær should not be lower than the maximum value, of 
h^^ in order to avoid flooding of the upper tray by liquid in the down- 
comer.
2.2.2 Flooding and Entrainment
Flooding is a phenomenon which causes inoperability in vapour/liquid 
contacting columns. It occurs in a sieve tray column when the liquid in 
the downcorrer is overflowing onto the tray or when entrainment creates 
continuity between the aerated mass on the lower tray and that on the 
upper tray. Ihe onset of flooding is characterised by
(i) a sharp increase in pressure drop^  and
(ii) a sharp decline in efficiency.
At the flood point, the column vapour or liquid capacity is maximum.
Fair (1963) has developed a generalized correlation for sieve tray 
flooding by relating a flow parameter, F^ ,^ and a capacity paraneter, 
to hole area, tray spacing, and system surface tension.
L ’ IT
where
— 10—
= liquid/vapour flow parameter, ratio 
L’ = liquid flow rate, lb. moles/hr
= molecular weight of liquid 
= molecular weight of vapour 
V = vapour flow rate, lb. moles/hr
w’ = liquid flow rate, lb/hr
W = vapour flow rate, lb/hr.
Essentialiy, F^ .^  is a ratio of liquid and vapour kinetic energy^ and 
accounts for liquid flow effects on the tray.
■ "'/A
where v^  = vapour velocity based on bubbling area. Hiis parameter was 
originally developed by Bonders and Brown (1934) from a consideration of 
droplet suspension in a gas stream.
lig. 2.2 shows a plot of against F^^ with tray spacing as ' 
parameter. With a knowledge of F^ ^^  and tray spacing, can be obtained 
and flooding velocity calculated from
v = Cb,flooding “ sb Py (2.16)
The approach to flooding has been defined as
% flood = X 100. ( L W  = constant)
b^,flooding
(2.17)
Fair (1963) has also provided a second correlation which can be used to 
predict entrainment by using equations (2.l4) and (2.17). Hie correla­
tion is shown in Fig. 2.3*
This approach for predicting entrainment could be useful in checking
-11'
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the deleterious effect of entrainment on tray efficiency. Fractional 
entrainment is defined as
where e = entrainment in lb. moles/hr. By substituting equation (2.18) 
into the following equation due to Colburn (193^ 0
(2.19)
we have
C  ' 1 + (2.20)
where
= local wet efficiency (with entrainment)
= local dry (Murphree) vapour plate efficiency
Equation (2.20) can be employed to assess the departure of wet 
Murphree efficiency from dry Murphree efficiency with different degrees 
of entrainment. With no entrainment^   ^^  0, E^ E^ .^ When entrain­
ment flood point is approached^  1.0 and E^  ^ 0.
2.2.3 Weeping
Weeping is the passage of liquid througii the tray perforations. It 
may occur to some extent during the operation of a sieve tray column at 
all vapour rates. Decreasing the vapour rate causes or worsens weeping. 
The onset of weeping^  (vapour velocity at the weep point) is difficult to 
ascertain by visual observation. A more reliable approach is the 
observation of the change of pressure drop with vapour velocity. At 
the weep point there is a sharp drop in pressure due to a small decrease 
in vapour velocity.
-14-
Fair (1963) claims that the condition for no weeping is
hdp + h* ; (2.21)
From equations (2.8) and (2.9) we have
ht - ( %  + = Zc (2.22)
It is therefore apparent from equation (2.22) that the total plate pressure 
drop has three components: the dry plate pressure drop which accounts
for the ener©^  loss by the vapour in passing through the holes 3 the 
residual pressure drop defined by Mayfield (1952) and a third component 
#iich obviously is the energy head loss in frothing the liquid and sup­
porting it on the tray. Hence the condition for no weeping is that the 
height of clear liquid manometrically measured on the tray should be less 
than the third component of plate pressure drop, i.e.
\  - (hjp + hp > Zc (2.23)
In other words3 calculated from equation (2.22) must be greater or 
equal to measured for no weeping.
2.3 RESIDENCE TIME AHD LIQUID MIXING
2.3.1 Residence Tiiïfô Distribution
2.3.1.1 Introduction
In order to predict the exact behaviour of a reaction vessel3 what 
is happening inside the vessel must be luiown especially the mode of 
passage of fluid through it. A widely used method is the stimulus- 
response technique developed by Danckwerts (1953) for obtaining the dis­
tribution of ages or residence times of molecules within the vessel.
-15'
Ihis information can then be used to account for the non-ideal behaviour 
of the fluid flow in the chemical reactor.
Consider the steady state flow of a single liquid at v^ ffc^ /sec 
through a tank of capacity ft^  without reaction or density change.
Ihe mean residence time of fluid within the vessel is defined as
^ct = T = (2.24)r
If time is measured in units of mean residence time, i.e. t/t, then the 
dimensionless time^  0, is defined as
0 = t/t (2.25)
2.3.1.2 The Internal Age Distribution Function, I
Different fluid elements following different flow paths within the 
vessel will take different periods of time to pass through it. This 
behaviour means distribution of ages within the vessel and in this con­
text, the age of a fluid element is a measure of its residence time from 
the instant of entry. 'I' is a measure of the distribution of ages of 
fluid in the vessel such that Id0 is the fraction of the material in the 
vessel with ages between 0 and 0+d0. Since the sum of all the fractions
of the material in the vessel is unity, the sum of Id0 from t=0 to t=°°
is unity. Thus
Id0 = 1 (2.26)
o
This sum is also the total area under the 'I' versus e curve.
—16-
Fraction of v esse l contents 
younger than 9^/
Pig. 2.4: A typical internal age distribution
The fraction of the vessel’s contents younger than age 0^  is the shaded 
area of Fig. 2.4.
Ida
The fraction of the vessels contents older than 0^  is
Id = 1 - Ida
0
2.3.1.3 The External Age DistributionFunction, E
(2.27)
E is a ireasure of the distribution of ages of all fluid elements in 
the exit stream. Again the age is measured from the time the fluid 
elements enter the vessel. E is defined such that Ed0 is the fraction of 
material in the exit stream with ages between 0 and 0+d0.
Fraction of exit stream  
older than Or,
Fig. 2.5: A typical exit age distribution or distributionof residence times of fluid in vessel
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The area under the curve is
Ede = 1 (2.28)
The fraction of mterial in the exit stream younger than age 8^  is
.8,
EdG
o
and the fraction of material older than 8% is
Ede = 1 - EdG (2.39)
2.3.1.4 Experimental Methods
In order to measure the internal or exit age distribution function, 
the stimulus-response technique is employed. The stimulus can be a 
tracer input signal to the vessel, the response signal being the recording 
of tracer leaving the vessel. Any type of tracer input signal may be 
used - a random signal, a cyclic signal, a step or discontinuous signal, 
a pulse signal. Pig. 2.6 shows these signals and their typical responses,
2.3.1.5 The P-curve
A tracer signal of concentration is suddenly imposed on the stream 
entering the vessel. The curve of response signal measured as a fraction 
of against time as fraction of mean residence time is called the 
P-curve, (Pig. 2.7).
Tracer output signal 
or F curve
Fig. 2.7: lypical downstream signal, as a response 
to an upstream step input signal
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2.3.1.6 The C-Curve
The C-curve describes the concentration-time function in the exit 
stream of a vessel in response to a pulse tracer signal. Concentrations 
are measured in terms of C and time in reduced units. Therefore^  the 
area under the curve is unity, (Pig. 2.8).
Delta function or 
pulse tracer input 
signal
 ^ area= l
Tracer output signal 
or C curve
"^ .8:"' '"#ickL"doim8tjæ'am S i^ a ï'/ a rêëpbnyëTÔ'" "an upstream delta-f unction tracer input signal
2.3.1.7 Relationship between the F, C, I, and E curves in 
Closed Vessels
A closed vessel in this context is one in which material passes in
and out by bulk flow only. Thus diffusion or dispersion is absent at
the vessel entrance or exit. Consider steady state flow of fluid through 
a vessel and a step function of tracer introduced into the fluid entering 
the vessel. Suppose that the tracer is simply a second fluid introduced 
into the vessel at time t=0 in place of the original fluid.
Then at any time t or 0 > 0 a material balance for the vessel gives :
(rate of tracer input) = (rate of tracer output) + (rate of 
tracer accimiulation within the vessel)
or
■20-
(flow rate of second fluid into vessel) (flow rate of fluid
out of vessel) x (fraction of second fluid in the exit 
stream) + (volume of vessel) x (fraction of second
fluid in the vessel)
that is
fQV Id0c 0
(2.30)
V dtDividing by v and noting that —  = t and —7- = d0, we have 
1 = P + I (2.31)
Also at time 0,
(fraction of second fluid in exit stream) 
in exit stream younger than 0)
= (fraction of fluid
'•I • .•* ■
i.e,
. • t." p'-- 0■’'jEdO-
It can similarly be shown that for a pulse tracer input
(2.33)
Therefore
P = 1 - I =
o
and
d0
Ed0 :=
d0
Cd0 (2.34)
(2.35)
These relationships show how stimulus-response experiments, using 
either step or pulse inputs, can conveniently give the age distribution 
of both the vessel contents and the fluid at the vessel outlet.
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2.3-1.8 Mean and Variance of a Distribution
The first moment about the origin, or the mean or centroid of a 
distribution y = f(x) is defined as
u =
xf(x) dx
f(x) dx
(2.36)
If the continuous distribution function is measured only at a number of 
equidistant points, then
u = Z x^  f(x^ ) Ax Z f(x^ ) Ax
Z x^  f(x^ ) 
Z f(x^ ) (2.37)
The second moment about the mean or the variance, ■ Treasures the 
spread of the distribution about the mean and is equivalent to the square 
*bf‘’the'radiüs 'of'gyration"'of'the' distributionh ' * It 'is- defined for'a- 
continuous distribution as
J (x-u)2 f(x) dx 
.2 - 0  ___
f(x) dx
(2.38)
For ireasurements at a number of equidistant points we have
Z (x.-u)2 f(x.) Ax Z x| f(x.)^2 _ 1 1 _ 1 1 _ ,,2" I f(%i) Ax E f(x.) (2.39)
When applied to the C, E and I curves, the denominators of equations
(2.37) and (2.39) are unity.
E and I can be measured in time units. Designating them as E(t) 
and I(t), E(t)dt becomes the fraction of material in the exit stream
-22-
with age between t and t-t-dt. Hence, we have
E = t E(t) with E(t)dt = 1
I = ti(t)
t0 = t
with I(t)dt = 1
o
Vwith t = V. = tr E
(2.40)
t E(t) dt
o
From equations (2.36) and (2.37), the mean age of the exit stream is
(2.41)0 = 0E d0 = E0EA0
t = t E(t) dt = Et E(t) dt (2.42)
o
From equations (2.38) and (2.39), the dimensionless variance is
cx>
.(0rl)^  E, d0 E(8= E A0) T 1 . . . (2.43),.
and dimensional variance is
(t-t)2 E(t) dt = E t^  E(t) At-t^  (2.44)
2,3.2 Liquid Mixing
Fluid -flow on sieve trays is non-ideal as a consequence of liquid/ 
vapour interaction. The interaction results in mixing of the liquid in 
the longitudinal as well as lateral directions depending on the degree of 
the interaction. Representation of the mode of flow becomes extremely 
difficult. Ihe emergence of the idea of models to characterise non­
ideal flow in vessels has mitigated this problem to some extent.
Many, flow models have been developed:
-2 3 -
Dispersion Models - these are analogies between mixing in actual 
flow and diffusional processes.
Mixed Models - various flow regions connected in series or 
parallel are visualized.
Other Models - some models have been suggested to account for 
the deviation of real systems, (tubular vessels, packed 
beds) from ideal flow and others the deviation of real 
stirred tanks from the ideal of backmix flow.
Models vary in complexity. Levenspiel (1962) has treated 
elaborately two classes of models:
(i) Single parameter models or dispersion models which 
adequately represent flow in packed-bed or tubular 
reactors ;
(ii) Mixed models which are used for reactors of all other
2.3.2.1 . The Dispersion Model
Mixing processes involve redistribution of material by slippage or 
eddies. Levenspiel (1962) considers that if this occurs many times in 
a vessel, it can be considered statistical and equations for other 
statistical phenomena (e.g. conductive heat transfer, and molecular 
diffusion) can be applied. Hence, if the Pick’s law of diffusion
3c _ Ô^ c= D ^  (2.45)9x=9t
is to represent baclcmixing of fluid flowing in the x-direction, the 
parameter D will represent the axial dispersion coefficient.
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2.3•2.2 Pitting the Dispersion Model to the Real Reactor
For a pulse or step tracer input into fluid in a dispersed flow, 
equation (2.45) gives a family of C or P curves with the intensity of 
dispersion as the paraiæter. However, the dimensionless group, 
which is called the vessel dispersion number, more correctly characterises 
the role played by dispersion. It varies from zero for plug flow to 
infinity for backmix flow and is the reciprocal of the axial Peclet 
number for.mass transfer
I.e. D (2.46)
Levenspiel (1962) has plotted theoretical curves to illustrate the 
change of C or P with 0 with as parameter. To characterise flow in 
a real vessel, the curve that best fits the experimental C or F curve 
is selected from the family of theoretical curves. The behaviour of 
the vessel can then be predicted from the ^  of the fitted curve, and 
''thé vàîdahcë ôbtàihéd'''é^ efiiiiènfcâllÿ3'but’* substituting them-’in the'"’" - " ' 
equation for the type of vessel used, '
The equation suggested for closed vessels is
D ^UZ “ 2|uZD = (1 - e-uZ/D) (2.47)
6 = 1c
and for open vessels is
- buZ
0 = 1  + 2 c
D
(2.48)
For open-closed vessels the equation becomes
■25"
,2 uZ,
(2,49)
0 = 1 + D_uZ
viiere Z is the distance between the point of tracer input signal and 
point of tracer output signal.
For small deviation from plug flow frequently encountered in real 
reactors, the C curves for all vessel and conditions, approach each 
other, being well approximated by the normal error, or Gaussian distri­
bution, viz.
1
o 2/tt(D/uZ) exp, 1 -
(l“0li_?(D7uZ) (2.50)
for which the mean and variance are
■■ ... 0
a" = 2 D_uZ
(2.51)
2.3.2.3 Extent of Relative Liquid Mixing
Pe and D are extent of liquid mixing coefficients, thus for total 
mixing
and Pg = 0
for no mixing, or plug flow
D = 0 , and Pg =  CO
For a reactor which cannot be classed as open, closed or open-closed, 
there are at present no satisfactory equations connecting and ^  and
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therefore D or Pg cannot be obtained by direct calculation. One has to 
resort to fitting an experiiæntal C curve to the nearest theoretical C 
curve and interpolating if necessary. In this way a value for D/uZ 
corresponding to the approximate theoretical C curve is obtained. Thus 
Pg is Iciown for the experimental u and Z values, hence D can then be 
calculated using equation (2.46).
On the other hand, the approximate relation
= 2ïïZ (2.52)
deduced in section 2.3.2.2, can be used. Thus D and P© can be calculated 
from equations (2.46) and (2.52) and experimental values of .
Levenspiel (1962) claims that the error in using the approximate relation 
for all vessels is less than 5D/uZ when D/uZ < 0,01.
2.4 GAS ABSORPTION INTO AGITATED LIQUIDS
For absorption into an agitated liquid, dissolved gas is transported 
from the liquid surface into the interior by molecular and convective 
motion. The situation in an agitated system is very complicated, the 
concentration of the various species are not constant or uniform, with 
respect to time and distance. Diffusion, convection and reaction pro­
ceed simultaneously and the nature of the convective movements of gas 
and liquid are ill-defined. In order to predict the behaviour of such 
systems, simplified models which simulate the situation sufficiently are 
used.
•27
2.4.1 Absorption Models
2.4.1.1 Ttie Film Model
The film model was proposed by IVhitman (1923) from Nernst’s (1904) 
idea of a ’diffusion layer’ and the simplified models of heat transfer 
from solid surfaces to moving fluids.
It considers a stagnant film of thickness, 6, at the surface of the 
liquid next to the gas, with the remaining liquid kept uniform by 
agitation. Ihe concentration in the film falls from C* at its surface 
to C° at its inner edge. It is assumed that there is no convection in 
the film but that dissolved gas crosses it by molecular diffusion alone. 
Thus the average rate of transfer of gas per unit interfacial area is
R = - C°)/S (2.53)
k, =. D./6 (2.54)
where
= diffus ivity of gas A 
= concentration of gas A 
k.p = physical mass transfer coefficient
The hydrodynamic properties of the system are accounted for by 6 
which depends on the system geometry, liquid agitation and physical 
properties.
The discontinuity near the surface and the uniform thickness 6, of 
the surface purported by the model are not likely to exist in a real 
system. Therefore, the model is not very realistic.
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2.4.1.2 Surface Renewal Models
These models assume the replacement at intervals of elements of 
liquid at the surface by liquid from the interior which has the local 
mean bulk composition of the liquid. Miile at the surface, each liquid 
element absorbs gas as though it were quiescent and infinitely deep.
Tlie rate of gas absorption is a function of the time of exposui^ e of each 
element, it is rapid initially and decreases with time.
1. Higbie Model
Higbie (1935) assumes that every element of the surface is exposed 
to the gas for the same length of time, t, before being replaced by 
liquid of the bulk compositions. Within that period, the element absorbs 
the same amount, QÎ of gas per unit area as though it were stagnant and 
infinitely deep. Thus
(2.55) ": • '
Q'R = g = 2(0 C°)
D,
[lïtj (2.56)
k RL = 2
D
Trt (2.57)
The Higbie model is unrealistic inasmuch as it assumes the same exposure 
time for all the elements of surface.
2. Danckwart’s Model
Hoe Danckwarts (1951) model supposes that the chance of an element 
of surface being replaced with fresh liquid is independent of the length 
of time for which it has been exposed. As a consequence, there is 
distribution of surface ages. The fraction of the surface which has
-29“
—«"hbeen exposed to the gas for times between t and t+dt is se dt. 
s is the fraction of surface area which is replaced with fresh liquid 
in unit tine, if R is the instantaneous rate of absorption per unit area 
of surface which has been exposed for time t and R is the value of R 
averaged over all elements of the surface having ages between zero and 
infinity, then
R se dt (2.58a)
For physical absorption
R = (C* - cp /(D^ /irt)
Therefore
R = (C* - c“) . s .
From (2.58c)
R = (C* - C^ ) A Ç s
Hence
kj. =
' N I fCO . dt
/t
(2.58b)
(2.58c)
(2.59)
(2.60)
Here, s accounts for the system hydrodynamic properties.
2.4.1.3 Other Models
King (1966) has considered the possibility that transport is the 
confined result of molecular diffusivity aid of an eddy diffusivity 
which is proportional to some power, n, of the distance from the surface. 
The model is known as 'still surface' model. It gives ai expression for 
kj which contains two parameters relating to the hydrocbniamic conditions.J-J
Another type of still surface model is the 'surface-rej uvgnation'
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model. This type has been discussed by Andrew (1961) and Danckwerts
(1955). It is a complicated model and it will require at least two
parameters to describe the hydrodynamic features of transfer.
Dobbins (1956) and Toor and Marchello (1958) have proposed a 'fihm 
renewal' model in which a stagnant film of definite thiclmess exists at 
the surface but replaced piecewise from time-to-time by liquid having the 
bulk composition.
In these models, kj^ is determined by at least two parameters 
characteristic of the system hydrodynamics. For this reason mainly, it 
is more difficult to apply any of the models of a real system than the 
film model or the surface renewal models,
2.4.2 Gas Absorption icLth Cheitiical Reaction
A model of the gas absorption process can serve two purposes, viz.
-V,- ■*  ..................................................................... ■ ■ ** * ••(1) it can provide the basis for predicting the rates of 
physical gas absorption in various situations from 
first principles,
(2) it may be used to predict the effect of chemical 
reaction on the rate of absorption.
Ihe latter advantage is considered below using film, Higbie and 
Danckwerts' models. These models have been highly developed in this 
respect.
Hie various theories of mass transfer which have been proposed to 
fit experimiental data are based on Fick's Laws for diffusion processes. 
The basic equation is
D + r(x,t) (2.61)
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where r(x,t) is the rate (moles per unit volume of liquid) at which the 
reaction is destroying the solute gas at time t and distance x below the 
surface. This rate in general depends on the local concentration of the 
gas and of any other solute with which it reacts. Analytical or 
numerical solutions of the diffusion equations are available for several 
cases “ Sherwood and Pigford (1952), Astarita (1962), and Danckwarts 
(1950). It is assumed that the physico-chemical properties (solubility, 
diffusivity and reaction rate constants) remain uniform or constant.
Equation (2.6l) has to be solved subject to the boundary conditions 
which specify the circumstances in which the diffusion process is 
occurring. These boundary conditions depend upon whether the reaction 
between phases is of the first order, pseudo-first order, or second 
order, and upon the pliysical and hydrodynamic conditions.
2.4.2.1 First Order Irreversible Reaction
' ' ' " " a" ï'irst-brà.er irreversible" reaction of tHe' dissolved gas 'can be used"'
to demonstrate how the effect of a chemical reaction can be calculated on 
the basis of the three models. The local rate of reaction per unit 
volume is
r = k^ c (2.62)
where k^  is the first order reaction rate constant and c the local 
concentration of dissolved gas.
Film Model
In general, for a species which is being destroyed by reaction at a 
local rate, r
9^ c 9ci>A  ^ #  + r(x,t) (2.63)9x^2 9t
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Fig. 2 .9  F irst-order reaction, film  model:
some unreacted gas diffuses into bulk.
A
C
Fig. 2.10 F irst-order reaction, film  model: 
all dissolved gas reacts in film .
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But for film model, c  ^f(t). The equation for the film model thus 
becomes
and
Thus
where
d^ o c = C*^  X = 0
0 = X = 6
(2.64)
c = sinh
IkTC sinh X fg- + C* sinh DAk. - X '5D,
(2.65)
M = D^.k/k^
Hatta (1932) obtained the following expression for R:
c; i': '
Jx=0 cosh /M
• ■ijjL-:-'- (2.gg)
tanh /M
R is not proportional to (C* - C°) as in physical absorption and 
therefore a transfer coefficient R/(C*-C°) cannot be defined.
When v4yi »1 and cP is tending to zero
and
R = C* /D^ .k^
E = /(D^ .kj)/k^  = Æ
(2.67)
E is the factor by which the chemical, reaction increases the rate of 
absorption coiipared to physical absorption (C° = 0 in both cases).
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Higbie Model
On integrating equation
D d c
^ dt^ (2.68)
for the case C = 0^  Danckwerts obtained an expression for c/C* from 
vhich Q* and hence R were deduced
k^ t
(k t + I) erf/(k t) + — - - k.t1 1 TT e 1
(2.59)
Star Higbie model
= 2/(D^/7Tt)
4DA 4M
ïïk ïïk. (2.70)L
« .and-hence
R = k^ C* 4/M
4M + 1 erf M
Since erf (») = 1, when /M »  1
R = k.C* /VI = C*/(D„.kj) (2.72)
and E = /VI as in the case of the film model when » 1.
Danckwerts' Model
The average rate of absorption per mit area of surface is given by
R = 8 Re dt (2.73)
and
R = - DA 9x x=0
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In order to obtain an expression for R, the general equation
D, 9x^
9c
9t + kjC (2.74)
has to be solved with the boundary conditions :
c = 0, X > 0, t = 0
c =0*, X = 0, t > 0
c =0, X = 0 0, t > 0
C° = 0
Danckwerts (1970) obtained a solution for c as
xKc = C*exp D /(I +A (2.75)
where c is the Laplace transform of c, From this equation and the fact 
that s = the following was arrived at
" \ p =" •k^ C*”/0 ''T~M)'*•'■ "  ................. .* (2-,76)'
Again, if M >> 1
and
R = k^C*/M
E = /M
The film and Hi^ie models predict the same value for R while the 
Danckwerts' model predicts a value slightly different. However, they 
predict the sane value for E, the enhancement factor.
When is not zero, by the Danckwerts model,
) A l  + M) (2.77)
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c2 -
A
c*
0c
0 hg
X
Fig. 2,11 F irst-order reaction, surface renewal 
model.
X
Fig, 2.12 Concentration profiles for instantaneous 
reaction, film  model.
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In all the e^ cpnessions, M is a measure of the amount of dissolved 
gas which reacts in the diffusion film near the surface conpai'^ d to that 
which reaches the bulk liquid in the unreacted state.
2.4.2.2 Instantaneous Irreversible Reaction
film Model
One mole of the dissolved gas undergoes an instantaneous irreversible 
reaction with z moles of some reactant B in solution to produce y moles of 
preduct P:
A + zB yP (2.78)
The solute gas, A, and reactant, B, diffuse to the reaction plane at a 
distance 6  ^below the surface (see Pig. 2,12). B must reach the plane z 
times as fast as A, i.e.
zD * ■ • D^ B- • • *• • •
(2.79)
where
,o .B is the concentration of the reactant in the buHc 
Dg is the diffusivity of B 
Similarly P must diffuse away from the plane y times as fast as A, i.e,
yD^ C* DpP* (2.80)
Piem these conditions
R = Da -C* Da -C*6‘
= k^ c*
1 + zDa-C*
1 + zDa-C* (2.81)
=
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where is the ’enhancerrent factor', it represents the extent to 
which an instantaneous irreversible reaction increases the rate of 
absorption.
When zD^ yC* «  D^B (i.e. when C* «  B )
R % k.
o
L zD (2.82)A
hence the rate of absorption is independent of C* and hence of the 
partial pressure of solute gas at the interface and controlled solely 
by the rate c%t which B can diffuse to the surface.
DanckvfOrts and Higbie Models
Pbr both models
erf(B//DA)
'• “ '■V. *
E. =
(2.83)
(2.84)
is defined by
6VnB erfc(g//Dg) B"zC* ^ BDA
A erf(3//D^ ) (2.85)
Wien = Dg, has the sajne form for the film and the surface 
renewal models with = Dg.
2.4.2.3 Second Order Irreversible Reaction
RLlm Model
When dissolved gas A undergoes a second order irreversible reaction 
with a dissolved reactant B, the reaction can be represented as
-39
k,
C + zB yP 
and the reaction rate equations are: 
d^ cDA dx^ - kocb = 0
(2 . 86)
(2.87)
Dr d^ bdx^ - zkacb = 0
with the boundary conditions
(2.88)
c = c* > X = o
c = c° 9 X = Ô
b 5 X = Ô
dbdx = 0 9 X = 0
(2.89)
C *
A
Fig. 2.13: Concentration profiles for second-orderreaction, film model
An analytical solution of this set of equations is not available 
but van Krevelen and Hoftijzer (1948) have conputed an approximate set 
of solutions for the case C° = 0 aid shorn that they can be fitted 
mthin about 10% by the equation:
—40-
R M
tan h
- E'
E.1 E'M Ei-l
(2.90)
where
M = k/ 1 + E =
Rk^ -C*
Pig. 2.14 shows the variation of E with Æ  and E^ . It has been 
deduced that for an instantaneous reaction.
R = krC* E.JLi 1 (2.91)
I.e.
(2.92)
■Prom-Pig. '2.l4y for -E-to-be equal--to-E^ ,* the- condition to'he- satisfied
is
or
Æ  > 10 E.
1 + zD^.C*
(2.93)
I.e.
1. The reaction rate constait is high, or
2. the concentration of reactant is much less than the
solubility of the gas, or
3. the physical mass transfer coefficient is low.
When this condition is satisfied, equation (2.92) can be used with
little error to predict the rate of absorption.
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Fig, 2.14 Enhancement factors for second-order reaction., for 
quiescent or agitated liquid (film or Higbie models). 
(Danclcwerts, 1970, p. 117)
If
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V o
zD^ .C*
(2.94)
the point representing the enhancement factor falls very close to the
limiting diagonal. Under such circumstances, the reaction is pseudo 
first order and E is the enhancement factor for first order reaction.
The reaction is so slow, or the physical mass transfer coefficient so
lar^ that the concentration of reactant is maintained virtually
undepleted with its bulk concentration holding right up to the
surface.
If in addition
I.e.. > 3 kj.
(2.95)
then to a close approximation.
I.e. R = C* (2.96)
This corresponds to absorption with ’Fast pseudo-first order reaction’. 
Higbie Model
The average absorption rate for a constant time t is given in 
terms of enlianceraent factor
E = Q I -n- 2C^ sl\-^ (2.97)
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and
R = k^C*E (2.98)
The computed values of E for the Higbie and film models are almost equal 
for given values of M and E^ .
Danckvferts Model
Second-order reactions (or other reactions leading to non-linear
differential equations) are not conveniently dealt with by means of the
Danclcwerts model. However, it can sometimes be used to find the
criteria for limiting types of behaviour.
For example, if second-order irreversible reaction betifeen A and 
B is to be regarded as pseudo-first order, equation
with
A . at. . . . .
(2.99)
X > 0 , t r 0
X = 00 ^ t > 0
0 , X = 0 , t > 0• 9x
(Dg assuiTBd equal to D^ )
must be solved for b and the condition under which the maximum deviation 
of b from B° is negligible deduced. According to DanckiA^ erts (1970) the 
condition is
V
“ 1 «  B°/%C* (2.100)
with the local rate of pseudo first order reaction of A as:
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kgB^c = kic (2.101)
The condition for pseudo first order reaction according to the film 
model is
/[D..kJ ^o
- k ^  «  1 + ^  (2.102)
The tvro conditions are equivalent if /(D^ "^ '^)/k^  is substantially greater 
than unity.
2,4.2.4 Clioice of Model
The moie inport ant models for physical absorption have been 
discussed. They all make possible an interpretative analysis of 
absorption apparatus performance even though they may not be strictly 
true. Support for the models is given by consideration of physical 
absorption and absorption with reaction. ' • . . .
It will be apparent from the equations given previously that for 
film model
kf a
and for penetration models.
If it were possible to test these proportionalities then some indication 
of the validity of the models would be obtained. The limited ran^ of 
values of diffusivity for typical solute gases means that experimental 
error of practical determinations are likely to be of the order of 
magnitude of the diffusivity value differences.
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Soire evidence in support of proportiona]i.ty is available based 
on the work of Vivian and King (1964), Kozinsky and King (1966) and 
Tavares da Silva and DancWerts (1968). Tiese experirrents were carried 
out in packed columns and stirred vessels using reacting systems,
Richards et al (1964) however, from woiic on packed towers, found it 
inpossible to distinguish between the modela. So close in value are the 
predictions of k^ values by the film and penetration models that it is 
difficult to justify the choice of models other than by its physical 
credit ability.
For the case of absorption with reaction using the parameter, v#, 
(which defines the ratio of k^B^D^ and k^), Barrett (1966) has calculated 
the values of the deviations from Higbie model (Fig, 2.15). It can be 
seen that for /R > 5 or /W < 0.2, the deviations are small. Considering 
the limitations of experimental accuracy no positive statements of 
preference are really acceptable.
2.4.3 Application of Film Theory to Column Ifesign
Hie theory of column design is well documented. Particular 
reference can be made to Sherwood and Pigford (1952). The basic 
assunptions are:
1, that the rate of mass transfer of a conponent within a phase 
is proportional to the difference in concentration or partial 
pressure of a conponent in the bulk of the phase and of the 
interface;
2, instantaneous equilibrium is established between phases at 
the interface;
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3. that the holdup of the transferring component in the boundary 
layer or region near the phase boundary is negligible with 
respect to the annunt transferred in the process.
2.4.3.1 Mass Transfer Equation
From kinetic theory of gases and assunption of equimolar counter 
diffusion of reactants through vapour-liquid interface^  the relationships 
between rate of diffusion and driving force are:
(^ i " (2.103)u
and
“a = C2-104)
Wiere
■= rate of diffusion in mo les Air. ft ^ 
- gas diffusivity ft^ /hr.
R = gas constant ^ 0.730 (atmo) (ft)/(lb.mole) (°R)
T = absolute temperature ^ °R
Zg “ gas film thickness, ft
= liquid diffusivity, ft^ /hr
Z^  = liquid film thickness, ft
p^ = partial pressure at interface, atmo
Pq = partial pressure in gas bulk, atmo
= concentration in the liquid bulk, lb.moles/ft^
= concentration at the interface, lb.moles/ft^
DG represents the resistaices to diffusion throu^ i the vapour
48'
bulk and vapour film to interface, and ™  represents those for the
Lliquid bulk and liquid film. Mass transfer coefficients k^ , k^ can 
be defined such that 
Dp (2.105)
and
= ÿ (2-106)
Combining (2.103) with (2.105) and (2.104) with (2.106) we have
" ^G ^^ i “ Dg) (2.107)
= k^ (C^  - C^ ) (2.108)
where
k^ = gas side film ass transfer coefficient 
... lb. moles /hr. fti atmo .
kj^ = liquid side film mass transfer coefficient, ft/lir
Equations (2.107) and (2.108) contain interfacial parameters, p^  
and whi-ch are difficult to measure. Ihis difficulty is eliminated by 
defining overall mass transfer coefficients, Kq  ^and Ihus
«A = Kgg (pg - Pq) (2.109)
\  (i - Cp (2.110)
where
p* is that partial pressure of the diffusing coinponent which G
would exist in the bulk vapour phase if the vapour were in 
equilibrium with the bullc liquid phase
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C£ is that concentration that would exist in the liquid phase 
if the bulk liquid were in equilibrium with the bullc vapour 
phase.
2.4.3.2 Equations for a Column
The interfacial area over which mass transfer takes place is 
difficult to measure and express as a planar cross-sectional area, A. 
Ihe difficulty is overcome by defining an area 'a' such that
Al = aApZ^  (2.111a)
or incrementally
dA^ = a.A^ .dZ^  (2.111)
where
A^ = . total interfacial area, ft^
a = interfacial area/unit volume of frothy liquid on
the tray, ft ^
Ap = cross-sectional area of contact volume, ft^
z' = height of contact volune, ft
Combining equation (2.111) with equations (2.107), (2.108), (2.109) 
and (2.110) noting that
N = X A^ (2.112)
we have
dN = kg.a. (yp - y).p./ydZ^  (2.113)
dN = k^ .a. (x ” Xp) .Gp^.Ajj-dZ^ (2.114) '
dN = KpQ.a. (y* - y).p.A^ dZ^  (2.115)
dN = ^ ^ O L ' “ > ! ; * ) . ( 2 . 1 1 6 )
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Since the inter facial area 'a' cannot be measured easily, it is 
usually combined with k^ , k^ , and to give new coefficients 
ICqU, kj^a,
2.4.3.3 Transfer Units
y +  dy X +  dx
A
Z' +dZ’
Z'
X
Pig. 2.16; Countercurrent contact between liquid 
and vapour in a differential eleirent
In correlating mass transfer data, it has been found convenient 
to group several of the variables in equations (2.113) to (2,116) 
together to form a single new quantity. Consider a differential element 
of contact v o Iuiib in a counter-current vapour-liquid contacting device 
as represented above. With phase rates and constant and expressed 
as lb. mo les/hr. ft ^ of cross-sectional area, the material balance for any 
given component is
dN = GjyjAÿ3y = ^Apdx (2.117)
Combining equation (2,117) with each of (2.113) to (2,116) and 
integrating between = 0 and Z^  = Z^ , we have
k^ a.p.Z^
GM 1
(2.118)
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kT-a.Cr . Z‘ = (2.119)
KoQa.p
aM
1 --■^ ■ - N y* -  y -  ^OG (2.120)
4v[
rl _ dx
X -  X * = NOL (2.121)
Tnese equations define the number of transfer units. A transfer unit 
is accomplished idien the change in a stream concentration equals the 
mean driving force over the interval in which the change in concentration 
occurs. Ihis concept was introduced by Chilton and Colburn (1935) for 
use in mass transfer operations where the concept of the equilibrium 
stage is inconvenient.
2.4.3.4 Additivity of Resistance
The mass transfer equations (2.118),(2.119), (2.120) and (2.121) 
are of the general fom
pate = potential or driving force resistance
Therefore k^ , resistivity factors and the corresponding
resistances are /^k^ , Vk^, and ^ V k ^  and /^k^  are two
resistances in series, and they must be added to give the total resistance 
to transfer from one bulk phase to the other.
It is assumed that the binary equilibrium curve at the concentrations 
being considered can be adequately represented by a strai^t line. Then
r* = mx + b (2.122)
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where x is the actual bullc liquid phase concentration for the given 
component.
If it is assumed that the interface offers no resistance to mass 
transfer, is in equilibrium with Xp and
Yp = mxp + b (2.123)
m represents the slope of the equilibrium curve at x and x^
i is the conponent being considered
b is the intercept which the assumed straight line makes with
the y axis
Subtracting (2.123) from (2.122) we have
y* - Yp = m(x - Xp) (2.124)
adding (y^  - y) to each side, we have
ÿ* " Yp + Yp -  y = Y* -  Y = m(x -  x^ ) + (y  ^ -  y) (2.125)
Substitutions from equations (2.120), (2.119) and (2.118), give 
-, mp/Cr -,
Similarly
and
(x - X p )  + (xp - X * )  = (x -  X * )  = (x -  X p )  + (yp “ y)
1 + zzrAr (2.127)
By combining (2.126) and (2.127), we have
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mp/C^ (2.128)
Since the resistances are related to the number of transfer units by 
equations (2.118) to (2.121) and (2.126) to (2.128)
N,G
G,m M (2.129)
and
N,OL
NOG
K
%mGM . N,OL
(2.130)
(2.131)
2.5 TRAY EFFICIENCIES
2.5.1 Types of Distillation Efficiencies
2.5.1.1 Overall Efficiency
In order to achieve a desired separation in a distillation operation, 
it has been found that the number of separation stages required is more 
than that predicted by theory. Hie ratio of theoretical stages, n, to 
practical stages, n^ , is the overall column efficiency, E^ .
I.e.
E n (2.132)
E^ can only be unity for the particular case of a column wtiose stages 
are all ideal. By definition, an ideal stage produces an exit vapour 
stream which is in thermodynamic equilibrium with the liquid stream.
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For a real column staga to approach the perfonnaice of a hypothetical 
equilibrium stage, the following conditions must be satisfied, vis.:
1. The liquid composition across the tray must remain constant 
and be equal to the exit composition (i.e. a perfectly mixed 
tray);
2. the vapour entering the tray from below must be of uniform 
composition;
3. enougl'i contact time between liquid and vapour must be 
available and resistance to mass and heat transfer sufficiently 
small such that the exit vapour can attain a temperature and 
composition in equilibrium with the liquid on the tray.
Tliese conditions are difficult to achieve in practice and therefore 
equilibrium is partially attained. The approach to equilibrium has 
been defined by Murphree (1925).
2.5.1.2 Murphree Efficiencies
Since the liquid to vapour proportion and the physical properties 
of the mixtures on the tray vary up the column, Murphree suggested that 
it would be better to look at each tray in order to appreciate the 
situation in the column. He defined Murphree vapour plate efficiency,
and Murphree liquid plate efficiency, E^, as follows:
2^.133)"^e n-1
where
^n = exit vapour composition 
^n-1 = inlet v^our composition
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= the exit vapour composition that would exist if the exit 
vapour were in equilibrium with the exit liquids of 
actual composition x.
^  (2.13^ ) n+l -e
wliere
= inlet liquid composition 
x^  = exit liquid composition
x^  = the liquid coiposition that would exist if the liquid were
in equilibrium with the actual exit vapour composition y.
The Mjrphree tray efficiencies can represent physical reality only in 
the special case of completely mixed liquids where there is only one 
value for y^ and for x^ .^
2.5.1.3 "Point Efficiency • • • - ‘ • •
When the liquid on the tray is not completely mixed, then the 
liquid composition is not the samB across the tray and therefore 
equations (2.133) and (2.134) can only apply at a point. Thus they 
reduce to:
y - V iy (2.135)
Vl ” ^^OL = f — (2.136)n-M
where
y and x are vapour and liquid compositions at a point respectively, 
y* is the vapour composition in equilibrium with x, and
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X* the liquid composition in equilibrium with y.
2.5.2 Factors affecting Tray Efficiency
The principal factors that affect tray efficiency are:
1. mass transfer resistances in the liquid and vapour phases;
2. vapour-liquid contact;
3. entrainment of liquid by the vapour;
4. entrainment of vapour by the liquid.
These factors again depend on:
1. the physical properties of the vapour-liquid system;
2. the design of the tray;
3. the hydrodynamics of the vapour and liqmid flows.
The effect of mass transfer resistances is discussed in a later
section.
2.5.2,1 Vapour -liquid Contact
In order to have a plate operating at 100% efficiency or an ideal
stage, the plate must be designed such that sufficient interfacial
area and contact time exist between the liquid and vapour phases to
achieve thermodynamic equilibrium. The design and operating factors
involved in the mechanism of formation of interfacial area and provision 
of contact time betifeen the phases are :
1. liquid depth;
2. length of liquid path;
3. liquid distribution across the tray;
4. vapour rate ;
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5. size of vapour bubbles;
6. vapour distribution to the liquid phase.
In addition to these, system properties sucli as vapour and liquid 
densities, vapour and liquid.viscosities, liquid surface tension, 
diffusivity and relative volatility affect contact between the phases.
Hiese factors have interrelated effects on efficiency and it is 
therefore difficult to evaluate their effects individually. Consequently, 
up to now, experimental studies have only succeeded in producing 
qualitative information and relatively little quantitative information 
on the problem of vapour-liquid contact,
2.5.2.2 ' EntraiiliTBnt of liquid by Vapour
Tne rising vapour from the lower tray carries liquid of lower 
composition into the liquid on the upper tray, thus diluting it. When 
entrainment is relatively large, more stages would be needed to achieve 
a desired separation than would be necessary for an equilibrium 
situation.
Some studies of entrainment in distillation columns as functions 
of operating, design and system variables have been made. Pair (1963) 
has presented an entrainment correlation using a flow paraimeter
%
Pl
0.5
and a capacity parameter
'0.5
b^ PvPl ~ Pv
developed by Brown and Souders (1934). (Greater detail will be given 
later in the thesis.)
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2.5.2.3 Entrainmsnt of Vapour by Liquid
Vapour can be trapped in the liquid flowing over the weir into the 
downcomer as foam and consequently get to the lower tray. If it is 
sufficiently stable, it can then be carried by vapour to the upper tray. 
This phenomenon known as priming results in dilution of the less volatile 
component on the tray since the vapour contains the more volatile 
conponent, thus reducing the effectiveness of the separation. Entrainment 
is increased by increase in vapour load, liquid load, viscosity of liquid, 
weir height, liquid flow path, decrease in vapour-liquid density difference 
surface tension of liquid and distance between last row of holes and 
overflow weir.
The problem can be nD.nimised by providing sufficient separation 
between the last row of holes and weir for bubble collapse, providing 
sufficient volume in the downcomer to allow time for vapour disengagement 
and escape and using foam or splash baffles to prevent splashing of foam 
into the downcomer.
2.5.3 Prediction of Efficiency
In order to design a distillation column for a desired separation, 
it is necessary to have an idea of what efficiency to expect from the 
column when constructed and operating to be able to specify the actual 
number of separation stages. Some empirical correlations of efficiency 
are available in literature for a few systems. By comparing the system 
intended for the column mth a similar system reported in literature, an 
efficiency value can be selected for the column, or plate. The whole 
design is then done on the basis of the selected efficiency and later 
justified by the performance of the column. In most cases, the selected 
efficiency is not necessarily higlnly corroborated by the results of tests
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on the designed column.
Drickamor and Bradford (19^ 3)^  and O’Connell (1946) have reported 
correlations on tray efficiencies, and Chu (1951) column efficiencies.
The A.I.Gh.E. Tray Efficiency Research team has developed correlations 
of tray efficiency with:
1. rate of mass transfer in the v^our phase;
2. rate of mass transfer in the liquid phase;
3. degree of liquid mixing on the tray;
4. amount of liquid entrainment between trays.
In the present work, the tray efficiencies of an air/water system will 
be investigated, therefore the A.I.Gh.E. correlations are more relevant
to tliis work than those of Drickamor and Bradford and O’Connell for scope
and generality. Those aspects of the A.I.Gh.E. correlations which are 
of particular relevance to the present work are reviewed below.
2.5.3.1 A.I.Gh.E. Correlations
Hie tray model suggested by West et al (1952) has been used by the 
A.I.Gh.E. researchers to relate tray efficiencies with number of transfer 
units and component concentrations in the vapour and liquid phases. The 
model assumes constant vapour composition along any horizontal plane in 
the froth (Fig. 2,17).
1. . Relation between E^^ and
By integi’ating equation (2.12j) from point Z’ = 0 and x = x across 
the tray along a horizontal plane to the inlet downcomer where Z’ = Z^  
and X = x^ ^^ , we have
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Yn+l
Fig. 2.17: Tray Model in Liquid Tdrms
" ^QL “
Xh+1
X - X'
Inverting the logarithmic term and noting that
(2.137)
1 - E'OL X - X*.^ n+l”* ’
we have
1 - E OL exp(-NQj^ ) = exp OL Uj £ (2.138)
2. Relation between E ^  and
For a perfectly mixed liquid.
EOL n^+1 n^ %n+l - (2.139)
aid
E'ML ^n+1 " n^ n^+1 *n (2.140)
“6l*-
where
X* is the liquid composition wliich would be in equilibrium with 
the vapour composition y at some point within the pool whereas 
x* would be in equilibrium with the total vapour composition y  ^
which is equivalent to y only at the froth surface in the liquid 
model.
Iherefore, and are not in general equal in this case. From a 
material balance around the entire tray, we have:
where = bubbling area.
On rearranging we have
n n
% L  n^+1 n^
By noting that
r ~ ^n+1 ^n
“ML - X*
equation (2.142) can be reduced to 
. N
or
(2.142)
% L  ” 1 + N (2.143)
^OL “ 1 - E|^  ^ (2.144)
For no gas-phase resistance, equation (2.144) reduces to
—  6 2 —
N. h1-E, (2.145)
For the case of plug flow, no vertical concentration gradient is 
assumed and is substituted for E^^ in equation (2.138).
l - E ^  = expC-NgP
therefore
E.'iVL
exp(NQj^ ) - 1 
oxp(Nqj^ ) (2.146)
2.5.3.2 Other Correlations
Ihe case of partial mixing on the tray has been considered by 
Foss (1957) j Foss et al (1958), and Thomas and Campbell (1967) and the 
following equation based on dimensionless time has been presented;
(~XE^ 0^)
•f(0)d0
------- — - (2.147)
1 - o
1 - X"' [1 - •f(0).de
where
mGm
1
Eqq = vapour phase overall efficiency
For a liquid phase controlled system such as carbon dioxide-air-water 
system, A »  1, therefore equation (2.147) reduces to
,oo
f(e)d6 (2.148)
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The relationship between E and E_^  is:ULr UJLi
■=0 = i-TTÎT-Tw
When the gas-phase resistance is absent, = N^ , and Eq^ = E^ ,^ since 
all the resistance to mass transfer is in the liquid phase, X and 
equation (2.149) therefore becomes:
El
^oG = JUrrET) (2-150)
where E^ = point efficiency for all liquid phase resistance. When 
modified for all the resistances in the liquid phase, equation (2.143) 
becomes :
h  = n n ç  (2.151)
If equations (2.150) and (2.151) are combined, we have
XEgg = (2.152)
On substituting for XE^  ^from equation (2,152) in equation (2.148) we
have
= 1 - “Ny 0/  f(6).de (2-153)
Foss (1957) suggested a numerical method for the evaluation of the 
residence time distribution function f(0) and Foss et al (1958) proposed 
a function of the form:
f(0) = ae‘’e°® (2.154)
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For this form of f(0) to be a normalised distribution function, it must 
satisfy three conditions, :
1. Hie area under the curve of f(6) versus 0 must be unity.
I.e. f(0)d0 = 1 (2.155)
2. The mean residence time too must be unity, 
6f(0)d0 = 1 (2.156)
3» Hie definition of the variance of the distribution must be
(1 - 0)^  f(0)d0 = (2.157)
Hiomas and Canpbell employed gamma functions, and worked out the form 
of f(0) to be
1 -
-0/a^
f(0) = 0 .e (2.158)
By substituting this expression for f(0) in equation (2,153) and 
simplifying, they obtained
■l/o‘ (2.159)
2.5.3.3 Correction for Entrainment
Hie following equation for vapour Murphree efficiency corrected 
for entrainment was formulated by Colburn (1934):
“*65“
1 + ®’Ejyjy/r^-a " TT%7Îr"/r (2.160)
where
= Murphree tray efficiency corrected for entrainnent 
e’ = entrainment, moles/(hr) (ft^ )
Hie relationship between vapour and liquid Murphree tray 
efficiencies has been presented by Pair (1963) as:
E. - ^
and (2.161)
X - 
■
If m, and E ^  are measured, equations (2.I60) and (2.I6I) can be 
combine( 
later,)
ined and E calculated. (This will be discussed in further detail
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CHAPTER THREE 
LITERATURE SURVEY
3.1 HYDRODYNAMICS
3.1*1. Dry Plate Pressure Drop
When there is no liquid flowing on the tray, the 
loss in pressure experienced by the vapour stream is 
due to the reduced cross section of flow as a result 
of the presence of the tray across the vapour path. 
This fall in pressure is described as dry plate 
pressure drop and it is a measure of the energy lost 
by the vapour in passing through the perforations.
. The dry plate pressure drop has. been extensively 
investigated by many workers. Mayfield et al. (1952) 
carried out their work on  ^ in. to I in. perforations 
and correlated the dry plate pressure drop in terms of 
an orifice coefficient of discharge C^. For 6 in. 
diameter trays, they reported a constant coefficient 
of discharge of O.85 for all holes and vapour rates. 
And for 6.5 ft. diameter trays, the coefficient was 
found to vary from 0.68 to O .85 over the range of hole 
sizes investigated.
Arnold et.al. (1952) employed an orifice equation 
of the form
■67'
%  = %  ‘JSsh^p  3.1
where v - linear velocity of air through tray holes 
- discharge coefficient 
hdp - dry plate pressure drop
They reported discharge coefficients in the range 0.55 
to 0.85 Hunt et al. (1955) proposed a correlation of 
the form
 3 • 2
where h^^ = (ft,lb.) / (lb.mass)
v^ = ft/sec. 
gg = 32.2 ft/sec^
= total area of perforations, ft^’.
A^ = area of column available for gas flow, ft^.
The correlation fits their experimental results very well 
when the condition
t/do  ^ 0.9 — --------------  3.3
is satisfied.
Foss and Gerster (1956) found a relationship of the
form
%   3.4
-for the case t/^^ = 1/3 and reported a value of 0.77 
for
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Kolodzie and Van Winkle (1957) correlated 
discharge coefficient with Reynolds number (2,000 to 
20,000),ratio of thickness of plate to hole diameter 
and ratio of hole pitch to diameter, (1/16 in. to 1/4 in). 
They tested their correlation against published data.
McAllister et al. (1958) considered the idea of 
frictional loss as the vapour passes through the holes 
and included a frictional loss term in the correlation 
reported by Hunt et al. (1955).
Leibson et al. (1957)s Hughmark and O'Connell (1957), 
Huang and Hodson (1958), Prince (I960), Davies and Porter 
(1965) and Bernard et al. (1964) have also used the 
discharge coefficient concept and reported values of C^ 
in the range 0.6 to 0.9.
3.1.2. Total Pressure Drop
Experimental evidences have been reported to show 
that the total drop across the tray is not simply the 
sum of the clear liquid height on the tray and the dry 
plate pressure drop. Arnolt et al. (1952) reported that 
the observed total pressure drop through a wet tray is 
greater than the sum of the clear liquid height and the 
dry plate pressure drop by approximately 10 per cent of 
the dry plate pressure drop. This unaccounted - for 
pressure loss has been called 'residual pressure drop'.
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One explanation is that this pressure represents a 
measure of the energy required to form bubbles and to 
generate turbulence in the frothed-up liquid.
Mayfield et al, (1952) observed residual pressure 
drop of 0 to 0.2 inches of water. Hunt et al (1955) 
confirmed the magnitudes of residual pressure drops 
reported by Arnold et al. and Mayfield et al. According 
to Hunt and co-workers, it may be approximated by
=0.5 f j waterj ___________
They argued that since the residual pressure drop is 
comparatively small, a small error in its estimation 
is insignificant. The following equation has been 
proposed by them:
^T ~ ^dp  ^ ’* ^^r ” 3. 6
Hutchinson et al. (1949),Mayfield et al (1952),
Arnold et al (1952) and Hunt et al (1955) have all 
reported total pressure drop data which show that 
total pressure drop increases with increasing vapour 
rate, liquid rate and weir height.
Bernard and Sargent (1964) worked with actual 
distillation conditions and found that the total pressure 
drop levelled out at hole velocities greater than 60 ft/sec.
Thomas and Campbell (I967) worked on a tray with 1/8 in.
-70-
diameter perforations and correlated the total plate 
pressure drop with liquor rate, weir height and kinetic 
energy factor for an air/water system.
h^ = 1.32 O.O218L -f 0.62W + h^  ----  3.7
where F^= J , F-factor based on area containing 
perforations.
Harris and Roper (1962), too, used air and water in 
a 12 in. diameter glass column containing 1/8 inch thick plate 
with 3/16 inch perforations. The correlation of their 
data is
h^ = 0.65 + O.58W + 0.03L - 0 . 2 8 wF + 1.43P2---3.8
where F = F - factor based on the total area between the 
inlet and exit weirs,
3. 1. 3. Froth Height.
The froth region is the dominant region in distillation 
in which most industrial colums operate. It is characterised 
by a wide range of bubble sizes and random motion. The 
height of froth is considered to be the distance between the 
top of the frothy mass of liquid on the tray and the tray 
floor. The top of the frothy mass is difficult to discern 
because of transition from froth to spray.
Gerster et al. (1949), Gilbert (1959) and Foss and 
Gerster (1956) have reported visual froth data for air/
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water systems which indicate that froth height increases 
with liquid flow rate, gas flow rate and weir height.
The A.I.Gh.E. Bubble Tray Design Manual (1958) 
has reported the results of a study on a cyclohexane-n- 
haptane system in which the froth heights were estimated 
visually. The results were correlated with F-factor and 
weir height :
= 2.53F^ + 1.86w - 1.6    3-9
The University of Delaware Final Report has given 
froth heights data for an air/water system which have 
been correlated as:
Z^ = 0.73W + 3.24F + 0.084L--------------  3.10
where F = F-factor based on tray bubbling area.
A correlation which takes into account vapour and 
liquid densities and liquid crest over weir has been 
proposed by Hughmark (1957).
Zf = 115 + 1.64h^ + 1.49h^^ -0.61 ------- 3.11
"L-PV
The effect of the physical properties of the vapour/ 
liquid system on froth height has not been well understood 
Zuiderweg (1958) demonstrated the influence of gas/liquid 
mass transfer on frothing tendency. It has been suggested 
that differences in surface tension resulting from
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differences in composition occasioned by the transfer 
process are the origin of the influence. Shah (1962) 
and Thomas and Shah (1964) have also pointed out the 
significance of surface tension effect on froth height.
The effect of the absolute value of surface tension 
on the dispersion height was found to be negligible by 
both De Goederen (I965) for cellular foams and Andrew 
(i960) for turbulent froth.
Andrew, and Rodionov et al. (I97O) could observe
no influence of viscosity on the froth height over wide
range of viscosities.
De Goederen has reported a substantial increase in 
foam height as liquid viscosity was decreased. 
Quantitatively, this is in agreement with the work 
reported by Barker and Choudhury (1959), Mulchlenov (I958) 
and Mersmann (I962).
3• 1. 4. Liquid Hold-up on the Tray
Hutchinson et al. (1949) have pointed out that the
performances of distillation trays with respect to 
efficiency, pressure drop, entrainment and liquid gradient 
is governed to a large extent by the effective depth of 
the liquid on the plate. The theoretical liquid depth 
on the tray is the sum of the exit weit height and the 
liquid crest over the exit weir, that is:
Zc = " +    3.12
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where = clear liquid height, inches
w = weir height, inches
h^^ = liquid crest over the weir, inches
The liquid crest over the weir, h , can be' ow '
calculated from the Francis formula, viz:
how = 0-53 (L/L)2/3   3.13
where L = liquid flow rate, gall/min.
1^ = effective weir length, inches.
At first sight, the application of the Francis formula, 
(which was initially developed for the stable flow of clear 
liquid over weirs), to the unstable flow of aerated liquids 
would seem unlikely to give a good correlation. However, 
the data of Gerster et al. (1949) has lent some support 
to the validity of such application. Gerster et al (1949) 
found out that for froth heights of less than five inches 
above the top of the weir, the froth flow rate was 
proportional to the height of froth above the weir raised 
to power 1.5- The same relationship is valid for unaerated 
liquids.
Foss and Gerster (1956). Thomas and Campbell (I967), 
have also used manometers installed in the tray floor to 
measure the equivalent liquid height. The equivalent liquid 
height varies from point to point in any system, thus
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necessitating the use of an average value. The authors 
found that the average value of clear liquid height 
decreased with increase in gas flow rate but increased 
as either liquid rate or outlet weir height was 
increased.
The A.I.Gh.E. research team (1958) used manometers 
as described above to measure liquid hold-up. The 
following correlation was found to give a good fit to the 
experimental results
= 0.19W - 0.65P + 0.02L + 1.65   3.14.
Harris and Roper (1962) have presented a similar
correlation
= 0.58 w  - 0.28wF + 0.03L + 0.25-------------  3.15.
Bernard et al. (1964) measured the liquid hold-up on 
the tray indirectly from measurements of foam density using 
a gamma radiation technique. The liquid hold-up as obtained 
in this manner was found to increase with increase in weir 
height 3 hole diameter and superficial velocity but decrease 
with increasing free area. The authors also used the tray 
manometer technique to obtain a measure of the total liquid 
hold-up but called it dynamic head since the manometer 
measured the pressure at the floor under operating conditions 
The latter results were in agreement with those of earlier 
workers but not in very good agreement with those from the 
gamma radiation technique.
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Bernard et al. have suggested that the discrepancy 
between liquid hold-up and dynamic head is due to an 
upthrust on the froth equivalent to the change in 
momentum of the high velocity jets emerging from the 
sieve tray perforations, thus
Pv/p. Is . (Vo - Vs) - Zc -  -3-16
where are the gas and liquid densities respectively
= gas velocity based on total perforation area
V = gas velocity based on area containing perforations.
= clear liquid height
Z^ = dynamic liquid head
Equation 3..16 can be used to determine the clear liquid 
height from the dynamic head measurements:
^0 - Iv . Is , (v^ - Vg) -------------------3.17
3. 1. 5. Aeration Factor.
Hutchinson et al. (1949) have defined aeration factor 
as the ratio of the pressure drop increment to the clear 
liquid head increment at point 'a' relative to point 'b ' 
on a tray.
P = AP^ - AP^ --------------------------3.18
j ( V ^ b )
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where are two different clear liquid heights
at two points in the calming section relative to the 
height of perforations
j - specific gravity of clear liquid.
AP^j AP^; - pressure drops at the said points.
The authors have reported a range of values of 3 from 
0.8 to 0.6 for = 0.5 to 2.2 for an air/water system 
with a large sieve tray. F^ is the P - factor based on 
the area containing perforations.
Mayfield et al. (1952), Prince (i960) and Thomas 
and Shah (1964) have defined an aeration factor as the 
ratio of the pressure drop through the liquid to the
calculated clear liquid depth on the tray. The latter
is the sum of the weir height and liquid crest over the
weir obtained from Francis Formula, i.e.
® " l o   --------------------------------------------------- 3 . 1 9
^w *^ow
was obtained from h^ using equation 3* 6 and substituting
Z^ for hp. (h^ is liquid head equal to the weir height w).
Mayfield et al, found that for a 6 ft. diameter 
sieve tray, the 'aeration' factor increased slightly with 
increase in air flow and decreased with increase in liquid 
flow rate and weir height. But Thomas and Shah, and Thomas 
and Campbell found that it decreases with increase in air 
flow rate and increased with increase in 'liquid flow rate.
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Prince investigated a number of gas/liquid systems 
on 6 inch diameter sieve tray using a foam baffle. He 
found that the aeration factor was a function of the 
clear liquid height on the tray and the ratio of 
liquid to gas flow by volume.
3. 1. 6. Relative Froth Density Factor.
The University of Delaware Final Report (I958),
Gerster et al. (1949), Davis and Porter (I965), Thomas 
and Campbell (I967), Foss and Gerster (1956) have 
computed the froth density factor as the ratio of 
the equivalent clear liquid height on the tray and 
the visual froth height.
Gerster et al. (1949) for a 6.5 ft. diameter 
bubble cap tray and Foss and Gerster for an 18 in.x 9.5 in. 
sieve tray found that the froth density decreased uniformly 
with vapour flow rate, while remaining largely insensitive 
to variations in the liquid flow rate. They further 
noticed that over the range of gas velocities of 1.8 to 
6.5 ft/sec, the froth density factor varied from O.39 to
0.18.
Hutchinson et al. (1949) have developed a useful 
theoretical relationship between aeration factor,3, and 
froth density factor ({) :
3 = (j) + 1     3. 202
and applied it successfully to measurements of sieve tray 
pressure drop and froth height.
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Bernard (1964) measured froth density directly 
using a gamma radiation absorption technique. Their 
results show the existence of three distinct zones 
in the frothing mass. A zone of approximately constant 
density occurs at a short distance from the floor of 
the tray and exists throughout most of the froth height 
before tailing off rapidly into spray. The density of 
liquid at the tray floor is much heavier than the 
density in the constant density zone. They have 
reported that the vapour rate has virtually no effect 
on the magnitude of the constant density, but that as 
the vapour rate increases more liquid is entrained into 
the foam from the clear liquid zone adjacent to the tray. 
Thus the extent of the constant density zone is 
progressively increased.
They have also reported an increase in froth density 
with increase in weir height but negligible change with 
liquid rate. Similarly, Thomas and Campbell (I967) have 
reported increase in froth density with gas rate while 
remaining insensitive to liquid rate. Their values lie 
between 0.2 and 0.33.
3. 1. 7• Weep Point
The weep point on a sieve plate is that vapour 
velocity which just prevents the liquid from falling 
through the perforation excessively. Liquid passage 
through the perforations may occur to some extent at
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all vapour rates and therefore ‘excessive weeping' 
is relative. Reducing the vapour rate causes more 
weeping, at a particular stage, the weeping becomes 
pronounced compared to previous observations. At 
this stage, the value of the vapour flow is the 
“weep point" value.
The weep point denotes the lowest tolerable 
value of the vapour flow for efficient operation. The 
point is difficult to ascertain by visual observation 
and therefore the change in slope of pressure drop 
versus vapour velocity curve is employed in 
determining it.
Fair (I963) has postulated the condition
%  + hr  ^   3. 21
as sufficient to prevent weeping. Weep points have been 
observed visually by Hutchinson et al. (1949), Mayfield 
et al. (1952) and Zenz (1954) in their tray simulators. 
Their data have been correlated by Fair.
Prince (I96O) observed the change of pressure drop 
with gas hole velocity from total weep condition to 
total spray condition in his column simulator. He has 
correlated graphically, the logarithms of the pressure 
drops with those of gas hole velocities from which he 
conveniently determined the graphical weep point, (GWP).
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He found that the graphical weep point was 
independent of hole diameter, free area and properties 
of the liquid used but dependent on the properties of 
the gas. He suggested that hole P-factor can be used 
instead of hole velocity to avoid the influence of the 
properties of the gas. Prince has presented data of 
weep point values for a number of systems with free 
area and hole diameter as parameters.
McAllister et al. (1958) have reported a set of 
weep point data showing total pressure drop as a 
function of vapour F-factor through the holes at the , 
weep point. Their data are well fitted by the 
correlation of Hughmark and O'Connell (1957)*
Kast.anek and Standart (I967) measured the actual 
amount of weeping obtaining by analysis of samples 
withdrawn from their sieve tray and expressed their 
results as fractions of total vapour flow rate. They 
have correlated the results graphically with vapour 
velocity through the holes.
Eduljee (I966) formulated the correlation
F* = mZ^ + 0.426d + 6.O8  -------------------5.22
for F-factor and total pressure drop at weep point.
f* = F-factor at weep point based on hole area 
Z^  = total clear liquid height at weep point, m.m. 
d = hole diameter m.m.
”8l —
o JF v ---------------------------------3.23F* = V
where, = vapour velocity through hole. M/sec.
Py = vapour density kg/^3'
For a test of the correlation, he plotted the observed 
values of F* against those calculated from equation 
3.22 using the data of Arnold (1952),Mayfield (1952), 
McAllister (1958) and Zenz (1954). He found that more 
than 85  ^ of the points fell within the + 15% band.
5. 1. 8. Liquid Entrainment.
Just as weeping denotes the lower limit of 
vapour velocity for efficient operation, entrainment 
denotes the upper limit. Entrainment has been shown
theoretically by Colburn (1934) to be a factor in
limiting good fractionation. It reduces efficiency 
value from E^ ^^  to E^ according to the following
equation:
^a ^mv------  3.24
1 jjif;/ (l-4)j
It therefore calls for a judicious choice of tower 
diameter, tray spacing and number of trays.
Many researchers have measured entrainment in plate 
columns and presented correlations. Hunt et al. (1955) 
employed an air/water system with a constant head of
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liquid on the tray. They studied three plates of I in. 
perforations but different ratio of hole area to column 
diameter (0.054, 0.095, 0.190). Plate spacing was 
20 inches and liquid head on the tray was kept at 
1.8 inches.
Entrainment was measured as volume rate of liquid 
against column velocity whence it was found that 
entrainment depended sharply on column velocity but 
independent of hole velocity. The experiment was 
repeated for different spacings and it was discovered 
that entrainment depended heavily on plate spacing.
In an attempt to produce a general correlation, 
other gases and liquids were used and weight entrainment 
ratio has been correlated with column velocity, liquid 
surface tension and distance from top of froth to tray 
above as :
 ------------
where = surface tension, dynes/cm.
= column velocity, ft/sec.
= Distance between top of froth and plate above, 
e^ = entrainment, lb/lb vapour flow.
The correlation has been found satisfactory for other 
hole sizes - I in. and 3/8 in. for < iQ ft/sec. The 
data for § holes are higher than what the correlation gives
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for this hole size. Hunt et al. have adduced the reason 
that higher degree of splashing induced by the higher 
hole size may be responsible for the discrepancy.
Bain and Van Winkle (196I) have also measured 
entrainment in an air/water system employing a 24 in. 
diameter tray. Their variables were tray spacing, hole 
diameter, hole spacing, weir height, liquid rate and gas 
rate. An empirical correlation has been developed which 
represents 90% of their data to 25% maximum deviation.
InE^ = Kin + B ------------------ 3. 26
where = entrainment lb. liq/100 lb vapour.
K = constant
d^ = hole diameter (in)
S = tray spacing, (in)
L| = liquid flow (lb/hr)/ (ft^ of area).
B = constant
They have further produced graphical correlations of 
entrainment with the variables to enable easier estimation 
of entrainment.
Fair (I963) has presented a general graphical correlation 
of fractional entrainment, , with flow parameter with
% flooding as parameter.
f = — g—  -------------------------------------------------3 . 2 7+ e
—84 —
a nd = w » r ^  ------------------------------------------28
w V P i
where e = entrainment, lb. moles/hr.
= liquid flow, lb. moles/hr.
= liquid flow, lb/hr.
W = vapour flow, lb/hr.
= liquid and vapour densities respectively.
% flooding = V. . design
— -------- X 1 0 0 -------3. 29v^. flooding
v^ = vapour velocity based on bubbling area.
= ^sb / Pi - Py -----------3. 30
V ^V
The Souders-Brown (1934) coefficient can be obtained from a 
correlation of with
Kastanek and Standart (I967) measured entrainment by 
analysis of samples withdrawn from the column. They have 
compared their results with those of Hunt et al. (1955) 
and Jones and Pyle (1955) in a graphical correlation.
Sherwood and Jenny (1935) placed a solution of sodium 
hydroxide on the lower tray and withdrew samples of the 
liquid on the upper tray. By titrating the samples with 
dilute hydrochloric acid solution, they estimated the 
degree of entrainment into the upper tray. They have 
correlated their data graphically as entrainment (gm.liq/ 
gm.air) versus air rate (gm/min/cm^).
85'
Gerster (I963T measured entrainment at low liquid 
rates on 1 ft. square sieve tray containing 3/16 in. 
holes on triangular spacing. The plate was 1/8 in, 
thick and designed to give a free area of 12,3%. He 
used an air/water system operating at atmospheric pressure 
and 24 in. plate spacing. He has presented a correlation 
of entrainment as fraction of liquid to tray against liquid 
rate to tray.
It will be apparent from this survey that much effort 
has been expended on measuring entrainment and correlating 
entrainment data but no effort has been directed to 
explaining the cause of entrainment. Obviously entrainment 
is a consequence of complex mechanics of agitation on the 
tray and it will not be a simple matter understanding the
mechanics. Hunt et al. (1955) have suggested that,\entrainment could be due to splashing from wave action and/or 
the violent rupture of large bubbles at the top of the froth 
on the tray. If the cause of entrainment could be understood, 
it would help greatly in combating its adverse effects on 
fractionation efficiency.
3- 1. 9* Hydrodynamics of the Downcomer.
• Various types of downcomer designs have been employed 
in chemical plants, including some of quite complex 
construction. However, recently, there has been a shift to
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using segmental downcomers which are adequate from 
hydrodynamic standpoint and have great advantages over 
the more complex designs in that they have lower 
manufacturing cost. Therefore, it has been decided to 
limit the hydrodynamic and mass transfer study to 
segmental downcomers.
3.1.9.1 Liquid Height in the Downcomer.
From simple pressure balance, the equivalent height of 
liquid in the downcomer as proposed by Cicalese (194%), is:
“do = “t + “w + “ow + “g + “d o -----------------2.13
where h^ , - total plate pressure drop
h^ - weir height (w). 
h^^ “ height of crest over weir 
hg “ liquid gradient on the tray 
hde ~ head loss through the downcomer exit
The liquid gradient, hg, is usually small compared to the 
other parameters, and is neglected for convenience in the 
equation.
Leibson et al. (1957) have developed another expression 
for the height of liquid in the downcomer by considering a 
hydrostatic balance at the bottom of the downcomer;
“dc = “de + “it + “t - “bu -----------------3.31
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where ^de = head loss through the downcomer exit
hit = static liquid head on lower tray at 
a point adjacent to the downcomer 
h^ = total pressure drop through the tray
J = specific gravity of liquid
hbu = pressure built-up at the entrance to
the downcomer
The expression has been found to give a good fit to 
experimental data by Thomas and Campbell (I967).
3.1.9.1. Froth Height in the Downcomer.
The definition of the froth height in the downcomer 
is similar to that for the tray: it is the height of
the top of the froth above the bottom of the downcomer.
Davies (1950), Holies (1956), Huang and Hodson (1958) 
and Hughmark and O ’Connell (1957) have presented the view 
that when the froth height in the downcomer reaches the 
top of the tray exit weir, the column would flood. Thomas 
and Shah (1964) have made a discovery which is in conflict 
with this definition of flooding. They operated their 
column such that froth from the downcomer and the tray 
were contiguous and still observed liquid passing into 
the downcomer from the tray. The observation has been 
confirmed by Thomas and Campbell (1967)3 who have concluded 
that the liquid in the downcomer must reach the level 
of the exit weir before inoperability can occur.
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Bolles (1956) has defined froth density factor for 
the downcomer as :
^do =
where - the froth height in the downcomer
It has been a common practice to assume a downcomer j
minimum froth density of 0.5, for the design of both .
foaming and non-foaming systems. For low-foaming systems, iia higher value of is reasonable. i
i
3.1.9.3. Liquid Residence Time in the Downcomer. •
A certain liquid residence time in the downcomer is j
Inecessary in order to allow collapse of foam. The foam ;1
may be created by general turbulence in the downcomer, i
or it may be carried across the tray outlet weir into 
the downcomer. If the residence time is too small, 
vapour may be carried down to the next tray creating 
danger of choking. Bolles (1956) has formulated the |i
following equation for the residence time in the downcomer, 1
^dc ~ ^da. ^dc ------- — -----------   3.33
12q
where - cross sectional area of downcomer, ft^
3= liquid flow rate, (ft^/sec).
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The expression was arrived at on the assumption of 
plug flow which is very unlikely to obtain in 
such an agitated system. It must therefore be used 
with caution.
On the basis of the work of Huang and Hodson (1958) 
and of Davies (1950), Bolles has suggested a minimum 
liquid residence time of five seconds to be used for 
downcomer design. Experimental results have been 
compared with those from the Bolles' equation and there 
is no basis to justify the suggestion of five seconds.
“90-
3.2. LIQUID MIXING AND TRAY EFFICIENCY
3.2.1. Liquid Mixing
Several concepts have been proposed to describe the 
liquS^fprïbess and the influence of the extent of mixing 
on tray efficiency. Kirschbaum (1948) formulated the 
pool concept, he assumed that a plate could be divided 
in the direction of liquid flow into several equally 
perfectly mixed pools, and that liquid flowed from one 
pool into the next until it reached the outlet weir. A 
plate with a single pool corresponded to a perfectly 
mixed plate and one with an infinite number of pools to 
an unmixed plate. Recently, Gautreaux and O'Connell (1955) 
have revived the pool concept, presenting an equation 
relating point and plate efficiencies. A recirculation 
model was employed by Oliver and Watson (1956) and 
Warzel (1955) and back-mixing model for liquid by 
splashing by Johnson et al. (1958).
The degree of mixing on a bubble plate has also 
been characterised by measurement of the residence times 
of the liquid elements flowing across the tray.
Point and plate efficiencies have been related in 
terms of the residence time distribution function by 
Foss et al. (1958) and Thomas and Campbell (I967). 
Danckwerts (1953) has pointed out that longitudinal 
mixing of fluids in continuous-flow systems could be 
treated like molecular diffusion. Recently the diffusion 
model approach has been adapted widely by Barker and 
Self (1962), Eguchi and Nagata (196O), Gilbert (1959)
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and Harada et al. (1962).
In the Diffusion model approach, diffusion equations 
are employed with modified diffusion coefficients. Bischoff 
and Levelspiel (1962) have presented a list of the 
mathematical equations corresponding to the various 
models from the most general to the most restricted.
In order to use each equation, one needs the values 
of the dispersion coefficient which can be obtained from 
tracer injection data. Bischoff and Levenspiel have 
demonstrated how this can be done and shown the 
relationship between the various models.
Levenspiel and Smith (1957) considered flow in an 
infinite pipe and proposed the following diffusion equation 
for the concentration of tracer at distance x downstream 
of the injection point after time
9c • = D9^c - - - - --  - 3.34
90 ~9x^
This equation has been solved by'Carslaw (1945)
 ^ " t^ _-x2/4D8 -  ------ - 3.352V 7tD6 ^
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where 2 = distance between point of tracer injection and
measurement.
C = concentration of tracer at 3
Vg - volume of section between x=o and x=3
Q^= quantity of tracer injected 
D = longitudinal dispersion coefficient.
Equation 3.35" represents the case of fluid at rest, for
a moving fluid it is modified to give:
C - 2V'" irDG -u 0)2/4D0)-------3.368
where u = average liquid velocity in the pipe
if V = rate of fluid flow, then by putting % =  2 in
equation 3.35, it can be rearranged to give:
CVg Exp (l-v0/Vg)* /4(v0/Vg)(D/ug) - “ “ 3.37
2 IT (v0/Vg(D/uB)
Levenspiel and Smith have plotted equation 3.3? on 
CV/Qtversus v0/V^ co-ordinates with D/u2 as parameter and 
obtained a family of curves.CV^/Q^is dimensionless
concentration at point x = 2 and v0/V^ dimensionless time.
The curves are known as C-curves, D/u2 is. the reciprocal 
of Peclet number.
An expression for the varictnce is obtained by applying
the formulae: 2
. r n . . - “ 3 *38
where ^ = dimensionless time v0/V
X 2f(x)dx “J  ^ ^ X f ( x)d X
f(x) = dimensionless concentration CV^/Q^ 
a = o , point,of tracer injection 
b = “ , point of concentration measurement. 
Hence, from equations, 3.37 and 3.38,
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0^ = 8(D/u 2) + 2(DuS)    - 3.39
when D/u2 is small,
= 2. D_ = 2u2 Pe 3.40
where Pe = Peclet number.
Van her Laan (1957) has attempted to generalize the 
work of Levenspiel and Smith by including the case of 
finite pipe length as well as that of varying dispersion 
coefficient, by applying suitable boundary conditions.
He has presented expressions for the residence time 
of the fluid in the system and the variance of the 
dispersion for the different models treated by 
Levenspiel and Smith. It is apparent from the expressions 
for variance (which include, Pe, as parameter), that when 
Pe is large,
C,2 = 2 r--------------- 3. Hi
Pe
Thomas and Campbell (I967) have shown that
of = 22.D , /l + 5.D \ ------------ 3.42V
where = time-based variance
= separation between point of tracer injection
and measurement
u = average velocity of liquid stream
D = dispersion coefficient
If conditions are such that
1 >> I . D
then  ^t = 28^-0 -   - - - 3.43
94
since t = 3^/^,
= 2. D = 2   3.44Pe
This result is essentially the same as equations 
3.40 and 3.41.
From the values of obtained from experiment and 
knowledge of u, and 2^3 values of D have been calculated 
and correlated graphically with mean axial velocity.
The correlation is a straight line passing through the 
origin. At about a mean axial velocity of 0.25ft/sec, 
the correlation starts approaching a limit 
for a weir height of 3 inches. Extent of linearity is 
shorter for higher weir heights. It is interesting to note 
that the same correlation fits very well the data for the 
different weir heights.
Barker and Self (1962) measured longitudinal eddy 
diffusion coefficient for a 5ft.8^in by 13&in reactangular 
sieve plate, perforated with 3/l6in holes on ^in triangular 
pitch. They employed air and water as the system fluids and 
measured the coefficient for varying liquid holdups and 
air rates using an unsteady state tracer technique.
Their results have been correlated as:
Dg = 0 .01298U^'^^ -h 0.3024hg - 0,0605  -------3.45
where = the longitudinal eddy diffusion coefficient ^ f t s e c
U = superficial air velocity based on the
bubbling area ft/sec
hg = liquid holdup on the plate,ft.
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Sterbacek (I968) reviewed the published methods for 
predicting dispersion coefficient:
(1) Bubble tray design manual (1958)
(Dg)2 = 0.0038 + O.OiyiUg + 0 .066Ly/&(d. + & )
+ 0.1799h^  3.46
where = liquid dispersion coefficient, (m^/^)
Ug = gas velocity (m/s)
= volumetric flow rate of liquid(mVs) 
d^ = tray diameter (m)
= weir length (m) 
h = weir height (m)
(2) Barker and Self (I962)
D-, = 1.66 X 10"3 (i-y)"5 u 0-09 (h >0.025m)-3. 47± J-j o w
D, = 3.58 X 10"  ^ (1-Y)"^ U h„ = 0.025m) -3^8j_j J_i o w
where Y = fractional gas hold-up
h^ = true clear liquid height (m)
(3) Harada et al. (1962) .
= O.Ollh^ Ug(ÜQQd^)“°-^ '^   3.49
where h^ = froth height (m)
Ug = gas velocity (m/s) 
d^ = hole diameter (m)
^oG ~ velocity through hole (m/s)
(4) Danilchev, Planovskii and Chekhov (1964)
Peg = 0.22(Reg)°'G (Re^)^-5 " 5-50
where Re = Reynolds number.
He found out that all these empirical relationships did 
not agree among themselves even for the same conditions
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on the tray. He therefore restudied mixing on some 
distillation trays. He has come up with the following 
correlation for sieve and slat plates:
Pe - 1)2 1 ^-Pq S “o 3.51
L PQ + W
Where k?. = constant for the type of column (I.l4 for sieve
plate)
L = liquid density (kg/m ) 
pQ = gas density (kg/m/)
= plate free area 
The author claims that the correlation produces a mean 
deviation of 15.5% for sieve plates.
Gilbert has investigated liquid mixing on large bubble-cap 
and sieve trays and has presented correlations for 
characterising liquid mixing on large trays in terms of 
an assumed eddy diffusion mechanism, predicting the value 
of the mixing parameter in terms of operating conditions 
and using this parameter to predict the true plate efficiency. 
He worked with water rates between 80 and 320 ftVr.ft width, 
superficial air velocities of 1| and 3ft/sec and weir heights 
between 1 and 4 in. He claims that his sieve tray data are 
well fitted by the Foss’.(1957) equation:
D = 0.25 ( f V 1   3.52uh ^ h y u
where D = longitudinal eddy diffusivity in the liquid(cm^/sec)
u = mean liquid velocity (cm/sec)
h = clear liquid height (after collapse of froth) (cm) 
h^ = froth height (cm).
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Miyauchi et al (I966) considered dispersion by steady
state injection of tracer in the liquid on a 20cm by 50cm
reactangular.sieve plate. The tracer used was 5N aqueous
solution of line sodium chloride. Dispersion was measured
in two horizontal but perpendicular directions. The authors
have endeavoured to correlate their data and those obtained
by Barker and Self (1962) Foss et al 1958, Harada (I962)
and Gilbert (1959) by taking as a function of U^Ut^w  ^^
where = liquid dispersion coefficient in the x-direction,
omLs
Z_ = height of outlet weir, cm.
= linear gas valocity based on gas holdup, cm/sec
u^ = linear liquid velocity based on liquid holdup
cm/sec.
The data of Foss et al and Gilbert deviate fairly from the 
correlation. He has presented the following equation as 
giving a good fit to their data:
I  3.53Wy
The correlations recommended in the Bubble Tray Design
Manual by the A.I.Ch.E research committee is
(Dg)^-5 = 0.0124 + 0.0171Uq + 0.0025L^ + O.OI5W - - 3-54 
where D^ = eddy diffusivity, ft^/sec
= Liquid rate, U.S. gall/min.ft.
Uq = gas velocity based on bubbling area, ft/sec
W = weir height, in. .
3.2.2. Tray Efficiency
The definitions of the types of efficiency in distillation 
colums have been given in the previous chapter, and the 
common correlations for predicting efficiencies mentioned.
It has therefore been decided to give an abridged review 
of the many attempts so far made and reported to measure
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tray efficiencies in sieve tray columns.
By assuming no mixing in the direction of liquid flow and 
complete mixing in the vertical direction, Lewis (1935) has 
succeeded in relating Murphree vapour point efficiency and
Murphree vapour tray efficiency.
3.55A
where A = mGm
m
m = gradient of equilibrium curve 
Gj^  = gas flow per unit area 
L^ = liquid flow rate per unit area 
This relationship is not of much practical benefit as it is 
not possible to have no mixing in the liquid on a distillation 
tray.
Gautreaux and O’Connell (1955) have developed an alternative 
relationship based on Kirschbaum’s (1948) assumption of totally 
mixed pools ;
where
E = A o
A
(1 + E /nA)
msmV
n 3.56
Lms liquid flow rate moles/time 
gas flow rate, moles/time 
slope of equilibrium curves 
overall plate efficiency 
point efficiency
number of stages (pools) in series.
Correlations, too, have been presented to demonstrate the 
effect of the number of stages on overall and point efficiencies.
V
m
Ec
n
P
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Poss et al (1958) supposed that mixing of the flowing 
liquid causes some of the liquid elements to reside on the 
tray for periods longer and/or shorter than the period of 
residence of other elements, thus causing the distribution 
of residence times on the tray. Plate efficiencies have 
been expressed in terms of a residence time distribution 
function, f(t), and point efficiency,
p. 1 - P  exp (-XE p . t ). f (t )dtML /_o____________X____ — — _ — — 3«57
1 -
where T = mean liquid residence time on the tray 
X = mGm/L^
f(t)dt = The fraction of the material on the tray which 
has resided for times between t and t+dt at the moment of 
leaving the system.
They proposed a function of the form
f(e) = a.G^^eT^ 3,53
for f(t) and arrived at
= 1 - a  +  3.59
by using Laplace transformation technique
Thomas and Campbell (1967) got the same expression by
employing Gamma function approach.
Johnson and Marangozis (1958) considered splashing as 
the major mixing mechanism and formulated the following 
relationship :
^MV  ^ 3:60
—lOO —
where 2 = total length of tray bubbling area, in.
n  = - V  ------------
8^ is defined as the mixing factor due to splashing and given 
by: = Qpgp.. - QgBg  3.62
Where Q = fraction of liquid rate splashing, Qp downstream,
Qg upstream.
2 = distance measured on plate, F forward, B backward.
The corrélation was tested with data obtained from an experiment 
for the desorption of ammonia from water by air. From the data, 
the mixing factor, has been correlated with flow parameters 
and liquid properties as:
3  =  0 . 6 8 8  X  I C T ^  ^  ^  ( u  / p  ‘ 5 7  5 . 6 3m u jj w n ij
where = linear gas velocity based on bubbling area, ft/sec.
.= linear liquid velocity based on liquid holdup ft/sec 
h = weir height, in
2^L/P ~ liquid kinematic viscosity, ft /sec.
Equations 3.60 and 3. 63 are recommended for use in the case 
where complete mixing in the vertical direction exists and 
splashing is significant. It should be noted that for no 
splashing g^=o, and the model reduces to Lewis' model, and 
for maximum attainable splashing, 3^=1.0.
Finch et al (1964) aimed at developing a model to serve 
as basis for the scale-up of laboratory column efficiency data 
for commercial design. The following equation was proposed:
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Gve. y6b
where 6^ = liquid residence time 
0Q = gas residence time 
AppAg = efficiency coefficients
This equation is of the form y=mx+c. The values of A^,
A^ _ have been evaluated by the method of least squares, for 
the system methanol-air-water in a perforated tray column
Bakowski (I969) has derived the following expression for 
liquid tray efficiency;
Eb = 1/(1 + 303L/hpV) ---------- 3.65
where L = liquid rates, volume units/time units.
V = gas rates, "
P = total pressure 
h = liquid depth on the tray.
The equation has been modified for the case of absorption 
of a gas which reacts with the liquid (e.g. ammonia).
Eg = 1/ Ql + 3.7Mp^/h Pt] ------------3.66
where m = molecular weight of liquid 
p = density of liquid 
T = temperature
Prp = saturated vapour pressure at T 
This theoretical correlation fitted experimental data very well. 
Ellis and Moyade (1959) studied exhaustively the desorption of 
oxygen from water and humidification of air in a 4gin diameter 
sieve tray column and correlated liquid and vapour tray 
efficiencies with baffle clearances, downcomer height, hole 
diameter, plate free area, air rate, and liquid rate.
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Ellis and Rose (I963) used a column of a design 
similar to that of Ellis and Moyade (1959) to determine 
separate phase efficiencies for the system acetone/water, 
methyl alcohol/water, methyl alcohol/carbon tetrachloride 
and acetone/carbon tetrachloride, by vaporising both solute 
and solvent into air. The authors have presented correlations 
of efficiency and number of transfer units with gas and 
liquid rates.
West et al (1952) worked on a sieve plate containing 
83 holes on 10 rows, §in diameter, on |in triangular pitch.
Air and water were employed as the system fluids. The 
desorption of oxygen and carbon dioxide and absorption of 
carbon dioxide were studied. Gas phase number of transfer 
units and interfacial area have been related with gas rate.
Gerster et al (1949) have investigated distillation 
column performance in the critical region with three 48in 
diameter trays, for the system ethyl ether/1-butanol at 
pressures up to 95% of the critical. The maximum column 
throughput was correlated as capacity factor, c^, plotted 
against an operating factor (L/y)[( p^ ) / ( to define weeping
limits. is defined as
'  3.67
where u = gas velocity based on tower cross section less 
the area of one downcomer
Plate efficiency in the presence of entrainment has been 
correlateH^C^ and reduced pressure.
Many more researchers have delved into measurements 
and correlations of tray efficiency for the purpose of 
evolving a model or models for industrial scale-up.
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Gerster (I963) has produced a correlation of gas phase 
efficiency with F-factor for the cases of toluene evaporation 
into propane and into air. Gerster et al (1949) have 
measured gas film efficiencies by humidication of air bubbling 
through water, and liquid film efficiencies by determining the 
degree of oxygen desorption from oxygen-rich water. Harris and 
Roper (1962) included efficiency in their study of hydraulic 
characteristic of sieve plates. They have produced good 
correlations of number of transfer units with residence time 
for complete mixing and plug flow.
-104-
3.3. GAS ABSORPTION
In the design of gas absorption equipment, the prediction 
of mass transfer rates is complicated by the difficulty of 
analytically describing the complex flow characteristics of 
such equipment. Hence, the absorption theories so far 
developed have been applied mainly for devising methods of 
datci correlation. However, much progress has been made in 
understanding and quantifying the variables affecting the 
performance of plate columns, thus making them more suitable 
for fundamental studies that in the past. In this work, the 
absorption of carbon dioxide by sodium hydroxide will be 
studied.
3.3.1. Kinetics of CO^ Absorption by NaOH Solution
In order to obtain reliable data from any particular system, 
an absorption reaction which is well understood and easy to 
handle must be selected..The COg/NaOH system is a typical rapid 
second order absorption reaction which has been popular with 
researchers - Pinsent et al (1956), Pinsent and Houghton (I951), 
Harris and Roper (1963), Eben and Pigford (I965) and 
Danckwerts and Kennedy (I958). Its advantages are ease of 
handling, low cost of material consumed and availability of data.
3.3.1.1. Chemistry of CO^/NaOH reaction
The reaction of CO^ with NaOH solution can be considered 
as proceeding in two stages:
1. Diffusion of CO^ from the gas/liquid interface into the 
solution containing an almost uniform concentration of OH' ions, 
and
2. Reaction of CO^ with the OH' ions in two steps:
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COg + o h ' — ^ HCO^ _------- - 3.68
The reaction is first order with respect to CO^ and to
OH’ ions, and is practically irreversible for pH values
greater than 10. This reaction is followed by
HCO^ + OH' — CO" + HgO  3.69
At concentrations of OH' ions greater O.IM, all the
HCO" ions formed can be considered to be transferred to 3
carbonate instantaneously. Hence the overall reaction is
COg + 20H' — ^ CO" + HgO ----------- 3.70
It is first order with respect to CO^ and to OH' ions 
and has the same velocity constant as reaction 3.68. As long 
as the OH' ions are not substantially depleted at the interface, 
the reaction will be pseudo first order with a reaction rate
constant and
k^ - kp (_0H'J - - - -- - 3.71
where k^ = first order reaction rate constant 
kg = second order reaction rate constant 
Danckwerts (1970) has given an expression for the quantity of 
gas absorbed as
Q = C* (kt + g)erf J~kt +Jkt/ïï. e 3-72
D = Diffusion^of the solute in the medium
where Q'= quantity of gas absorbed within time t,
C* = concentration of gas in solution at the interface.
(physical solubility).
k = velocity constant of the reaction between gas and
solution
When kt is very small (e.g. in the case of agitated liquids)
q' = 2C* /~Dt fl + kt\  3.73
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3.3.1.2. The condition for Pseudo-First Order Reaction
The condition to be satisfied for a second order reaction 
to be pseudo-first order has been defined by Danckwerts (1970) 
and Danckwerts and Sharma (1966).
yCDkgBg) < ^kg (1 + i>o/^c*)  3-7%
where k^ = liquid side mass transfer coefficient
= concentration of reactant in the bulk of the solution,
When this condition is satisfied, the formula for the rate of
absorption for first order reaction can be used, hence using 
the formula arising from Danckwerts model (1970), the rate of 
gas absorption is given by:
R = C* J(k| ------------ 3.75
if also y DkgB^ >. 5
then R = C* J DkgB^ 3.76
In the present study conditions were chosen such that equation
3.76 could be applied.
3.3.1.3. Second order Reaction Rate Constant
In the reaction of COg with N aDH solution the rate 
controlling reaction is
COg + OH' --- HCO^ - - - - - - ' 3 * 6 8
for which
dt = 3.77
Many successful attempts have been made to measure kg. 
Faurho.lt (1925) first determined kg between 0° and 18°C 
by the quenching of dimethylamine. More recently, Pinsent 
and Roughton (1951) estimated'-k" by manometric method 
between 0 and 10 C and extended by Metla (1956) to cover
the temperature range 20° - 30°C. Pinsent et al (1956) 
measured kg by thermal method over a wide range of pH,
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salt concentration and temperature. They have plotted their
data, those of Faurholt (adjusted to zero ionic strength)
and Pinsent and Roughton against 1/^. They comment that
all the data conform satisfactorily to the equation
log kp = 13.635 - 2895 -   3.78 ^ T
or kg = A exp (-E^/RT) _ - _ _ _ _ _ 3,79
where A = 4.2 x 10^^ and E^ = 13,250 cal.
T = temperature in degrees Kelvin 1 
A correlation of kg with ionic strength has also been 
presented:
log kg = 3.7 7 + 0.261   3.80
They warh that caution be excercised in using this 
correlation because they could not measure its slope very 
accurately. They do not think much error would be incurred 
if used for the case I <0.06. When I is greater than this 
value, it would be advisable to use graphical correlation.
Nijsing et al (1959) determined the influence of ionic 
strength and type of ion on kg by way of absorption of COg 
into jets of N^OH solution at 20°C. The following table 
has been compiled from their results;
TABLE 3.1.
OH' Dxl0“^ C* X 10 ^ %l k2
0.46 1.55 2.91 2160 5450
1.05 1.41 2.38 6060 6200
2.07 1.14 1.68 17700 9000
The logarithm of kg was plotted against :ionic strength.
I, and a straight line of the form:
y = m x + c  _ _ _ _ _ _ _ 3.81
2
vO,
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was obtained. According to Moelwyn-Hughes^and Grube and 
Schmid (1926), for dilute solutions the relationship between 
kg and I would be
log kg = log kg + a ’I - _ _ _ _ _ 2,82
where a’ is a constant depending on the system. The results 
of Pinsent et al (1956) and Nijsing et al (1959) are in 
accord with this postulate. By extrapolating to zero ionic 
strength, the value of k° was found to be between 4800 and 
5900 which is reasonably near to what Paurholt
(1925) and Pinsent et al (1956) obtained by entirely different 
experiments.
Barrett (I966) measured the rate of absorption of CO,
into NaOH/NagGO^ solution on a laminar jet apparatus at 20°C 
He has correlated his data as
logio kg = 3,.8"8o4 ■+ 0.1317 [oHJ - -  ------3.83
He has also produced'a graphical comparison of his data to 
those obtained by Hikita and Asai (1964), Nijsing et al (1959) 
and Pinsent et al (1956).
Since expermiental tests have established the validity of 
equations of 3.?8 and 3-80 or 3.83, the equations can be 
combined with confidence in the product.
The procedure for combining the equations is as follows:
Equations 3.78:-- log kg = 13.635 ~ 2895/T - - 3.83a
for convenience it may be written as:
y ^ = C + m x  _ _ _ _ _ 3.83b
y^ corresponds to log kg at infinite dilution,(i.e.1=0),
n to l/,p
At a higher value of I, we have
y = y_ + I ~ ~ _ 3.83c" 31
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Prom equation 3.83, |2 , Q.1317  3.83d
y = + 0.13171----------3.84
substituting back for y and y^ :
l o g i o  k% = 1 3 . 6 3 5 - 2 8 9 5  + 0 . 1 3 1 7 1  3 . 8 5Ï
On test it has been found that this equation fits the 
data of Pinsent et al. Nijsing et al., Hikita and Asai 
and Barrett to within 10%.
3. 3. 2. Diffusivities of Carbon Dioxide.
3.3.2.1. In water
Much data is available on the diffusivities of COg 
in water. Thomas and Adams (1965) used laminar jet 
method to obtain values of COg diffusivities in water 
against temperature. Thomas (I967), too, has presented 
values of diffusivities against temperature for which he 
claims a high degree of accuracy. Nijsing et al. (1959) 
employed a wetted wall column to measure the value of 
the group C* and extracted the value of by using
values of C* in literature. Their results have been 
correlated graphically with temperature. The data of 
five other researchers have been included to facilitate
comparison. A single correlation fits the sets of data 
very well.
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Davidson and Cullen (1957) used water flowing 
down a sphere to obtain values of C*/d"^  and then calculated 
Dq. a typical result w^ as D^ = I.92 x 10“  ^ cm^/sec at 25°C. 
Barrett (I966) extended the data obtained by Sharma (1964) 
from laminar jet experiments to cover the temperature range 
12^ to 55^C. He then performed a regression analysis on 
the data of Sharma, Nijsing et al. and his and obtained 
the following equation as fitting the data best:
logio (CU) - 4.1764 + 712.5 “ 2.591 X 10^ ------  3.86° T 1^
3. 3. 2. 2. Diffusivities of CO2 in N OH/N CO Solutions.________________________________________________ a _______a  2 3______________________
The diffusivity of CO2 cannot be directly measured in 
solution or solutions with which it reacts. One has to resort 
to obtaining values for a measurable parameter from which the 
diffusivity can then be estimated. The most common relationship 
which is often used is the Nerst-Einstein equation:
—  = constant    3.87T
Barrett (I966) has computed values for Du/T and Du using 
D values from equation 3*86 and u values from Perry (I963) 
over a temperature range 0° to 6o°C. His table shows that 
the relationship Du/T is not satisfactory over a wide range 
of temperatures, and that
Du = constant---------- ------------ 3-88a
or Dja'^ = constant  ------------------ 3.88b
■is preferable.
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œ is a constant which describes the solution and the 
constants in equations 3.88a and 3.88b are functions 
of temperature but independent of solution composition.
Thomas and Adam (1965) used equation 3.8? in their 
work to measure the diffusivity of N2O in water and 
glycerol solutions at various temperatures. In 
conclusion they suggested 0.94 for . Ratcliff and 
Holdcroft (1963) also used equation 3.87 and tentatively 
suggested « = 0.637- Nijsing et al. (1959) found «: to be
0.8 for MgSOit and 0.9 for NazSO^ from their wetted wall 
experiment. On reanalysing their data Barrett (I966) 
found the values to be 0.77 and 1.2 respectively.
It is apparent from this survey then that no one 
value of can be picked with confidence. However, it is 
obvious that the correct value is near unity. It was 
decided to use equation 3.88a in this work. The same 
equation has been used by Mehta and Sharma (1970), 
Pasink-Bronikowska (1969) Pohorecki (I968), Barrett (I966) 
and Harris and Roper (I963).
Viscosity values will be obtained from the correlation 
of Hitchcock and Moilhenny (1935). Reaction of COg with 
NaOH solution causes the replacement of OH^ ions by CO"3 ions. 
However, the change in solution viscosity is almost negligible 
Therefore in this work,the viscosity values will be taken as 
the viscosities of the NaOH solution.
3. 3. 3. Solubilities of CO2
-112-
3. 3. 3. 1. Solubilities of COg in Water.
For dilute concentrations of most gases, the 
eqilibrium relationship is given by Henry's Law.
" ^^A    — -------3.89
where
= partial pressure of a component A in 
the gas phase 
C^ = the concentration of the component 
in the liquid 
H = Henry's constant
It was assumed in this work that for the degree 
of partial pressure used (up to 8% of latmo.), COg
obeys the Ideal Gas Law and Henry's Law. Therefore 
for dilute solution of COg in water, we have
P = H ^ C ---------------------       3.90
where H^ = Henry's constant in water for COg
Henry's constants have been measured as functions of 
temperature by Morrison and Billett (1952). Their data 
have been extended by Seidell (I958). Barrett (I966) has 
used the data of Morrison & Billett and his own measurements 
to obtain the regression equation:
logio (1/Hq) = 6.1229-5.9044x10-2% T + 7.8857x10-5% T^ 3.91
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where 1/^ .^  is Henry's constant for pure water at an 
absolute temperature T^K (gm.moles/ml.atmos).
It should be noted that in stating the law I have 
made p the subject whereas Barrett made c the subject, 
hence I have used 1/^ .^  rather than Ho in equation 3.91.
3. 3. 3. 2. Solubilities of COg NaOH/NagCOs Solutions.
It is not possible to measure the solubility of a 
gas in a solution with which it reacts by convectional 
methods. However, in the case of electrolyte solutions
the method originally proposed by Setchenov (1892) and
developed by van Krevelen and Hoftijzer (1948) can be used
logio (H/Ho) = h i --------------------------3.92.
where H^ = gas solubility in water
H = gas solubility in solution
I = the ionic strength of the solution 
h = sum of contributions referring to the species 
of positive and of negative ions present and 
to the species of the gas
I = 1    3.93a
where c^ is the concentration of ions of valency z^ .
h = h^ + h_ + hj^------------------------  3.93b
Barrett (I966) has recently evaluated h for various 
species, using more comprehensive solubility data than 
those considered by van Krevelen and Hoftifzer. His values 
together with others given by van Krevelan and Hoftifzer 
have been presented by Danckwerts (1970) as in Table 3. 2.
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The production of NagCOs from the reaction of Cog 
and NaOH raises the question of how to deal with mixed 
electrolytes. Danckwerts supposes that the value of H 
will be given by an expression of the form.
logio (H/Ho) = hill -f h g l g + --------------------- 3.94
where Ii is the ionic strength attributable to species 
No.l of electrolyte and hi has the value characteristic 
of that electrolyte. In the absence of no other and 
better method, equation 3*94 has been used in this work.
3. 3. 4. Relative Depletion of OH^ ions at the Interface
The reaction between dissolved COg and OH^ is second 
order. But it can be considered as pseudo-first order 
providing the concentration of OH^ ions at the interface 
is not significantly depleted by the reaction. The 
depletion of OH^ ions complicates the analysis of the 
reaction by the formation of HCOa^ ions. It is therefore 
necessary to prevent the depletion of OH^ ions at the 
interphase.
In order to calculate the depletion of OH^ ions 
Danckwerts and Kennedy (1958) made the following assumptions:
1. the depletion is small,
2. the concentration of OH^ ions can be regarded
as uniform,
3. The reaction is first order in the local
concentration of COg and has the same velocity 
constant everywhere.
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4. the diffusivities of COg and OH^ ions are equal.
On the basis of these assumptions, they formulated an expression for the fractional OH^ ions depletion after a time t:
[““‘It.o - ft _ 20.  , 5
where H   ^  ^ _ concentration of OH^ ions at time t = o.
C* = concentration of COg at the surface 
The function f% (kt) can be deduced from
f1 (kt) = kt/2, kt<l 3. 96
f 1 (kt) = 2 /kt/Tf - 1, kt>5
where k is pseudo-first order reaction rate constant.
The experimental conditions needed to achieve low 
fractional depletion rates are:
l-c- very dilute COg/air mixtures resulting in a lower value
of C*, this also reduces heat of absorption.
2. short contact time. A short contact time between gas
and solution gives lower fractional depletion.
3. high OH^ ion concentration. It has the effect of 
increasing kg while diminishing C*.
4. low and constant temperature. Decreasing temperature
increases c* but the resulting effect is annulled by the 
decrease in kg.
In order to achieve low OH^ ions depletion rate in this 
work, the following conditions will be used:
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COg composition in air = up to 1% by volume
Liquid composition = IN of NaOH solution
Temperature of solution = 20°C.
3. 3. 5. Mass Transfer Coefficient and Interfacial Area.
It is necessary to know the values of the liquid .film 
mass transfer coefficient, 'k^y, and interfacial area, 'a', 
for the absorption reaction in order to assess the effect 
of chemical reaction on the rate of absorption. It has 
been found convenient to measure the quantity, 'k^a', by 
physical absorption, 'a’ by chemical absorption and hence 
calculate 'k'^ - Harris and Roper (I963) and Eben and 
Pigford (1965). A system in which the gas side resistance 
is negligible is usually chosen. In such system,
k^a >>H.k^a--------  3*97
This condition is satisfied by the systems COg-air-water and 
COg- air - NaOH solution. The former is used in mass transfer 
studies to determine 'k^a' and the latter in absorption 
studies to measure 'a'. The results are then combined to 
calculate *k'^. The validity of this procedure rests heavily 
on the assumption that the physical properties of the COg_%air- 
water. That is:
(k,a) = (k^a) chemical abs. ----  3,98physical abs.
Eben and Pigford (I965) and Harris and Roper (I963) have 
produced graphical carrelations which show that the assumption 
is true to within 10% if and only if the absorption reaction 
is pseudo-first order.
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Calderbank (1959) has measured interfacial area 
on sieve plates by an optical method and correlated his 
result as:
a = 0.38(u/y )°'??5 (up/^a^P'125 (gp/d=)l/3cm-l ---  3.99
where = velocity of rise of bubbles in the froth, cm/s 
n = number of holes per unit area of plate 
d = hole diameter, cm
« = surface tension of liquid, dyne/cm
u = superficial gas velocity, cm/s. 
p = density (gas) g/cm^
g = gravitational acceleration cm/sec^
The formula is based on experiments with a wide range of 
liquids, gases, and sieve plates, Calderbank noted that 
’a' increased proportionally with superficial gas velocity 
until about 8 cm”  ^whereafter it remained almost constant. 
The formula is for values of 'a' below 8 cm“l. Sharma and 
Gupta (1967) using a fast first-order reaction found values 
of 'a’ in the range 2 - 5  cm“l. In spite of the number of 
methods available, it is advisable to use the one which is 
closely related to the purpose for which the magnitude of 
’a' must be known. This review has therefore been limited 
to absorption on sieve trays.
Porter et al. (I966) measured 'k^a' from physical 
absorption and 'a' from chemical absorption. They recorded 
values of 'a' in the range I.5I to 2 cm"^ for IN-NaOH 
solution, and 1-2% COg in air. A typical value of k^  a is
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0.0374 sec Values of k, and k,a have been plotted 
against superficial gas velocity and contact time. Smith 
and Wills (I966) measured 'a' for CO2 absorption into
0.085N~Na0H solution on a sieve tray. The plate was 
perforated with 1/8 in. holes and had 3.52% free area. 
Their data have been correlated graphically against 
clear liquid heights on the tray.
Kuzmin and Koval (1953) have measured 'k^ ' values 
on their sieve plate and correlated their data with 
viscosity and superficial gas velocity. Harris and 
Roper (1963) worked on a 12 in. diameter column absorbing 
CO2 into NaOH solution. They used | and 4 in. weir 
heights and obtained values of
(k£a/kj^ a) - 1 against /DkB°/k^ for 20,40,.60 and 
conversion of NaOH to NagCOs. The sets of data‘are very 
well correlated by the line
= 1 + 1.34  3.100k^a ^
where k*^ = mass transfer coefficient for chemical absorption 
k^ = mass transfer coefficient for physical absorption,
Eben and Pigford (1965) followed a similar procedure 
as Harris and Roper . Their plate contained I/I6 in. 
perforations on 3/I6 in. triangular pitch. They have 
presented a tabulation of results which include 'k^a', 'a', 
liquid and gas flow rates.
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CHAPTER FOUR 
EXPERIMENTAL PROGRAMME
The research was directed mainly to an investigation of 
the factors affecting the performance of two different sizes 
of sieve tray columns each containing trays with 1-inch 
diameter holes and 3-inch weir. Little information is 
available on such large holes either from research or 
industrial sources. This gap in our knowledge needs to be 
filled as there is some evidence to suggest that their use 
may be extended with benefit as data becomes more readily 
available. Simulated systems have to be used for expediency 
sake but the results obtained can be compared with those 
obtained for smaller diameter holes. The experimental programme 
to be followed can be divided into three sections:
4.1. Hydrodynamic Study 
This study is concerned with the effect of operating 
conditions and column geometry on the hydrodynamic behaviour 
of the aerated liquid mass flowing across the sieve tray, 
over the exit weir and into the downcomer. Attempts will be 
made to simulate industrial conditions in the column by 
using liquid rates up to 3,000 gal/hr/ft. of weir length and 
air rates up to 30,000 ft^/hr. The following measurements 
will be made
1. Air flow rate
2. Liquid flow rate
3. Froth height on the sieve tray
4. Froth height in the downcomer
5. Dynamic head profile across the sieve tray
6. Clear liquid height in the downcomer
7. Pressure buildup in the downcomer
n-121-
8. Head loss in the downcomer underflow
9. Total tray pressure drop
10. Liquid entrainment by the air
.11. Liquid, weeping through the tray perforations
4.2. Liquid Phase Residence Time Distribution Study
Liquid flowing across a distillation tray seldom if ever 
travels from inlet to outlet without mixing in the direction 
of flow. The mixing is usually incomplete and so a concentration 
gradient exist in the liquid phase. The mixing causes some 
liquid elements to reside on the tray for periods longer or 
shorter that the time of residence of the other liquid 
elements. Hence plate efficiency is affected by this 
distribution of residence times. Thus a knowledge of the factors 
which affect the liquid residence time distribution and hence 
the extent of liquid mixing on a distillation tray is of great 
importance in predicting plate performance.
The liquid residence time distribution and the extent of 
liquid mixing will be investigated as functions of liquid flow 
rate, air flow rate and column geometry.
4.3»___ Mass Transfer Study
4.3.1. Physical Mass Transfer
The system air/water/carbon dioxide will be selected 
for this series of experiments. Carbon dioxide has a low 
solubility in water and hence the system may be regarded as 
liquid phase controlled.
The method of predicting the plate efficiency for a system 
such as the one chosen by separately determining the amount of 
mass transfer taking place in the gas and liquid phases is 
well established. The liquid phase efficiency will be
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investigated as a function of liquid flow rate, air flow rate 
and column geometry.
4.3.2. Mass Transfer with Chemical Reaction
The system air/NaOH/CO^ will be employed for this 
investigation. It has the advantage that the kinetics of the 
reaction have been well established.
Experimental results will yield values for the interfacial 
areas in the frothing mass on the test tray (during the 
absorption of CO^ by NaOH solutions. The conditions of the 
experiments will be arranged such that the reaction can be 
considered pseudo-first order of fairly rapid rate, since 
analysis of data is easier for first order reactions. The 
interfacial areas will be measured as a function of liquid flow 
rate, gas flow and column geometry.
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CHAPTER FIVE 
EXPERIMENTAL APPARATUS
5.1 .____ PRIMARY EQUIPMENT
Figure 5*1 shows the appearance of the primary equipment 
and the general layout of the apparatus. Besides the columns 
and the supporting structure, the air and liquid systems are 
also required as primary equipment.
5.1.1. Sieve Tray and Downcomer Data
5.1.1.1. Rectangular Column
Tray
Length of tray 3ft.
Width of tray  ^ 1ft.
Thickness of tray 0.125in.
Diameter of perforations lin
Pitch of perforations (triangular) 3in.
Number of perforations I8 pArea of perforated zone ll4in
% of zone perforated 12.2%
Length of inlet calming section' 5.125in.
Length of exit calming section 7.625in.
Distance between last row of perforation)  ^ .and column wall ) -•fbm.
Length of weir 12in.
Height of weir 3in.
Tray spacing 24in.
Downcomer
Height of downcomer 24in.
Breadth of downcomer 12in.
Width of downcomer 5in.
Height of downcomer exit 3in.
Width if downcomer exit 12in.
“124-
Fig. 5. la  The Main Distillation Rig
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Fig. 5.1b The Distillation Columns
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5 . 1 . 1 . 2 . Round Column
Tray
Diameter of tray
Thickness of tray
Diameters of perforations
Pitch of perforations (triangular)
Number of perforations
Area of perforated zone
% of zone perforated
Length of inlet calming section
Length of exit calming section
Distance between last row of perforations)and column wall )
Length of weir 
Height of weir 
Tray spacing
Downcomer
Height of downcomer
Maximum width of segmental downcomer 
Height of downcomer exit 
Width of downcomer exit
5.1.2. The Columns
32in. 
0 .125in 
1 in.
3 in.
39 
260in^ 
11 .8% .
5.6in.
5.6in.
O ' '^ 5 iVl ,
24in.
3in.
40in.
40in.
24 in. 
3in.
24in.
The columns were placed side by side as shown in Figure 5-1 
with sufficient space between and around them to permit convenient 
operation as well as dismantling and assembling. They were 
fed with air and water by the same fan and pump. Valves were 
provided in the air and water circuits to enable directing 
the air or water into the desired column while shutting the inlets 
and exits to the other. The downcomer to each column emptied 
into the tank directly below it.
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Fig. 5.2 Rectangular column in section,
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5.1.2.1. The Rectangular Column
The column comprised three box-like sections - a top section, 
a middle section, a bottom section, or the windbox and two sieve 
plates. The experimental plate divided the top and middle
sections while the second plate acted as a distributor for the
air coming up from the windbox. Each section was fitted with 
a perspex window to permit accessibility to the trays and/or 
visual observation of the frothing liquid mass on the trays.
The air entered the lower box via a 6-inch internal 
diameter plastic pipe and left from the top end of the top box
by means of a 6-inch pipe which has a wire mesh at its mouth
to prevent excessive carry-over of liquid by air into the fan. 
Water got into the column by means of a 4-inch stainless steel 
spout fixed as shown in Figure 5-2.
5.1.2.2. The Round Column
The round column was similar to the reactangular column in 
construction. However, the top and middle sections were formed 
of 32-inch internal diameter glass. The innovation has the 
advantage of unrestricted visual observation of the frothing mass 
on the tray. Another important feature was that the downcomer 
was internal to the middle section of the round column whereas 
it was external to the reactangular column.
5.1.3. The Air Circuit
The air flow was obtained from a single inlet, 1.5-inch 
width, narrow pattern, high pressure fan No. 30 GV7/30 made by 
."Sturtevant ". It was driven by a 20h.p. totally enclosed 
squirrel cage fire-proof motor.
The air from the fan entered the 'apparatus via a 6-inch 
plastic pipe which had an orifice meter, 3 inches inside 
diameter, fitted inside it with tappings at D and D/2 distances.
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The orifice meter was designed according to B.S. 1042 (1943).
The air flow rate was controlled by means of a gate valve having 
a finely threaded screw adjuster. It was placed in the suction 
pipe leading to the fan.
5.1.4. The Liquid Circuit
The liquid was pumped by means of a double gear stainless 
steel pump manufactured by Automatic Pumps Ltd. The pump was 
driven by a flame and explosion proof motor. It could produce an 
output of 3600 gallons per hour against a liquid head of 30feet. 
Liquid was pumped from the holding tank into a 2-inch copper 
pipe-line which conducted it through a preheater/cooler, and a 
rotameter and then discharged it into an open header tank on 
the top of the columns. Pouring the liquid into the open header 
tank devoided it of its remaining pressure energy which could 
cause vibration in and hence damage to the column. The liquid 
flowed under gravity through a stainless steel inlet downcomer 
onto the upper tray of the column. It then flowed over the 
inlet weir on to the calming section of the tray, the 
perforated zone, the exit calming section and finally over 
the exit weir into the downcomer. The liquid then flowed 
across the lower tray into the lower downcomer which returned 
it to the holding tank.
The liquid flow rate was controlled by means of a by-pass 
valve and measured by a calibrated rotameter with a stainless 
steel float, mounted on the water line between the heater and 
the header tank.
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5.2. MISCELLANEOUS EQUIPMENT
All the equipment which are not essential for the operation 
of the main column are considered in this section.
5.2.1. Dynamic Head and Pressure Drop
The dry plate pressure drop, total plate pressure drop and 
pressure buildup in the downcomer were measured using water 
manometers.
Dynamic head profiles on the tray were obtained using a 
series of manometers along the length of the tray. Each 
manometer had one leg flush with the floor of the tray and the
other leg projecting into the vapour space above the tray.
Static head in the upper downcomer and dynamic head at the 
entrance to the lower tray were also measured using similar 
manometers. Figure 5~5 shows the detail of the locations of the 
manometers.
5.2.2. Measurement of Liquid Entrainment
Figure 5“6 shows in section the entrainment collector. It 
was in two pieces - the bottom piece was a piece of 2-inch 
diameter copper pipe having a wire mesh fixed inside and near 
its bottom end. The size of the mesh was such that it would 
prevent silica gel beads poured on it from falling through but at 
the same time permitting the water-laden air to go up through 
it with little or no resistance. A cover plate was attached by 
means of screw to the bottom of the piece in such a way that the 
plate could rotate about the screw. Two screw holes were 
provided at the piece’s top end for fixing on the top piece.
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Fig. 5 .6a Entrainment Adsorber Inside Column (Bottom open)
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Fig. 5.6b Entrainment Adsorber Outside Column, (Bottom opened), 
shown fixed to column window.
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Fig. 5. 6g Entrainment Adsorber Outside Column, (Bottom closed), 
shown fixed to column window.
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The top piece was essentially conical but with a 
cylindrical provision at its lower end for fixing it to the 
lower piece. The top of the cone had a piece of %-inch copper 
tubing fixed for use in sucking vapour through the collector.
The basket was held in position by a bracket whose other 
end was fixed to the perspex window of the lower tray. Vapour 
could be admitted into or prevented from entering the basket 
by opening or closing the cover at the end of the bottom 
piece by means of a thin, flexible copper rod having one end 
attached to a point on the cover diagonally opposite the 
screw, and the other end outside the column.
The junction of the top and bottom pieces was sealed with 
PTPE tape to prevent entry of vapour there. The top of the 
collector was connected by means of a rubber tubing to the 
suction side of the fan to employ the vapour momentum as the 
driver of vapour through the collector.
5.2.3. . Residence Time Measuring Equipment
The residence time distribution of a steady flow system 
is found by determining the time of passage of tracer material 
injected at the inlet, and having precisely the same flow 
behaviour as the non-tracer material. The residence time 
measuring equipment will be considered under the following 
headings :-
(i) System and choice of tracer
(ii) Choice of inlet signal
(iii) Measurement of outlet signal 
(iv) Dye Injection
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5.2.3.1. System and Tracer
Since the tracer material is taken to be representative 
of the normal material of the system, it is essential that the 
tracer material should have identical properties. It must be 
completely miscible with the non-tracer and should not be 
differentially absorbed, reacted or retained in the system.
A concentrated solution of dye, ’Nigrosine', in water was 
used in this investigation as a tracer. It is an almost black 
dye, highly soluble in water and detectable by eye or photocell 
at a dilution of 150 parts per million in water.
5.2.3.2. Inlet Signal
Three types of inlet signals are commonly utilised - pulse, 
step and sinusoidal signals. Because of the need for 
mathematical simplification, it is always assumed that an inlet 
signal is of idealised simple form, an assumption which is seldom 
true in practice because of experimental limitations.
An ideal step change demands that inlet concentration of 
tracer should change instantaneously from one steady state value 
to another. An ideal pulse may be considered to be two 
instantaneous step changes, an infinitesimal time interval apart, 
a situation which is impossible to realise in practice. However, 
if the conditions (At.V^) < O.O5 is satisfied, then the error
can be considered as negligible. At is the inlet signal lasting 
t ime.
/In the system finally adopted, a pulse of tracer v/as 
injected as a time dependent concentration of tracer into the 
flowing liquid, at three points contiguous to the inlet weir 
and evenly spaced. This was to ensure that the liquid flowing 
on to the tray has a uniform concentration of tracer. A
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pressure-controlled valve was fitted to the end of each tracer 
injection tube to prevent leakage of tracer on to the tray after 
each injection pulse.
5.2.3*3* Outlet Signal
The variation with time of the relative tracer concentration 
in the fluid leaving the system is termed the outlet
signal. The measurements of tracer concentration may be made 
on a sample portion of the fluid stream, as representative of 
the total, or on the total fluid stream itself, internally 
or externally, continuously or as discrete samples. For ease 
and rapidity of analysis, the light absorption property 
dependent on tracer concentration was measured instead of the 
actual tracer concentration. However, it had to be ensured 
that linear relationship exists between light absorption 
Property of tracer and tracer concentration. The measurements 
made were therefore a direct record of outlet signal.
After careful consideration of the possible ways of 
measuring the outlet signal, it was decided the most efficient 
and accurate method would be to analyse the liquid continuously 
for tracer, using an internal detector. As mentioned previously, 
a light absorption technique was adopted using the dye ’Nigrosine’ 
as the tracer material.
Figure 5“7 is a photograph of one form of the detector 
unit. It comprises two water-tight rectangular brass boxes, 
one at each end of a hollow box through which liquid could flow. 
One rectangular box housed the photocell, and the other, the 
light source. On one side of each box was located a glass 
window, so arranged that when the detector unit was assembled.
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the windows faced each other. The central box was divided into 
two compartments by means of an underflow weir. • The first 
compartment housed the beam of light from the lamp to the cell 
and admitted part of the liquid stream into the detector.
The second compartment was formed of the underflow weir 
and an upright weir. Water was admitted into the first 
compartment, flowed past the underflow weir into the second, 
compartment and then over the upright weir to the outside of 
the detector.- The upright weir ensured that the first 
compartment was always full. A wire mesh at the entry to the 
first compartment prevented the admission of gas bubbles.
The detector unit was designed to suspend from the exit 
weir and on the downcomer side of it so as to catch liquid from 
the central ^0% of the length of the weir dropping into the 
downcomer. This liquid coming from the detector also dropped 
into the downcomer.
A 12V, 5amp power supply was used to power the 36 watt 
tungsten halogen bulb (light source), whose light intensity was 
sensed by a selenium photocell type 001-55.008. The output 
from the photocell was fed to a load resistor the value of 
which wras selected to give a logarithmic response. The voltage 
across the resistor was passed to a circuit consisting of two 
amplifiers, the first being a buffer, providing a very high 
impedance, and the second, a differential amplifier.
The voltage from the resistor was passed to one input of the 
differential amplifier and an adjustable voltage to the second 
input. This provided a means of adjusting for a zero reading 
at the output at the start of any measurement cycle by using 
the coarse and fine resistor knobs on the front panel.
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The output from the control unit was fed to a data logging 
system comprising a Solatron Digital Voltmeter LM1420, Punch 
Drive LUI718, Scanner Unit LU1461 and an Addo Punch Type 5.
By means of a vanner timer, driving a solenoid valve, 
dye injection could be effected for a desired period of time 
between 0.01 to 10 seconds. The timer and i data. 
drive were operated by the same starter so that the record 
of dye concentration at the exit commenced from the instant 
of dye injection.
At the start of any measurement cycle, the output of 
the photocell was balanced under the condition of no dye in 
the outflowing liquid against the adjustable voltage for zero 
reading on the voltmeter. Out of balance was obtained on 
injecting dye and the degree of the out of balance was a 
measure of light obscuration by the dye. A digital record 
of the change of dye concentration in the liquid against time 
was provided continuously on paper tape by the data logging 
system.
5.2.3-4, Dye Injection
A pulse tracer injection required the delivery of the 
required quantity of tracer within a fraction of a second. 
Also the tracer delivery into the liquid must be such that 
the inlet liquid will have the same concentration of dye 
anywhere in it at the same time.
In order to meet these requirements, a dye tank was 
constructed from a five foot-length of six inch-diameter 
steel pipe and provided with an opening to a 60psi pressure 
source. Dye from the bottom of the tank was led through 
Jin copper tubing to injection points in the column via a
—14 6 —
solenoid valve operated by the venner tinier. The dye 
injection points in the column were spaced evenly along the 
inlet weir and fitted with pressure sensitive Scharader 
valves to prevent more dye from issuing onto the tray after 
each injection.
Valves were provided on the dye tank to facilitate 
refilling and emptying of the tank and letting out 
pressure.
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5.2,4. Mass Transfer Equipment
The quality of results obtained from the sieve tray 
apparatus depended heavily on the frequency, speed and 
accuracy with which the analysis of the gas and liquid 
samples were made. Therefore, care was excercised in 
selecting and designing the required equipment. The 
equipment used could be touched on under the following 
headings.
(i) Injection of'carbon dioxide
(ii) Gas sampling
(iii) Measurement of carbon dioxide concentration
5.2.4.1. Carbon Dioxide Injection
In order to minimise the concentration gradient in the 
gas stream, it was necessary that carbon dioxide should be 
perfectly mixed with the air stream, thus a regular flow of 
carbon dioxide was desirable. At a high flow rate of carbon 
dioxide the nozzle became blocked due to throttling effect.
To overcome that hindrance, the nozzle was heated with coils.
Carbon dioxide was conducted from the gas cylinder, through
a pressure stabiliser and rotameter into the suction side of
the fan. The flow to the rotameter was controlled by a fine
thread needle valve. Passing the gas into the suction side
of the fan promoted intimate mixing of the gas and air before
entering the column.
5.2.4.2. Gas Sampling
An essential requirement of gas analysis by the infrared 
technique is that the gas sample must be dry. The gas sample 
from the tray contained entrained liquid. Figure 5.10 shows 
the set-up of apparatus employed in drying the gas before
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passing it into the analyser.
The sample was first sucked into a small cylinder of 1-inch
diameter. It terminated in a cone and |-inch copper tubing which
led the sample from the column into a drop separator and a cooler.
It was then pumped through a U-tube containing silica gel to
remove the last traces of liquid. By means of a rotameter and a
valve, the sample was finally passed at the rate of 40&/hr into
the analyser while the remainder was led back into the air line.
The percentage of carbon dioxide in the sample was continuously
and directly recorded by a flat bed chart recorder made by
Bausch and Bomb, type Vom 6.
The sampling line from column to gas pump was tested under
pressure and found to be air-tight. Continual purging of the
analyser with nitrogen gas was carried out during the experimental
run to avoid errors. Two streams for sampling were designed:
one before the experimental tray, the other after it.
5.2.4.3* Carbon Dioxide Concentration
There are four principal methods for analysing carbon
dioxide in air.
(i) Chemical method - e.g. the Winkler technique, or,
gravimetric absorption in concentrated 
potash solution.
(ii) Volumetric method e.g. the Orsat or Haldane method.
(iii) Physical method e.g. gas chromatography, polarography,
interferometrically, gravimetrically, 
colorometrically, mass spectroscopy 
and pH method.
(iv) Infra-red absorption technique.
Any of the above mentioned methods can be used. Accuracy of 
the various methods varies and some are very sensitive to 
impurities in the sample, e.g. gas chromatography. When the 
concentration of carbon dioxide is less than 1% by volume, the
“150-
accuracy of most of the methods rapidly fall off e.g. Haldane’s 
method.
In this study a direct and highly accurate method of 
analysis was more desirable in order to get very accurate 
carbon dioxide absorption rates. After a careful study of most 
of the available methods, it was decided to analyse the gas 
sample by infra-red absorption technique. It is a direct and 
continuous method therefore it was possible to keep the inlet 
concentrations of carbon dioxide to the tray constant, and to 
analyse the gas sample before and after the experimental tray 
instantly and continuously. The amount of carbon dioxide in the 
sample was directly recorded on a chart, by the Bausch and Bomb 
recorder.
The infra-red gas analyser used in this work was ’Infrayt III’ 
developed by GEC-EBBIOTT PROCESS INSTRUMENTS BTD. The Infrayt III 
Is specified to be accurate to within 2.5% of full scale. Use 
without the correct voltage, frequency, or temperature can induce 
errors. Use of thermostat inside the instrument eliminates the 
temperature error. The recorder has dynamic response, dead time 
of approximately one second. It has two measuring ranges - 
0 to 2% by volume and 0 to 15% by volume.
5.2.5. Measuring Principles of Infra-red Receiver
The operation of the Infra-red analyser is based on the:
absorption of infra-red radiation. It is a very accurate method
of measuring the amount of carbon dioxide in air and can detect
as small as lOOppm of carbon dioxide. The required specific
indication is achieved by using a selective radiation receiver.
The heat radiation is emitted by two chrome-nickel filaments
heated to red heat (700°C) and connected into two beams by the
See Pig.5.11.parabolic mirrors (1) and (7).A These beams pass through a
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measuring cell (8) and a comparitor cell (3) to the radiation
TLreceiver (5). The compactor cell (3) contains a gas which does 
not absorb the infra-red radiation - Nitrogen.
The test gas mixture to be analysed passes through the 
measuring cell (8). If the test gas exhibits the property of 
absorbing infra-red radiation, the two radiation beams 
emerging from the two cells differ in intensity in the 
appropriate wavelength range. The principle of selective 
measurement in this equipment consists of measuring the 
intensity difference of the infra-red radiation by using as 
radiation receiver,, a sealed volume of actual gas to be 
measured.
The radiation receiver consists of two chambers (4) 
and (9) which are sealed off from the outside by windows 
transparent to infra- red radiation, and which are separated by a 
diaphragm condenser. This condenser consists of a thin metal 
foil (10), mounted under tension at a distance of a few 
hundredths of a millimeter from a carefully insulated metal 
plate (6).
Now if the test gas contains some of the receiver gas, 
the resulting difference in the radiation produces a selective 
pressure and temperature difference between the two chambers 
of the receiver, which gives rise to a change in capacity.
A rotating chopper (2) interrupts the two beams periodically 
in synthronism. The interruption takes place 6.25 times 
per second. This measure includes the slow and non-selective 
heating of the cell walls so that only the temperature rise of 
the gas is measured.
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The resulting periodic variation in capacity is converted 
into an A.G. voltage charge. The low level A.C.. voltage output 
now available at the radiation receiver is amplified in a 
Valve amplifier (11), rectified and then fed to an indicating 
or recording instrument (12)
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chapter SIX 
DETAILS OP EXPERIMENTAL PROCEDURE
The details of experimental procedures are best 
outlined by subdividing the discussions into the three 
phases of the work, i.e. hydrodynamic study, liquid 
phase residence time study and mass transfer study.
Preliminary calibrations of the various instruments 
were carried out according to standard procedures and 
are given in appendix Al.
6. 1. Hydrodynamic Study
The fan was first switched on and air circulated 
through the column before any liquid was pumped into the 
column. As a result of the work done by the pump and fan, 
the temperature of the liquid and vapour (air) rose rapidly 
at first. However, the rate of increase tailed off until 
eventually the temperature within the column remains 
sensibly constant.
6. 1. 1. Pressure Drops and Dynamic Heads
All air bubbles inside the rubber tubings connecting 
the pressure or dynamic head manometers to the point where 
measurement was to be taken were carefully removed before 
taking readings. Many readings were taken for each 
pressure or dynamic head measurement and the average was 
corrected for surface tension effects by subtracting
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capillary rise which had been previously measured. (The 
measurement of capillary rise is described in Appendix 
A.1.2.). The corrected readings were used in subsequent 
calculations.
6. 1. 2. Measurement of Entrainment
A known weight of silica gel whose crystal sizes 
were such that they could not drop through the mesh was 
put in the entrainment collector. All possible inlets 
for vapour except the bottom were tightly sealed. The 
collector was then fixed inside the column as in Fig. 5-6 
in a desired position with the cover plate closed.
A rubber tubing connection was provided for conducting 
the vapour through the collector into the vapour line after 
the column. The vapour driver through the collector was 
the vapour momentum. An external driver might be difficult 
to use to drive vapour through the collector at the speed 
of vapour through the column.
Air was switched on and set to the desired rate. It 
was allowed to reach steady state and then water was switched 
on. When the whole system was at steady state, the collector 
was opened fully and at the same time the tubing connection 
with the external vapour line was made.
Silica gel has the characteristics of changing colour 
from deep blue to pink on contact with moisture. The pink 
colour lightens the more the wetting the gel receives from 
the moisture and by the time it has absorbed as much moisture
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as it can, it is white. Soaking is the extreme case of 
wetting or moisture absorption and not desirable in 
accurate measurement of gel’s capacity to absorb moisture.
In this work the silica gel was only allowed to just 
change from blue to pink over a height of I in. from the 
mesh. The length of time for which to open the cover plate 
to achieve this amount of wetting depended heavily on the 
flow rates of the liquid and vapour. That exposure time 
was first determined by trial and error before actual 
measurements were made.
The silica gel was quickly prevented from further 
contact with vapour by shutting the cover plate as soon 
as the exposure time was attained. The fan and water 
pump were switched off and the entrainment collector 
removed from the column. All traces of water.on its 
outside were dried before reweighing on a sensitive 
balance to assess the change in weight of the gel. This 
change in weight corresponded to the amount of moisture 
absorbed from the vapour for the period of exposure.
6. 1. 3, Estimation of Weep Point
* The fan and the water pump were switched on and the 
whole system was allowed to reach steady state. The 
water flow rate was then set at a desired value by means 
of the rotameter on the water line and the air increased 
to its maximum flow rate. The value of the total plate 
pressure drop at that air flow rate was noted. Further
-157-
record of pressure drop versus air flow rate was made 
by continually decreasing the vapour flow until all the 
water was going down through the perforations to the 
lower tray rather than flowing over the exit weir into 
the downcomer. The process was then reversed and 
measurements made as described. The exercise was 
repeated for more liquid flow rates.
6. 2. Liquid Phase Residence Time Study
Air and liquid rates were set at the required values 
for a sufficient length of time to ensure steady state 
conditions within the column.
For each set of conditions investigated, the optimum 
size of the tracer pulse was obtained by adjusting the air 
pressure inside the tracer holding vessel. For all 
conditions, a pulse of 0.1 seconds was employed. Care was 
taken to ensure that the injection pulse did not cause 
the detector to operate outside the range of linear response,
There was the tendency for dye-contaminated water to 
be returned into the column. To obviate this tendency, the 
water circuit was arranged such that contaminated water from 
the column did not go into the tank from which water was 
being pumped into the column. Instead, the contaminated 
water went into the second tank from which it was bled 
into the drain continuously.
For each set of operating conditions the response 
to three separate injections was determined and a mean
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value used in the calculations. Care was taken to ensure 
that the concentration of dye in the inlet liquid remained 
constant through each short period of injection.
6. 3• Gas Absorption Study
6. 3* 1. Physical Absorption
The experiments were performed with carbon dioxide, 
air and water. In these runs, many of the preliminary 
adjustments were similar to those previously described.
Carbon dioxide was injected into the air stream on the 
suction side of the fan. The fan acted as a mixer and the 
gas was assumed to be completely mixed with the air stream 
as it came out of the fan. The inlet concentration of gas 
was kept constant and was checked continuously with the 
help of the infra-red gas analyser.
The inlet and exit temperatures of the air were 
measured. The true dry bulb temperature of the air stream 
leaving the tray was complicated by the presence of entrained 
water droplets. The technique used by Harris and Roper (1962) 
to measure dry bulb temperature was adopted. The dry bulb 
thermometer was placed in a right angle side arm to avoid 
wetting and a continous flow of air past the thermometer 
bulb was ensured by having the side arm unsealed. The 
temperature of the frothy mass on the tray was also 
measured by means of thermocouples at the inlet weir, at 
the tray centre and at the exit weir.
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It was observed that the solubility of carbon dioxide 
in tap water was slightly different from that reported in 
literature for pure water. Therefore, it was decided to 
obtain the solubility data experimentally for the tap 
water used in the column. A stream of gas bled from the 
column was bubbled through a flash bottle containing tap 
water for at least one hour, as recommended by Porter et. 
alia (I966). The temperature and pressure inside the 
flash bottle were noted. The gas stream from the flash 
bottle was discharged into the suction side of the fan.
While draining the liquid from the flash bottle particular 
care was taken to minimise the changes in pressure and 
temperature. The calculated values of solubility were 
corrected for tray conditions of temperature and pressure.
Fresh water was continuously fed into the column.
When conditions inside the column reached steady state, 
the sampling lines were flushed for some time before 
collecting liquid samples. Samples were collected from the 
inlet and exit to the tray. In order to arrest the dissolved 
gas in the liquid sample, 25 cm^ of O.OIN of sodium hyroxide 
was pipetted into a bottle and made up to 250 cm^ with the 
liquid sample. This way, the risk of the gas desorbing as 
a result of changing temperature and pressure was obviated. 
The sample for measurement of solubility was treated 
similarly. Throughout the course of the experiments, the 
partial pressure of gas in the air stream was watched by 
means of the infra-red gas analyser and kept constant.
Further runs were made for more air and water flow rates
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6. 3. 2. Absorption with Chemical Reaction
These experiments were conducted with carbon dioxide, 
air and sodium hydroxide solution. The preliminary 
adjustments were as described above. The liquid and air 
rates were set to the desired values. The fraction of gas 
in the air stream was set and kept constant. The temperature 
of the froth was measured with thermocouples at the tray 
inlet, tray centre and tray exit. Air stream temperatures 
were measured with mercury thermometers, these temperatures 
were kept constant with the help of a precooler fitted in 
the feed line before the rotameter.
Heating coils were fitted on the exit of the carbon 
dioxide gas bottle to prevent the formation of dry ice which 
could be consequent on high rates of flow of gas from the 
bottle. The gas flowed to a one-foot diameter cylinder 
which acted as a pressure stabilizer providing a regular 
flow of gas to a fine needle rotameter. The gas was then 
discharged to the suction side of the fan.
The sampling lines were flushed for some time before 
withdrawing samples. The flash bottles were also flushed with 
nitrogen gas to expel air, before admitting liquid samples 
from the tray inlet and exit. Sampling was done in the 
shortest time possible but bearing in mind that the situation 
in the column must not be disturbed.
Continous analysis of the gas stream was done while 
the experiment lasted with the infra-red analyser. However,
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gas phase analysis could not be regarded as highly 
reliable because the change in the gas phase composition 
across the tray was very small. A very small error in the 
value of either inlet gas composition or outlet gas 
composition could produce a significant error in the results 
whereas such an error might not be noticeable in the trace 
of the analyser. Therefore, the only reliable method 
available for calulating the rate of carbon-dioxide absorption 
was the measurement of the rate of depletion of the sodium 
hydroxide solution.
An automatic titrator manufactured by Radiometer of 
Copenhagen was used for analysing the sodium hydroxide 
solution samples. The titrator had an accuracy of 99.98% 
of total volume.
A photograph and description of the titrator are 
given in Appendix A1.5*
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chapter SEVEN 
RESULTS AND DISCUSSIONS 
7.1. HYDRODYNAMICS
7.1.1. Vapour Pressure Drops
In flowing through the column, the vapour and the 
liquid lose energy as a result of friction, contraction, 
expansion, change in direction, eddy formation, bubble 
formation and supporting the head of the liquid on the 
trays. During column operation these losses manifest 
as pressure drops through the column, the plates or 
between two points. They could result in abnormal 
temperature gradient from plate to plate or liquid 
back-up in the downcomer becoming high enough to cause 
flooding. It has therefore been necessary to evaluate 
their extent quantitatively from the consideration of the 
design, operating and system variables.
The most significant of all.these losses is the 
pressure drop suffered by the vapour in going through an 
operating tray. This is called the total plate pressure 
drop. It is convenient to consider the total pressure 
drop as comprising two resistances in series;
1. Pressure drop due to vapour flow through the perforations, 
(dry plate pressure drop).
2. Pressure drop due to hydrostatic head of aerated mass of 
liquid on the tray.
The total plate pressure drop and the dry plate pressure drop
can be measured separately and the loss due to hydrostatic
head of aerated mass deduced from the measurements.
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7.1.1.1. Dry Plate Pressure Drop hÉ2
The change of the dry plate pressure drop with F^-factor 
has been investigated. The results are shown in Table A3.1 
for the rectangular column and in Table A3.2 for the round 
column. Graphical correlations for both results have been 
presented together in Pig. 7.1. from which it is apparent 
that the dry plàte pressure drop varies exponentially with 
F^-factor.
Thomas and Campbell (1967), Arnold et al (1952) and 
Hunt et al (1955) have correlated dry plate pressure drop 
with hole velocity. Their results can be summarised by the 
equ tion
--------------  7.1.
where
'D
hole vapour velocity
discharge coefficient of vapour through
the holes.
k = constant 
Equation 7.1. is similar to the orifice equation
= S]2g(P/pL)- hdp 7.2
The orifice equation provides the basis for calculating the 
discharge coefficient, C^. If a set of data satisfies the 
orifice equation, then the curve of v^ versus h^^ must be 
a straight line passing through the origin of the plot, C^ 
can be calculated from the gradient of the curve. The 
experimental data in Tables A3.1 and A3.2 have been found to 
satisfy the orifice equation as shown by the plot of v^^ 
versus h^^ in Fig. 7.2.
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The discharge coefficient obtained for the rectangular 
column is; 0.82 and for the round column, 0.94. Therefore, 
equations similar to equation 7.2 can be written for the 
columns, viz:
for the rectnagular column, v^ = 0.82 |2g. p^ . h^^ ~ - 7-3
and for the round column v^ = 0.94 / 2g. h^^ - - - 7.4
For hole diameters in the range l/l6in to ^, the discharge 
coefficients reported in literature are in the range 0.6 to
0.85. Since relatively high values of mean less pressure 
loss as a result of vapour passage through the perforations, 
it can be concluded in the light of the values obtained in 
the present work and those in literature that larger hole 
sizes induce less pressure loss.
Leibon et al (1957) have presented a graphical correlation 
of discharge coefficient with percentage free area and ratio of 
tray thickness to hole diameter. ■ If this correlation were to 
be used to predict the discharge coefficient for the plates 
used in this work, the result would be 0.72. It can therefore 
be argued that trays with large holes are capable of better 
pressure conservation than has so far been conceived.
The difference in the values of the discharge coefficient 
for the rectangular and round columns could be due to the 
different plate spacings used: 24in for the rectangular column 
and 40in for the round column. Though, it might not be economical, 
a long plate spacing will enable the vapour to develop a 
particular flow pattern to some degree before reaching the 
upper plate. This way, the loss due to sudden contraction at 
the entrance to the holes may be reduced.
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7.1.1.2. Total Plate Pressure Drop
The total plate pressure drop, h^, has been investigated 
as a junction of liquid flow rate and P^-factor. The 
experimental results are shown in Tables A3.3 to A3.7 for the 
rectangular column and A2.8 to A2.12 for the round column. 
Figure 7-3 shows the plots of pressure drop versus liquid 
flow rate at constant P^- factors for the rectangular column. 
The curves are fairly parallel for the range of liquid flow 
rates investigated. The slopes of the curves are steep at 
low liquid rates but they decrease with increase in liquid flow 
rate and approach zero at high liquid flow rates.
Second correlation, (Pig 7.4), has also been presented 
to demonstrate the change of plate pressure drop with the 
square of P^- factor. The choice of this form of P^-factor 
can be justified as follows:
P^ “• factor has been defined as
P^ = ujp- (IbZ(ft.sec^) - - - - - 7.5
where u = vapour velocity based on the plate area 
containing perforations, ft /sec 
p = vapour density, Ib/ft^
Inspection of the units of P^ will show that the square 
of P^ divided by acceleration due to gravity will yield the 
units of pressure, that is
P^^/g = u2 . P (Ib/ft^) - ' - - “ 7.6
g
Equation 7.6 implies that a vapour with kinetic energy factor,
2 2P^ can exert a pressure of P^ /g lb/ft against any resistance 
in its path. If this vapour displaces a volume, , of a
resistance, the work done is
= V . P^^/g (ft. lb) - - - 7.7
or ‘ ---------- 7.8
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2Therefore is energy (ft.poundals ) per unit îvolume of
vapour. Since and g are constants equation 7.7 may be written
as :
----------7.9
where is a constant.
Since 5 the total plate pressure drop is a measure of the 
energy expended by the vapour in
1. passing through the perforations,
2. passing through the liquid on the tray and
3. frothing the liquid on the tray,
 7.10
with other column parameters (e.g. hole size, weir height)
and variables (e.g. liquid flow rate) remaining constant.
2Therefore, a plot of h^ versus must be a straight line.
pPigure 7*^ shows the correlations of h^ with P^ at 
constant liquid flow rates. They correlate the prediction of 
expression 7,10 by being straight lines. This result is lent 
some support by the work of Arnold et. al. (1952), Hunt et. al. 
(1955)3 and more recently by Thomas and Campbell (I967) and 
Harris and Roper (1962).
Pigure 7*5 has been presented to facilitate comparison 
between the data for the two columns. The total plate pressure 
drop has been plotted against liquid flow rate per foot of weir 
length, L^ . The curve for the rectangular column corresponds 
to P^ = 1.77 and for the round column to P^ = 1.72. The former 
is a curve of changing slope and the latter a straight line.
Since the P^ values are not the same for both curves, it is 
therefore difficult to adduce a reason for the differences in - 
the values of h^ at the same values of L^ . However, the 
difference could be reflecting the differences in the design of
-172.
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the columns. The differences amount to approximately 6% despite 
the considerable differences in the column sizes-and design.
Empirical equations have been formulated to correlate the 
experimental data. The equation for the rectangular column is:
= 0 . 3 3 5 L “°-9 (L^-25) + 0.188P^2 + 3 . 6 2 3  - 7.11.
and for the round column, it is
h^ = 0.445^^^ + 0.0266L^ + 1.765 - - 7.12
The maximum error between these equations and the experimental data
is 10%. The constants account for the effect of weir height and
the other parameters of column geometry, (e.g. hole size, hole 
spacing, percentage free area, tray thickness and shape of column 
cross section).
7.1.2. Liquid Hold-up on the Tray
The essence of measuring liquid hold-up on the tray is to 
assess its adverse effect to cause column inoperability by 
inducing weeping or entrainment or its beneficial effect to 
increase vapour/liquid contact time. Too high or too low liquid 
hold-up is deleterious to tray operation from the hydraulic point 
of view, whereas a high hold-up provides a high vapour/liquid 
contact time, and therefore is beneficial from mass transfer 
view point.
Since the tray area available for liquid occupation is 
constant for any tray in a column, the measurement of liquid 
hold-up is essentially the measurement of liquid height above the 
tray floor. In this investigation, liquid hold-up has been 
measured by measuring the dynamic head of liquid on the tray.
On a distillation tray, the dynamic liquid head varies from point 
to point being highest at the inlet and exit calming sections.
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This characteristic has been observed and reported by 
Thomas and Campbell (I967). In this work the dynamic liquid head 
has been measured at nine equally spaced points along the length 
of the tray by means of manometers installed in the tray floor. 
The average has been taken as the true dynamic liquid head on 
the tray.
7.1.2.1. Dynamic Liquid Head,
The dynamic liquid head on the tray has been investigated 
as a function of vapour flow rate and liquid flow rate,
Pigure 7-6 shows that increases linearly with increase in 
L while Figure 7*7* shows that it decreases linearly with 
F^ - factor. Figure 7*8 pertains to data from the round column, 
the correlations here also follow the same trend as in Figure 7.6 
These results have been correlated as follows;
For the rectangular column,
Zg = 0.0178L^ - 0.4l7F^ + 2.709 - - - --- - 7.13
and for the round column,
Zg = 0.020L^ “ 0.610F^ + 3.705 ---- ---------- 7.14
The correlations give a very good fit of the experimental
data.
7.1.2.2. Static Liquid Head, Z^
Bernard et. al (1964) have suggested that the dynamic 
head of liquid on the tray should be corrected for the momentum 
head of the vapour before it can represent the liquid pressure 
on the tray. Thus:
Zc = " Py . L  •  ^1 2 ----- 7.15
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where = static (clear) liquid height on the tray per unit
bubbling area, in.
= dynamic liquid height on the tray per unit bubbling 
area, in.
= vapour and liquid densities respectively, Ib/ft^.
Vg = vapour velocity based on the area containing
perforations, ft/sec.
V = vapour velocity through the perforations, ft/sec. o 2g = gravitational acceleration, ft/sec .
The third expression in equation 7.15 is the momentum head, Zj^ , 
therefore the equation can be rewritten as ;
" - 7.16
a. Momentum Head, Z^
The momentum head correlation with factor is shown 
in Figure 7.9 where it is apparent that the momentum head 
increases sharply with F^-factor. However, these momentum head 
values are small compared with the dynamic head values at the 
experimental F^ values.
b, Static Head, Z^
The static liquid heads have been computed according to 
equation 7.16. The results are shown graphically in Figures 7.10, 
7.11 and 7.12. It can be seen that the static head for a given 
F^ factor shows exactly the same variation with liquid flow rate 
as the dynamic head. The correlations for Z^ have been 
obtained from the correlations for Z^ by adding the expression 
for Z^ . Thus for the rectangular column,
Zg = 0.0178L^ - 0.1|17F^ + 0.0423P^2 + 2 .709 t - 7.17
and for the round column,
Z_ = 0.020L - O.6IOF. + O.OI5F .2 + 3.705 “ - 7.18O W A A
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Figure 7-12 has been presented to show the effect of 
column geometry. At the same value of L^, there is a difference 
of O.yin between the Z.^ values-fbr the columns. However the 
data were obtained at two F^ values having a difference of
0.05. it cannot be claimed that this difference will totally
account for the discrepancy in the values, and therefore
some discrepancy must be attributed to difference in column
design. The same arguments are applicable to the coefficients
2of L^, F^ in equations 7-17 and 7.18 above.
Besides direct measurements, the liquid hold-up on the 
tray can be calculated from :
1. Total pressure drop data and
2. Francis formula
1. Total pressure drop data
It has earlier been stated that the total pressure drop 
is made up of three components:
i, dry plate pressure drop, 
ii, pressure loss in the liquid on the tray, and
iii, pressure loss due to frothing.
The statement can be summarised as:
ht = hgp + hf + hy  7 .19
where h^^ = dry plate pressure drop, in liquid.
h„ = pressure head lost in supporting the frothy mass on the tray, in. liquid. (Theoretically, h^  ^ sho
be equal to the head of liquid on the tray),
h^ = residual pressure drop, in. liquid,
Mayfield et al. (1952) have quoted a constant values of 0.2in
for h^, for the case of water as the column liquid, h^^ can be
'obtained from a previous experiment, hence h^, can be computed
using :
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Where Z , = static head - -ch
The static head values, Z^^^ obtained by using equation 7.20 
have been tabulated in Tables A3.3 to A3.12 next to the 
measured values, Zg. They are in good agreement in variation 
with liquid rates and factor.
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2. Static Head from Francis Formula
The liquid crest over the weir may be calculated using 
the Francis Formula .2/_ / liquid flow rate,gall/min\  ^ - - 7.21ow \ 2T6&^ I
where = length of exit weir, inches.
Theoretically, the liquid hold-up on the tray is approximately 
the sum of the exit weir height, and the liquid crest over the 
exit weir, that is.
+ hg* ---------- 7.22
where = calculated liquid head on the tray, in.
h^ = liquid head equal to the weir height, w, in. 
h^^ = liquid crest over the weir, in.
Equation 7-22 predicts static head values that are at 
least 20% higher than those measured directly in the present work. 
However, for a design purpose where empirical correlations are 
not available or preferred, the equation has the advantage that 
it will not predict a static head less than what can be obtained 
in practice. It can, therefore, be used as an upper boundary 
check when an empirical correlation is being used.
7.1.3. Froth height on the tray, Z^
The froth height on a distillation tray is an important 
parameter in mass transfer as it is a measure of the interfacial 
area available for mass transfer. For a given tray area, the 
higher the froth height, the more is the interfacial area 
available for mass transfer.
The froth height measurements have been obtained by visual 
observation through the perspex window of the rectangular steel 
column at three points, viz: at the inlet weir, at the exit weir 
and at the tray centre. The exact location of the boundary between
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the aerated liquid and the gas phase was not easy to determine. 
Therefore, at any particular point, many readings were taken and 
averaged: up to 0.5in. deviation was observed between the readings 
and the averages.
The froth height observation was much easier with the 
round column, the froth being more stable than on the rectangular 
column tray. Observation was made through a thin aperture in a 
piece of thin metal sheet reposing on the outside of the column, 
mounted but movable on a bracket, and having the same curvature 
as the column. Five readings were taken at any point and the 
average selected. No reading was found to deviate from the 
average by more than O.lin.
The experimental results have been plotted in Figures 
7.13 and 7.14 against liquid flow rate. Empirical correlations, 
have been produced too from the data. They are, 
for the rectangular column,
= 0.08E^ + 1.563F^ + 3.517 -------- 7.23
and for the round column,
Z„ = 0.0548L + 2.I6OP. + 4.826 -   - 7.24f w A
The correlations show that increases linearly with F^-factor
and liquid flow rate. This inference is in agreement with the
results of other workers, (e.g. A.I.Ch.E. Researchers (1958).
Harris and Roper (I962) and Thomas and Shah (1964)).
Figure 7.15 again manifests a discrepancy between the data for
the two colums that can be attributed more to differences in
column design.
Though this investigation was limited to liquid flow rate 
and F^-factor, surface tension and viscosity are other parameters 
that have been observed to affect froth height. Barker and 
Choudhury (1959), de Goedaren (1965), Marsman (1962) and 
Mukhlenov (1958) have reported increase in froth height with
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decrease in viscosity and Thomas and Shah, increase in froth 
height with decrease in surface tension. So far no correlation 
of has been proposed that features the five parameters- 
liquid flow rate, factor, weir height, surface tension 
and viscosity together. An attempt to do this, will necessitate 
the use of solutions exhibiting wide properties.
7.1.4, Aeration Factor and Froth Density Factor
The most beneficial characteristic of bubble trays is the 
expansion of the liquid on the trays into froth and hence 
provision of higher vapour/liquid interfacial area for mass 
transfer. Therefore, in designing a distillation tray, one has 
to know how much frothing to expect from a given volume of liquid 
hold-up on the tray for the system being designed to be able 
to predict what interfacial area to expect during operation.
Two concepts have been evolved to make the prediction of 
froth height possible. One is "Aeration Factor" and the other 
is "Froth Density Factor". Liquid hold-up on the tray can be 
predicted from the former while the latter can be used together 
with the prediction of liquid hold-up to calculate froth height.
7.1.4.1. Aeration Factor, 3
The aeration factor as used by most workers, (e.g. Gilbert
(1959)5 Prince (I96O), A.I.Ch.E. Researchers (1958), Thomas and
Shah (1964) and Thomas and Campbell (1967)5 is the ratio of the
depth of liquid after collapse of froth to the depth which the
liquid would attain when flowing across the tray at the same
flow rate in the absence of aeration. This definition can be
formularised by considering a liquid flowing at a rate
L gall/min over a tray, the depth of liquid on the tray without
aeration is h + h , (equation 7*21), and the depth in the w ow
instance of aeration is the measured clear liquid height 
or that liquid height Z^^ deduced from pressure drop
'-191-
measurement s J (equation 7.20). Thus,
Q C________h +h w ow
or 3j^ = - - - - - -  7.26
^w *^ow
Subscript d denotes dynamic head measurements and, h, pressure 
drop measurements.
The variations of the two forms of aeration factor with 
liquid flow rate and air flow rate, (F^-factor) are 
demonstrated in Figures 7*16 and 7.17 for both the rectangular 
and round columns. It can be inferred from the figures that 
aeration factor is solely a function of air flow rate, that 
aeration factors for the bigger column (round column) are 
larger than those for the smaller column and that 3^ is not 
necessarily equal to For the range of liquid flow rates
and F^- factors investigated the values of aeration factor 
recorded are in the range
g Rectangular Column O.58 - O .67
^ Round Column O .83 - O.89
o Rectangular Column 0.40 - O .78
Round Column O.7O - 0.84
Prince (196O), Gilbert (1959), Thomas and Shah (1964) and 
Thomas and Campbell (I967) have reported decrease in aeration 
factor with increase in gas flow rate and an insignificant 
increase with increase in liquid flow rate. The rate for 3^ are 
very well in agreement with the findings of these workers. 
Relative to the 3^ values, the 3j^ values show a more marked 
increase with liquid rate and the 3j^ versus F^ factor for the 
round column shows increase of 3j^ with F^-factor. This result
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agrees only with the report of Mayfield et.al. (1952). As it is 
at variance with the data for the rectangular column, it 
prohibits concrete deductions. The discrepancy may be reflecting 
experimental error more than it is representing reality. Since 
h^„ is small compared to h it can be said that 3 . is calculatedO  W  W  Q
from a one-variable expression, and 3^ from a two-variable 
expression, that is:
^d------------------------------------ 7.25
^w  ^^ow
^h " \  ~ ^ dp ~------------ -------- 7.26a
^w  ^^ow
Therefore 3^ is more susceptible to error than 3^ .
It can be seen from equation 7.25 that when the liquid is
exerting maximum pressure on the tray, (in the absence of
aeration),
-  -  -  -  7 . 2 7and 3^ = 1
Therefore, the maximum value of 3^ is unity, the nearer 3^ is 
to unity the calmer the situation on the tray, the less the 
aeration and the more the liquid hold-up. Now, since 3^ values 
for the round column are larger than those for the rectangular 
column, at the same, or P^, the liquid hold-up on the plate
of the former should be more than for the latter. Figure 7.12 
shows that the hypothesis is true.
7.1.4.2. Froth Density Factor, (f)
Froth density factor is a measure of the volume of froth 
formed from a given liquid hold-up on the tray. It is defined 
as the ratio of the volume of unaerated liquid in the froth 
per unit volume of froth. Consider a tray with a plate area, A 
and liquid hold-up depth and the liquid to be blown into
-195-
froth of average height above the tray floor. 
Total volume of liquid hold-up = A.Z^
Total volume of froth on tray = A.Z^
.’. Ratio of liquid volume to froth volume = A.Z
A.Zf
» * . (f) - - - - - Y . 28
With no frothing on the tray, ^=1 and with infinite degree of 
froth, Z^ = OO and (j)=0. Therefore the (j) range is between 0 and 
1 .
One would expect that by knowing the density of actual 
liquid on the tray and the value of 0 , the density (weight 
per unit volume) of the froth on the tray can be calculated.
If it is necessary to do so, caution must be excercised because 
the frothy mass seen on the tray is not froth of uniform 
Composition. According to Sargeant et. al. (1964) there are 
three zones;in the frothing mass: a liquid zone at the tray floor, 
followed by a constant density froth zone which tails off rapidly 
into the spray zone. They claim that vapour has no effect on 
the constant density zone but that as the vapour rate increases 
more liquid is entrained into the froth from the liquid zone 
If it is necessary to find the weight per unit volume of 
the froth, it is only prudent to talk of average density in 
this circumstance. The froth density can be derived from the 
fact that the liquid and froth have the same weight and rest 
on the same area of the plate, thus
h f  " • P f  = A Z g .  -   ------------------7 . 2 9
from which = <j) p^ _ _ _ _ _ _ _ 7.3O
- 1 9 6
where = froth density, weight per unit volume,
p^ = liquid density, weight per unit volume
Since, the liquid density, p^. is constant in our case the 
froth density factor and froth density must have the same 
behaviour with column variables.
Figure 7.18 shows the change of (}> with liquid flow rate.
(j)^ and for the round column and (j)^ for the rectangular
column are approximately correlated by a single line with 
a small negative slope, while for the rectangular column 
is correlated by a line of equal slope but of higher (fi-axis 
intercept. In this Figure, <{> changes by O.O35 over range 
of 5 to 45 gpm/ft, it can therefore be concluded that froth 
density factor does not change . significantly with
liquid flow rate. This inference implies that if <j) is constant 
in equation 7.30, p^ is also constant. For such constancies 
to obtain practically, the rate of charge and Z^ with liquid 
rate must be constant at the same F^-Factor
From equation 7.17 ^ ^ ^ c\ = 0,0178 - - - 7.31
and from equation 7.23 = O.O8 - - 7 • 32
Since these gradients are constants, 4) does not change with 
change in L^, though, Z^ and Z^. change.
Figure 7*19 shows the froth density factor to be more 
dependent on F^ - factor (or gas flow rate) than on
liquid flow rate. Only for the round column increases
with increase in F^, the others dec;rease. It will be 
recollected that for the same column behaves this way too, 
the argument for the discrepancy in 3^  can be invoked again 
in this case.
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(f)^ is calculated from a two variable expression and (j)^^ from 
a three-variable expression, therefore the latter is more 
liable to reflect experiment errors than the former. More work 
will be needed on columns of similar size and design to 
actually establish whether this discrepancy is a manifestation 
of experimental error or column characteristics. The present 
work was carried out with painstaking care, many experiments 
being performed to ensure reproducibility. For these reasons 
serious errors are most unlikely, leading us to believe 
that the column characteristics (which in this context remain 
undefined) play a part in the difference between cf)^ and
In this work, it has been established that cj) calculated from 
liquid hold-up data decreases with increase in gas flow rate 
but remains fairly constant with liquid flow rate. This result 
is consistant with those of Foss and Gerster (195^), Gilbert 
(1959)3 A.I.Ch.E. (1958), Gerster et al (1949), Thomas and 
Campbell (I967) and Hutchinson et al (19^9). There is no 
support in the literature for the discrepancy discussed above 
and therefore use of (j) from pressure drop data calls for caution 
at this stage.
Hutchinson et al (19^9) have correlated 3 and  ^ as
3 = &(1+*)      7.35
-200-
This equation suggests that 3 and cj) must vary at the same rate 
with column variables. Figures 7.I6 and 7*18 show that 3 and 
(|) do not vary appreciably with liquid flow rate while Figures 
7.17 and 7.19 show the same variation of 3 and (j) witli air­
flow rate (P^ factor). The equation correlates the experimental 
data of the present work quite well.
Over the range of liquid and gas flow rates investigated 
the froth density factors obtained are in the range
 ^ Rectangular column ; 0.22 - 0.33
 ^ Round Column ; 0.32 - 0.37
 ^ Rectangular column ; 0.20 - 0.3%
^ Round column ; 0.29 - O .33
These values lie in the same range as those reported by earlier 
workers, (e.g. Thomas and Campbell (1967), Gerster et al (19%9) 
and Gilbert (1959).
-201-
7. 1. 5- Downcorner Dynamics
The downcomer operates by receiving liquid from the 
upper tray and discharging it through the opening at its 
bottom end onto the lower tray. In the process, it fills 
to some height with liquid depending on its cross sectional 
area, liquid flow rate and gas flow rate. It is this height 
that is the guiding factor in the design of a downcomer.
The height and the cross section of a downcomer should be 
such that when operating at maximum liquid and gas flow 
rates, liquid will not fill the downcomer to the level of 
the exit weir, if it does, inoperability occurs. The 
condition that produces inoperability is called flooding.
Flooding has been investigated by many workers.
Leibson et al. (1957), Huang and Hudson (1958),Holies (1956) 
and Davis (1950) suggest that flooding occurs when the 
aerated liquid in the downcomer reaches up to the level of 
the exit weir and is continuous with that on the tray. This 
suggestion is at variance with the finding of Thomas and Shah 
(1969) and Thomas and Campbell (I967) who operated their 
columns such that they achieved continuity between the froth 
on the tray and that in the downcomer and found that liquid 
was still flowing onto the lower tray . They claim that the 
condition sufficient to cause flooding and hence column 
inoperability is liquid in the downcomer and not froth 
reaching the level of the exit weir.
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It is essential to know the mode of variation of 
liquid and froth heights in the downcomer to be able to 
check the deleterious effect of flooding on bubble tray 
operation. The liquid height in the downcomer has been 
obtained by means of floor manometers by Thomas and Shah 
(196%) and Thomas and Campbell (1967) and the froth height 
by visual observation. Similar methods have been followed 
in the present work.
7. 1. 5. 1* Liquid Height in the Downcomer, h^^-
The static liquid head in the downcomer has been 
correlated with liquid flow rate. Figure 7.20. The 
resulting curves rise steeply at low liquid rates and approach 
their maximum values asymptotically. The liquid head values 
for the rectangular column are about 15% higher than those 
for the round column at the same F^ factor and liquid flow 
rate per foot of weir length. This is not surprising as 
the former has a smaller cross sectional area of downcomer 
than the latter. The variation of liquid with F^ factor 
has been shown in Figure 7.21. This is not significant 
(7%) over the range of F^ factors investigated. This 
result is in agreement with the results of Thomas and Shah 
(196%) and Thomas and Campbell (I967). Thomas and Campbell 
(1967) correlated their data with the following equations
‘‘‘do  ^ ‘’de * h t  * ‘’t  h u  --------------------------------------  7.36
T'
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where = pressure head loss at the exit from the
downcomer5 in liq. 
hit = liquid head on the lower tray at a point 
adjacent to the downcomer, in liq. 
ht = total tray pressure drop, in liq.
= liquid specific gravity.
h^u ” pressure head build-up at the entrance to 
the downcomer, in liq.
The equation has been found to correlate the data 
obtained in the present work very well. A comparison 
of the measured h^^ and those calculated using equation
7.36 has been presented in Figure 7.22.
The equation often used in downcomer design is:
hdc = \  * K  * + hg +    7.37
This equation was formulated by Cicalese (I947) 
from a pressure balance on the downcomer. In the equation,
ht = pressure drop across the test tray
hw = liquid height equal to the weir height, w.
how = liquid crest over the exit weir.
h . = liquid gradient on the trayS
hde = pressure drop at the exit of the downcomer 
It has been shown in chapter 2 that,
h  = + e ( \  +  7.38
— 206~
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where = dry plate pressure drop
= residual pressure drop
3 = aeration factor
Therefore, on substituting for h^ in equation 7.40, we 
have
hdc = %  + C  + e)(h„ + + hg +  7.39
Expressions for calculating h. , h and h, have been° dp' ow de
given in chapter 2, h^ is very small and often ignored.
By selecting a value for 3 from literature, h^^ can be 
calculated. The advantage of equation 7*39 is that each 
term in it.can be calculated once the liquid and gas rates 
for the system under design have been chosen. Equation
7.36 suffers from lack of theoretical or empirical 
correlations for the liquid height on the lower tray, h^ .^
Therefore it cannot be employed in pre-construction design 
but is good enough to use to test the validity of 
experimental data.
The design equation 7*39 has been tested against the 
data of Thomas and Shah (1964), and Thomas and Campbell 
(19672 und those produced in the present work and found to 
predict h^^ values that are on the average 20% higher than 
the experimental values. It has therefore been considered 
necessary to test the validity of the equation.
The first step is to reduce the equation to an 
expression having as the only variable, will be
~208“
regarded as a constant since it has been shown above
that h^^ is not significantly affected by change in
The dry plate pressure drop, h . and the weir height,ap,
h^, are constants in this consideration. The liquid 
gradient, h, is small and often ignored, the underflow 
pressure drop, h^^ is O.O89 when h^ is 4.65, h^^ is 8.12 
and L is 4 5 gall/min/ft. Therefore, it is a small 
quantity compared to h^. and h^^ and can be neglected from 
equation 7-39 without incurring significant errors. The 
aeration factor, 3, has been shown to depend only on F^- 
factor. Therefore at constant weir height and F^ - factor
the equation for h^^ can be written as
hdo = K +  7. 40
On substituting the Francis formula for h^^, we have
h^2 = K + ki (k2+ 0.53 (L/lw)2/3)  7- 4l
where ki, ka, and K are constants and Iw is weir length 
in inches, L is liquid flow rate in gallons per minute. 
Differentiating equation 7.41 with respect to L yields
i V  = X o . 667L-°-3” ------------ 7. 42
dL 0.667
^w
This result can be represented simply as
dhdc = ksL“0-333   y. i|3
dL
where ks is a constant
-209-
It therefore follows from equation 7*43 that
when L = 0, dh^^ = “ and 
dL
when L = dhn = 0  go
dL
that is, the plot of h^^ versus L is tangential to the 
h^^ axis at the origin and h^^ does not change with L 
at infinitely high values of L.
The practical meaning of these deductions is that the 
liquid head in the downcomer rises steeply with increase in 
the column liquid flow rates, but the rate of change lessens 
as the liquid rate is increased further, and eventually 
settles to a maximum value asymptotically. Figure 7-20 
corroborates this postulate very well. The fact that the 
curves do not start at the origin can be attributed to the 
other variables, they were kept constant but not made zero 
during the experiments-; If they were all zero, theoretically, 
there would be only one curve of h^^ versus L^ and it would 
initiate from the origin.
Since experiments justify the trend of h^^ versus L^ 
curves predicted by equation 7.39, the equation is therefore 
tenable as a design equation. The fact that the equation 
predicts higher h^^ values than those obtained practically 
is to some extent an advantage. A downcomer design based 
on this equation will not produce a height too short for 
the downcomer liquid hold-up.
-210-
7. 1. 5. 2, Froth Height in the Downcomer,
Froth in the downcomer may be created by the 
turbulence in it, or brought into it from the upper 
tray. Two distinct fluid zones can be observed in the 
downcomer of an operating column: a mixture of clear
liquid and small bubbles at the bottom, on top of which 
sits the frothy mass. Transition from a mixture of clear 
liquid and bubbles to froth is gradual, being minimum at 
the bottom of the downcomer and total at the top of the 
frothy mass. Therefore the dividing line between the 
mixture and froth is not sharp, and the exact height of 
the frothy mass above the dividing line cannot be accurately 
assessed. Consequently, workers have had to measure the 
froth height from the bottom of the downcomer.
If it was not checked the froth height would continue 
to increase as long as there were turbulence in the downcomer 
and supply of fluid from the tray above. The two most 
significant limitations on the froth height are the collapse 
of froth resulting from the impingement of cascading fluid
from the upper tray and the carry-under of liquid to the lower
tray. At a given liquid to vapour rate ratio, these two
opposite actions balance each other and a height of
froth is achieved.
Figure 7-23 illustrates the dependence of the downcomer 
froth height on the liquid rate and F^- factor. It shows
-211'
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that the froth height varies appreciably with liquid 
flow rates but not very significantly with air flow rates.
It increases with increase in liquid flow rate in such a 
way that an upper limit is approached asymptotically. This 
result agrees very well with those of Thomas and Shah (1964) 
and Thomas and Campbell (I967).
This characteristic of the downcomer froth is similar 
to that of the downcomer liquid hold-up discussed in the 
previous section. The slopes of the curves at the same 
liquid rate and F^- factor have been found to differ by less 
than 10%. It can therefore be concluded that the downcomer 
liquid head and froth height change similarly with liquid 
and gas flow rates.
7. 1. 5. 3* Downcomer Froth Density Factor, (j)^ 
notIt has-been a practice to specify the maximum allowable 
froth height, along with the maximum allowable liquid head 
for a given plate separation, at the design stage though it 
is a quality of downcomer design to ensure that the froth 
in the downcomer will not reach the level of the exit weir. 
The reason is lack of data on the downcomer froth density 
factor, ^^g,to use in calculating from h^^. Fair (I963) 
notes that a conservative average value of c|)^ w^hich has been 
widely used in the design of both foaming and non-foaming 
(frothing) systems is 0.5, and suggests the use of higher 
values for low foaming systems. No source has been quoted 
for this value of 0.5 nor a reason adduced for his suggestion
-213-
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The liquid in the downcomer is aerated to some 
extent and has characteristics analogous to the aerated 
mass on the tray. Therefore a froth density factor, 
can be defined for the downcomer such that
*dc= 7. 41
The presence of two regions of fluid in the downcomer 
does not render this definition invalid, rather it 
shows that the fluid in the downcomer is at a higher 
stage of bubble collapse than that on the tray.
The downcomer froth density factor has been calculated 
from the liquid hold-up and froth height data. Figure 7.24 
illustrated the variation of with and P .^ The change 
with liquid rate corresponds to a drop of 20% over a liquid 
rate range of 40 gpm/ft, the change with F^ factor is not 
discernible over a change of 0.60 in F^ factor. For this 
downcomer, ranges from 0.7 to 0.85 whereas for the tray, 
it ranges from 0.20 to 0.40. This shows that the aerated 
mass in the downcomer is a lot denser than that on the tray 
This should be expected because the liquid on the tray 
receives the direct effect of vapour, whereas vapour effect 
is transferred to the downcomer from the tray. The 
difference in <j)^ ,^for the tray and downcomer would be a 
measure of 'the amount of bubble collapse taking place 
within the aerated mass from the instant of leaving the 
tray to the moment of reaching the downcomer if turbulence 
in the downcomer did not generate more froth.
-215-
Consequent on the analysis of experimental data, it
has been stated above that h^^ and change similarly
with the same change in liquid flow rate, L^. Since
^dc^ Z^d are related as in equation 7.44,
should stay constant as changes. The range of <j)^^
values over a liquid range of 5 to 45 gpm/ft is 0.7
to 0.85. Therefore for this column, is approximately
constant with L and since it is not a function of , w A '
it can be concluded that there is only one value for 
this system. This deduction is applicable to the columns 
of Thomas and Shah (1964) and Thomas and Campbell (I967) and 
could therefore be general. The average value of for 
this work is O.78, it justifies the suggestion of Fair (1963) 
that (|)^_ for non-foaming (that is frothing) systems should be 
greater than 0.5.
7. 1. 6. Liquid-to-Vapour Entrainment.
Liquid-to-vapour entrainment in a plate column 
reduces the plate efficiency as well as causes flooding 
if it becomes excessive. It can be minimised by using 
entrainment limiting criteria at the design stage to 
specify plate diameter and plate to plate spacing.
Much work has been done in measuring entrainment on 
small-hole plates, (hole diameters less than g in). Fair 
(1963), and Hunt et al. (1955) have proposed general 
correlations. Fair used the experimental data of a 
lot of other workers, and Soudera-Brown entrainment
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limiting criterion to produce a design chart of 
fractional liquid entrainment, (pounds liquid entrained 
per pound total liquid downflow) versus the ratio of the 
weight of liquid to vapour and the ratio of column velocity 
to column flooding velocity. Hunt et al. (1955) correlated their 
data and those of other workers as
= 0.22 /13^| =   7.45
1
where e^ = weight of liquid entrained per unit weight of 
vapour flow.
= surface tension of liquid, dynes/cm.
= vapour velocity based on column cross section, 
ft/sec.
= distance between top of froth and plate above,in.
Hunt et al. noted that their correlation fitted the data 
from g, ^, and i in. hole plates but not khose from larger 
- hole plates. Fair warns that caution be exercised in 
using his chart for larger hole plates, as there has been 
evidence to show that entrainment is higher for large-hole 
plates. Separate studies of entrainment on large hole 
plates will therefore be necessary to evolve design data 
for them.
In the present work, liquid-to-vapour entrainment 
has been measured at varying liquid rates, air rates and 
plate spacings. In figure 7.25, the ratio of liquid 
entrainment to total liquid downflow has been correlated 
with liquid flow rate and plate spacing. The graph shows 
that entrainment decreases with both liquid flow rate and
-217-
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Fig, 7. 25 Effect of liquid flow rate on liquid-to -vapour entrainment, 
E3 8 =  12 in. -
A  8 = 15 in. —  i'q =  8 0 .66 ft /sec  
© 8 =  18 in.
“ 2 l 8  "
0 . 020-»r4
r-4 0 . 010 -
0.005-
I
+->
0.001
4.02.00 .4  0 .6 1.0
Fig. 7.26 Effect of vapour velocity and effective 
plate spacing on fractional liquid 
entrainment.
O =  10 gpm/ft
Q =  20 gpm/ft. -8 =  15 in.
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plate spacing. Figure 7.26 illustrates the variation 
of fractional entrainment with vapour velocity through 
the perforations and the distance between the top of the 
froth and plate above, at two liquid rates. The higher 
the vapour velocity, the higher is the capacity of the 
vapour to pick up liquid at the surface of the froth, 
this consequence of the vapour momentum and the trend 
of Figure 7.26 are in agreement.
The experimental data from the present work is well 
correlated by the following equation.
“ 0*0067 ( y ,267---- --------- — _ _ _ _  7.46
w '
where = fractional entrainment, lb liquid per lb total
liquid downflow.
= liquid flow rate per foot of weir length, gpm/ft. 
v^ = vapour velocity through the perforations, ft/sec.
= S “ Z^ , plate spacing (in.), minus froth height,in.
Alternatively, the fractional entrainment may be 
expressed in terms of the vapour flow rate as follows:-
i|)^ = 0.0056-1^ Y " - ” ’ 7.47
where i})^ = fractional entrainment, lb. liquid entrained per lb 
vapour flow 
= vapour density, Ib/ft^
Q = vapour flow rate, ft^/min.
1^ = length of weir, in.
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It has been established from the results of the present 
studies that fractional entrainment is a function of liquid 
and vapour flow rates, and tray spacing, by means of 
Figures 7.25 and 7.26. However, a single graphical correlation 
of all the parameters is to be preferred and therefore a third 
fractional entrainment correlation, (Figure 7.27c), has been 
presented in which fractional entrainment is related to a flow 
parameter, F^^ and a flooding parameter, P ^ f  The flow parameter 
F^y, has been used as defined by Fair (1963, p544)
I
Iwhere w = liquid flow rate, lb/hr.
W = vapour flow rate, lb/hr.
3 
3
=mvapour density, Ib/ft^.
p^ = liquid density, lb/ft
It seemed feasible that flooding of the trays could be 
associated with the ultimate expansion of the froth to the 
tray above. For such a case, a parameter p^^ has been suggested
such that
^ Z f ~ ^ f  - - - - - 7 . ^ 9
s
and when = s, then p^ ,^  = 1.0
where p^^ = suggested flooding parameter 
Z^ = froth height 
8 = tray spacing 
The capacity parameter, F%^, acocunts for the effect of the 
relative quantities of vapour and liquid flow rates on the 
fractional entrainment. The flooding parameters, p?-, accounts 
for the effect of froth height and tray spacing, and also 
indicates what distance the top of the froth is from the bottom
-221-
of the upper tray.
Pair (1963s p5^7 ) has presented a similar correlation 
of fractional entrainment. However, in place of p^^, he 
used percent flooding, p^, defined as
t
^f “  ^ design x 100 , (&— = constant). - 7.50.v^, flooding ^
where v^, design = experimental vapour velocity based 
on tray bubbling area, (ft/sec.)
v^, flooding = vapour velocity at flooding, (ft/sec).
IL = liquid flow rate, lb.moles/hr
V = vapour flow rate, lb. moles/hr.
Over the range of used in the present work, viz 0.02 to
0.50, the curves in the chart of Fair (1963s p5^7) compare
very well with those from the present work at the same values
of p^  and P^fa (Figure 7.27c).
Flooding could not be achieved in the present work as 
limitations were imposed by the maximum capacity of the gas 
(air) blower. Therefore, p^ values could not be obtained 
experimentally, and p^ -^  had to be used instead of p^ .. The 
question arises as to whether the expansion of froth to the 
tray above is synonymous with flooding.
Values of p^^ are available from the experiments up to 
a certain limiting value of vapour rate (orF^). In section 
7.13 the following regression equation has been proposed as 
a good correlation of the experimental data of Z„, and F^:
Z^ = 0.08L^ + 1.563F^ + 3.517  7.51
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Using this equation, values could be extrapolated for 
values well above those used in the experiments and into 
the range where flooding would occur. From the known values 
of Z^ and s, p^^ = Z^Vs were obtained up to the possible 
incidence of flooding.
For each experimental value of fractional entrainment,
^Zf were calculated from the corresponding liquid 
and vapour flow rates and plate spacing s, using equations 
y.48 and 7.^9 respectively. The values of have been 
plotted against the corresponding values of p^^, (Figure 7.27a) 
and those of F^^ against the same values of p^ -^  (Figure 7» 27b) 
both at constant liquid flow rates. A third graph can be deduced 
in which is plotted against F^^ at constant values of p^^, 
(Figure 7.27c).
It is of great interest to see in Figure 7-27c, firstly, 
that the experimental values of at successive F^ ^^  values 
are well correlated by curves each corresponding to a value 
of Secondly, a curve from the chart of Fair (1963, p5^7)
corresponding to a certain % flooding, p^, matches the 
parameiric value of p^^ used in this study.
The implied, suggestion is that the assumption made 
presently that when Z^ = s, flooding will occur seems to be 
borne out. Proof can now be sought by actually experimentally 
creating sufficient froth to reach up to the tray above and 
showing that at this condition flooding occurs. This was not 
possible in the present studies as has already been stated. 
Nevertheless, the introduction of criterion p^^ = Z^/s as a 
measure of flooding as an alternative to equation 7-50 seems 
acceptable. Of course, indirectly, this is also a 
verification of the validity of the measured values
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^ Weep Point Estimation
In passing from the space below the plate to the space 
above it, the vapour uses some of its energy in doing three 
things :
1. Contracting to go through the holes, it loses an amount 
of energy equal to the work it has to do to force its 
way up the perforations.
2. Preventing the liquid from draining, it has to offer a 
resistance to liquid passage equal to the weight of 
liquid on the holes and therefore the height of liquid 
on top of each hole is a measure of the work the vapour 
has to do to support the weight of liquid on the hole.
3. Frothing the liquid on the tray, the extent of frothing 
relative to a calm liquid condition on the tray reflects 
the amount of energy expended by the vapour for frothing 
the liquid.
All the energy losses can be detected as pressure head 
drops between two points, for example, the pressure head drop 
due to contraction through the perforations( dry plate pressure 
drop), can be measured by a manometer having one leg tapping 
pressure from a point below the liquid-free plate and the other 
leg tapping pressure from a point above the plate. By definition 
a pressure head is energy per unit mass, so that measurements 
of pressure heads are direct measures of energy. The total 
energy loss of the vapour is given by the equation:
ht = %  +  7.52
where h^ = total plate pressure head drop 
h^p = dry plate pressure drop 
= liquid height on the tray 
h^ = pressure head loss in frothing
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The vapour experiences these losses in the order: h^^, 
and h^ .. This statement has been confirmed by observation.
The vapour rate was set to a value that produced copious 
frothing and then gradually reduced. It was observed that at 
the onset of excessive weeping, whereby all the liquid tended 
to go down to the lower tray through the holes rather than 
over the exit weir into the downcomer, bubbling rather than 
frothing was perceived. Therefore if the vapour is to continue 
to go up the column, it must at least be capable of doing an 
amount of work equivalent to h^^ and for no weeping to occur, 
the vapour must supply h^^ + Z^ . Hence the condition for 
no weeping is
h  > ^dp  ■ 7-53
The results of separate measurements of h^, h^^ and Z^  for 
the tw^ o columns in the present studies confirm this limiting 
condition. For the rectangular column in which very slight 
weeping was observed over the range of air flow rates 
investigated h^ has been calculated to be on the average 1%
of h^ less than h^^ + Z^ . A more pronounced weeping wms
observed in the round column and h^ has been estimated to be
about 12% of h^ less than h^^ + Z^ .
The no-weeping condition proposed by Mayfield et al (1952) 
and Leibon et al (1957) is
^dp + %  > \ --------------------------------
that is, the vapour pressure drop through the holes plus the 
pressure drop due to frothing must be larger than the calculated 
liquid height on the tray. The error in this reasoning is 
that h^p has been assumed to be available to resist liquid 
downflow rather than overcoming the plate resistance to upward 
vapour flow through it. In order to appreciate the problem
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better, consider the plate floor as reference and forces acting 
as shown
vapour forces h, h Zap a , c
tray floor
r I rplate and liquid h h Zforces F  ^ c
where h^^ = h^^, resistance exerted on vapour passage through
the perforations,
Ih^ = h^, resistance to the vapour tendency to froth 
the liquid
Zc = Z^, weight of the liquid on the tray being borne 
by the vapour
The sum of the downward forces is equal to the sum of the 
upward forces when there is no weeping, that is
‘^dp +   7-55
At the onset of weeping, the downward forces are just greater 
than the upward forces, and equation. 7.55 becomes
^dp + ho . + > hdp + ho + %c -------- 7-56
This inequality can be rewritten as
%  '■'a +  ^ how) > + hgp + + B(h^ + - 7-57
Where 3 = aeration factor
The inequality 7.57 cannot be arranged to give the result 
in 7.5%, and therefore the validity of the latter is doubtful.
In the present investigation, weep points have been 
measured employing the method of Prince (196O). The total 
plate pressure drop was observed for a set liquid flow rate 
with change in gas flow rate. Starting with the gas rate at 
its maximum value, the plate pressure drop was found to 
decrease proportionally with decrease in the air flow without 
weeping to some point, (the weep point) where weeping commenced, 
it then remained constant with continued decrease in the
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vapour flow and weeping worsened until eventually the dump 
point was reached. Further decrease of vapour flow beyond 
this point resulted in no liquid flowing over the exit weir 
instead it all went down through the holes.
Two typical results have been shown in Figure 7-28 as 
plots of plate pressure drop versus hole F^ -^ factor (F^-factor 
based on the total area of the holes). The weep and the dump 
points were difficult to determine visually and the advantage 
of the pressure drop versus F^-factor plot is that the sudden 
change of slope is an indication of change of condition. The 
weep point has been indicated on the plot as 3WP (graphical 
weep point), the reason being that it may not exactly represent 
the practical weep point, but it will be a near approximation. 
In the same v/ay GDP (graphical dump point) indicates the 
practical dump point approximately.
Researchers are more interested in weeping than in 
dumping since tray operation is not economical beyond the 
weep point as efficiency falls steeply. Therefore dump 
point values have not been reported. The results for four 
liquid rates are shown in the following table. Values for 
the calculated liquid height and plate dry pressure drop have 
been included in the table for the purpose of comparing 
the results with those in literature. The surface tension 
head loss is negligible compared to the dry plate pressure 
drop, therefore h^^ has been taken as representative of
V  + hp.
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Table 7.1. Measurement at Weep Point
^w Hole F^ ht h + h „W OW ^dp
15 16.4 3.45 3.61 1.12
25 14.4 3.55 3.86 0.81
35 14.0 3.67 4.08 0.76
45 13.4 3.85 4.28 0.69
Units as indicated in nomenclature.
Any two of these parameters can be used to describe the
weep point. Here we shall use hole and h^^ the former
is an indication of the volume of air going through the column
and the latter incorporates the head of liquid on the tray,
the two parameters therefore contain the two most influential
showsdeterminants of weep point. Thetable that h^ at weep point 
decreases with increase in hole F^- factor, the two parameters 
have been correlated to give
h° = -0.51F° + 4.30  7.58
where h° = h^ at weep point!
F^ = hole F^ factor
Hutchinson et al (19^9) and Mayfield et al (1952) have 
Correlated h, + h at the weep point with h^ + h for 3/16up g W OW
and l/8in holes and to 6 to l4% free area, their correlations
which are in good agreement show that h^^ + hg increases with
increase in h + h . For the 1-in hole and 12.2% free-areaW OW
plate used in this work, h^^ + h^  ^has been found to decrease with 
hw + h^^. Zenz (195^0 used 1/8 - & in holes and 20% free area, 
the slope of his correlation is about twice that of Mayfield 
et al. Eduljee (I966) worked on 1/8 - % in holes and 4 - 8% free
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area and correlated hole P„ with h and d, (hole•diameter) asR t n
P° = 1.884m h^ + 0.0204d^ + 7.42   - - 7-59
where m (inches) has a value that depends on d^.
Prince (i960) found that the hole velocities at the weep point 
did not depend on the free area and are slightly affected by 
the hole diameters. Prince used 1/8 - ^in hole-plates and 
his values for the hole velocities at the weep point are 
approximately 50% less than those obtained in the present 
studies.
The results of the various authors referred to above 
disagree even for the same conditions. The disparity 
therefore suggests that the weep point depends very much on 
column design. Since the results for small holes disagree, 
there is no good basis for a comparison with the present 
experimental results for 1-in holes. The inability to 
successfully correlate published data for any condition of 
operation or design makes it difficult to recommend with 
confidence a design method. The inequality expression 7.53 
has to suffice as a guide, but obviously much more work is 
needed.
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7.2. RESIDENCE TIME AND LIQUID MIXING
The efficiency of a distillation tray is directly 
affected by the contact time available between the liquid 
and the vapour on the tray. Liquid passing through a column 
is not in plug flow and as a result, the liquid flow rate 
cannot be used to determine the' length of time for which the 
liquid contacts the vapour. The plate and the column wall 
create drag on the portion of the liquid contacting them, 
this drag and the turbulence.consequent on interaction with 
vapour, make the liquid particles reside on the tray for 
different periods. In considering liquid residence time 
on the tray, we can only measure mean residence times as no 
methods have been evolved for measuring the residence time of 
individual liquid particles.
The extent of relative liquid mixing on a distillation 
tray has been shown in Chapter 3 section 3.2.1. to be directly 
related to the mean residence time. In the same chapter it 
was also shown how the extent of relative liquid mixing, 
(time-based variance or dimensionless variance) can be derived 
from the record of residence time distribution. For a sound 
understanding of the characteristics of a distillation tray, 
the liquid residence time on the tray, and the variance of 
the residence time distributions must be known. The complex 
fluid mechanics on the tray does not permit theoretical 
calculations of these parameters, hence direct measurement 
is resorted to. They have been measured in the present work 
as outlined in Chapter 3, section 3.2.1.
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7.2.1. Mean Residence Time
7.2.1.1. Experimental Tray Only
The effect of liquid flow rate and air flow rate on 
the mean liquid residence time on the tray is illustrated\in 
Figure 7.29, from which it is apparent that increasing the 
liquid flow rate results in a steep decrease in the mean 
residence time initially, but the rate of decrease falls off 
the more the increase in liquid flow rate, and eventually, 
the mean residence time tails off to a constant value.lt is 
evident from Figure 7.29 that the liquid mean residence time 
is not significantly affected by the air flow rate. This is 
of interest as, of course, the froth does change to some 
extent.
On the assumption that plug flow conditions exist in the 
liquid on the tray, the liquid residence time may be calculated 
from the volume of liquid hold-up, and the liquid volumetric 
flow rate, using the equation
t ' = - - -  -------  - - 7.60
where V = volumetric liquid hold-up on the tray, ft^.
v^ = volumetric liquid flow rate, ft^/sec. 
t = liquid residence time, sec.
2For a plate area A ft , liquid flow rate L gpm, equation 7.60 
can be written as
t = A.Z /12 - - - - - 7.61
0.16L/60
where L = L L = liquid flow rate per foot of weir length,
I T  / 1 2  ’ gpm/ft.'w £ = weir length, inchesW 0 5
= ^c ~ static liquid height on the tray, inches.
Equation 7.60, however, does not take into account the
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complex situation on a tray, and therefore it would not be 
correct to apply it to a sieve tray calculation. Thomas and 
Shah (1964) and Thomas and Campbell (I967) have discussed the 
techniques available for measuring liquid residence times, and 
they used a tracer injection method. The same technique v/as 
used in the present studies and the results of this work agree 
with their results in magnitude of all values and in trend.
Figure 7.30 has been presented to illustrate the effect 
of column geometry and size. The residence time curve for the 
round column approaches its final value much more rapidly than 
the one for the rectangular column. There is less scatter of 
the experimental points about the mean for the round column 
than for the rectangular column, this could be due to the more 
stable flow on the former as a result of the curvature of its 
wall.
7.2.1.2. Combined Tray and Downcomer 
Mass transfer between the vapour and liquid commences at 
the inlet weir, continues over the plate length and does not 
actually stop at the exit weir. Vapour-laden froth is carried 
over the exit weir into the downcomer and vapour/liquid 
interaction continues there. This after-tray mass transfer 
could be significant in the case of foaming liquid systems 
where column^^prohibits the provision o:^ sufficiently long 
calming section. In this consideration, it is essential to 
treat the tray and the downcomer as a combined unit.
Figure 7.31 shows the combined tray and downcomer 
residence time measurements compared with those for the tray 
alone. As would be expected the values for the combined system 
are larger than those for the tray. The following table shows 
the differences at some liquid flow rates.
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Table 7.2. Differences between tray plus downcomer and tray
residence times , .
Lw 10 15 20 25 30 35 40 . 45. . . .
8.5 6 4 3 2.5 2 2
where ttd = mean residence time for the combined tray and downcomer
mean residence time for the tray only.
The data in Table 7.2 has also been plotted in Figure 7.31.
The resulting curve shows the same trend as those for the 
combined tray and downcomer and tray. Certainly t^^ - t^
reflects the magnitude of the liquid residence time in the 
downcomer but one cannot conclude that it is the absolute 
Value of the latter. The liquid in the downcomer is much 
calmer than that on the tray, and the nature of the flow 
patterns in the two cases are quite different. As a result of 
hydraulic differences one cannot conclude that the combined 
tray and downcomer residence time, and the tray residence time 
are additive. Experiments would be needed to establish whether 
Or not the combined tray and downcomer and the tray can be 
considered as exerting two resistances in series to liquid 
flow and that the residence times are direct measures of the 
magnitude of the resistances. In such experiments the 
liquid mean residence times on the tray, and in the downcomer, 
will have to be measured separately and the results used to 
validate the equation:
H d  ■  7-62
Unfortunately, t^ was not measured in this work and therefore a 
conclusion cannot be drawn.
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Bolles (1963) has suggested calculating the true liquid 
residence time in the downcomer using equation 7^6.1. It has 
been shown above that the equation is for plug flow cases and 
the situation in the downcomer is not plug flow, therefore 
caution is needed when using the equation for design.
7.2.2. The Extent of Liquid Mixing 
It has been shown in Section 2.3 that the variance of 
a residence time distribution is a measure of the extent of 
liquid mixing in a system. Variance has been defined in 
two ways, viz:
2 r — 2time based variance, = \ (t - t) E(t)dt - - - - 2.45
2 f” 2dimensionless variance, d = \ (0- 1) . E(0)d0 - - - - -2.44
J o
t = liquid residence time on the tray from the moment of
entry,
t = mean liquid residence time
E(t) = dimensionless exit age distribution function
E(6) = .dimensionless exit age distribution function 
The spread of residence time distribution about the mean has 
been assessed by obtaining the variance in these two forms.
7.2.2.1. The Variance of Residence Time Distribution
Figure 7.32 illustrates the variation of time-based 
variance with liquid flow rate. The fall of the variance is 
very steep at low liquid rates, but becomes gradual at higher 
liquid rates. This trend is similar to that of mean liquid 
residence time, (Figure 7.2,9). Hence, it can be concluded 
from these graphical plots of the experimental data that the 
smaller the mean residence time, the smaller the time based 
variance on the tray. Figure 7.32 also shows that a higher 
time-based variance is obtained on the rectangular column than
241-
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on the round column, especially at low liquid rates. It 
therefore follows that the degree of liquid mixing on the 
trays differs. The liquid flow on the round column tray 
was observed to be calmer than that on the rectangular 
column tray, hence the smaller variance values. Therefore, 
it can be inferred that time-based variance is a function 
of column design,
A correlation of time-based variance with - factor 
is shown in Figure 7°33, from which it is apparent that 
time-based variance decreases linearly with F^ factor and 
therefore vapour flow rate. The rate of fall is three 
times as large on the round column as it is on the rectangular 
column.
The extent of liquid mixing is best characterised by the
2dimensionless variance, a . Being dimensionless, its values
are better measures of the deviations of a distribution from
the mean than those of the time-based variance . Figure 7.3^
shows the effect of the liquid flow rate on liquid mixing on
2the tray, summarised by a ; the extent of liquid mixing
appears to be approximately constant with increase in liquid
flow rate for both columns for L^> 5 to 7 gpm/ft.weir.
For > 5 gpm/ft weir, it is likely that anomalous conditions
could occur especially on the larger (round column) tray. The
smaller tray constrains the liquid to a greater extent and
should be less subject to variation. The experimental points
would appear to support the view. Of course, the geometry and
size of the trays result in a different degree of mixing, that 
2is, a over the same liquid range. The larger round tray gives
2a lower value for o , showing that less liquid mixing occurs 
on average in this case than for the rectangular tray.
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From Figure 7.35 it is seen that liquid mixing increases
with increase in gas rates. This phenomenon is expected
as the mixing is partially due to the dissipation of energy
from the gas which interacts with the mass.
Figure 7.36 was obtained to examine the relationship
between and Both are dependent on the vapour, (gas)
and liquid flow rates relative to the geometry and the
physical properties of the system. It is not immediately
clear what form this relationship takes. It depends very
much on the nature of the flow. For example, if a plug flow
condition obtained then later it will be seen that a t.
However, if non-ideal conditions exist somewhere between plug
flow and perfect mixing, then the relationship could be much
more complicated. Figure 7.36 shows a considerable spread of 
2a about the root-mean-square line for each tray and the linear
proportionality associated with plug flow appears not to hold.
Judgement should be reserved on this point as there may be
other influences not yet considered. Further comment will be
made on this point when the eddy diffusion is discussed later.
At high liquid flow rates, the mean residence time of
liquid on the tray will be small; at low liquid flow rates,
the mean residence time will be large. Similarly as can be seen
in the subsequent equations 7.63, 7.64, 7.65, at high values 
2the a values will be small, and obviously at low values,
2the values of a will be large. These boundary conditions may 
be stated as follows:
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PLUG FLOW l/_ = D 0 ; L o o  t-»o 0
U.Z ■ 7.66
PERFECT MIXING l/p^ = 5 L-e> 0, t-o>co dû '
where Pe = Peclet Number, dimensionless
u = mean axial velocity of liquid on the tray, ft/sec
Z = liquid path length on the tray, ft.
2D = eddy diffusion coefficient, ft /sec.
The relationships between a^, u, Z, and t have been
developed by Levenspiel (1962, p. 242), Levenspiel and Smith 
(1957), Bischoff and Levenspiel (I962) and Van der Laan (1957).
The full development has been given also by Thomas and Campbell
(1967) and Campbell (I965). The approach is by means of a 
dispersion model in which backmix flow is superimposed on a 
plug flow condition. This development has already been
considered in Chapter 2, section 2.3.2 and Chapter 3,
Section 3.2.1; but for convenience, the equations of importance 
are reiterated below.
When D/uZ is small, that is small deviations from plug 
flow, then using the open-closed model, (Levenspiel, 1962, p.265), 
the simplified equation gives
= ^ = _ 2  -------- 7.63uZ Pe
Also the mean residence time for plug flow is given by
.......... 7.64
From equations 7.63 and 7.64, it follows that
= 2fcD------- ------ ------- 7.65
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Figure 7.29 shows that t is not a linear function of (or u) 
as would be expected if plug flow (equation 7.65) applied.
Neither does perfect mixing occur in the experiment, otherwise, 
t = <» , which it is not. Therefore, the curve obtained in 
Figure 7.29 is typical of an "intermediate stage of mixing".
Again in Figure 7*34 it is clear that the condition is not 
plug flow as equation 7.63 shows ^^u
whereas the graph shows no such relationship. The conditions on
the tray is an intermediate one and therefore it would be
difficult to establish the exact relationship between o'" and
due to the interaction taking place. No comment therefore
2can be made about the constancy of the a values and it would
be over-generalising to suggest that this would occur in
another set of conditions, although it would not be unlikely.
2The values of a , though constant for each column, are not the 
same for the two columns.
Figures 7*34 and 7.36 agree inasmuch as t increases wifeh
2increase in 1/1^ (or 1/^^ and so in Figure 7.36, o should be 
constant with respect to t.
7.2.2.2. Eddy diffusion coefficient
In most cases, the value of eddy diffusion coefficient is 
assumed constant. This is assumed in the analogy based on Fick's 
law, (Levenspiel, 1962, p.262), that is
3C = D3^C - -   - - - 7.67St
where the parameter D is assumed to characterise the degree of 
backmixing during flow. In distinguishing between mixing in the 
direction of flow and mixing in the lateral direction, D is 
referred to as lonitudinal or axial dispersion coefficient.
It is of interest to see if the present experimental results
250-
justify the assumption of constant D. This can only be done
by considering equations 7.63. 7-64 and 7.65. These equations
of course, were based on a Plug Flow Model with superimposed
axial dispersion. The problem that arises in the consideration
is concerned with the appropriate values of u, Z and t to be
used. The original derivations in Chapters 2 and 3 assume u
is a mean axial velocity and is unidirectional. The mean
residence time, t, is also based on Z/u where Z is the tray
length. However, the true length of the liquid and the mean
axial velocity are based on the real situation existing with
partial mixing of the liquid on the tray.
The following equation which has been derived from
equations 7.63 , and 7.64 , can be used to calculate D,
2from experimental values ofa , t with Z = tray length.
D = '^^ t   7.682
We are therefore using a modified plug flow model with real
mixing parameters. This is shown in Figure 7.38; D is
proportional to 1/^ as would be anticipated from Equation
27.68 due to the fact that as shown in Figure 7*36, a is
constant with change in t. This is dependent on the
2uniqueness of the constancy of o which, however, as has 
been stated, may be true generally.
For a plug case,
t = and _ _ _ _ _ _ _ 7.6g
u = L^     7.70
Wp X &p
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Fig, 7, 38 Correlation of Eddy diîfusivity with liquid residence 
time or ax ia l liquid velocity on the tray.
E Rectangular Column, F. =  1. 77
© Round Column, F ^=1.72
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%where = total liquid flow rate, ft /sec. 
Wp = weir height, ft
1 = weir length, ft.wp
A plot of D against u/^ for this case on Figure 7.38 will
2also give a straight line as cr has to be assumed constant as
found experimentally. The exercise amounts to combining plug
flow with backmix flow and therefore no useful inference can
be made from the graphs in Figure 7.38. This approach was not
considered in full detail by Thomas and Campbell (I967) and
therefore their graph should be read with caution.
2It follows that 0^ is to be preferred as a means of 
characterising the degree of mixing to D inasmuch as the 
latter has to be calculated from a plug flow model using 
parameters such as t , Z and u which are real and related to 
mixed tray condition.
2 5 4
7.3. MASS TRANSFER STUDIES
7.3.1. Mass Transfer Efficiency
The system air-carbon-dioxide-water was selected for 
tray cf/ iency study in this work. It has the advantage 
that :ît is liquid phase controlled and therefore the 
efficiency values btained from it can be regarded as pure 
liquid phase efficiencies. The efficiency of mass transfer 
for this system has been investigated as a function of gas 
flow rate, liquid flow rate and column design.
The Murphee tray efficiencies were calculated from the 
equation
EjyjL = %n+l ~^n - - - -  -- 2.136
^n+1 - Xe
where x . = mole fraction of C0„ in the inlet liquid to the
tray
X = mole fraction of CO in the exit liquid from the
tray
x^ = the mole fraction of CO^ that would be in the
liquid were the exit liquid in equilibrium with 
the exit vapour stream.
Liquid samples were withdrawn from the column and titrated
as previously described to obtain x^^^ and x^, the equilibrium
composition x^ was obtained by titrating samples from CO- -
saturated water.
7.3.1.1. The effect of Flow Variables on Tray efficiency 
A typical result of Murphee tray efficiency investigation 
is shown in Figure 7*39 from which it is clear that efficiency 
falls gradually with increase in the liquid flow rate, while 
it increases very slightly with increase in the gas flow rate. 
During the experiment the volume ratio of COg to air was kept 
constant, therefore increasing the liquid flow rate meant that
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there was more liquid to contact the CO^ in the air. It would 
be expected that this would result in more CO^ being absorbed 
and therefore higher efficiency, but, instead it resulted in 
less efficiency. This fall in efficiency may be due to 
reduced contact time between the liquid and vapour phases or 
interfacial area available for mass transfer, whichever one 
falls with liquid flow rate must be responsible for inducing 
reduction in efficiency. The effect of liquid flow rate 
on interfacial area will be discussed in the next section, 
when that has been determined it will be possible to eliminate 
interfacial area or contact time as the cause of fall in
efficiency with increase in liquid flow rate.
Vapour flow rate does not affect tray efficiency 
significantly5 a decrease of 0.66 in corresponding to a 
fall of 107 ft^/min or 30% fall in vapour flow rate produces 
about 1% fall in efficiency. Decreasing the vapour flow means 
decreasing the froth height and hence the volume of gas 
hold-up in the froth. For the decrease in the gas rate not 
to result in significant fall in efficiency, there must be no 
appreciable fall in interfacial area or contact time. The 
vapour residence time in the froth can be calculated from the 
equation
 ^ \  ---------------------- 7.Y1
where t^ = vapour mean residence time in the froth, sec
V^ = volume of gas in froth, ft^
V = vapour flow rate, ft^/secrv
tVy = AZ^  7.72
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where A = tray area, ft
= froth height, ft.
The correlation for the froth height is of the form 
= mL^ + nF^ + pW + q  _ « _ _ _ 7«73
where, m, n , p , and q are constants
When and weir height, w, are constant, the equation can be 
written as
= k + nP^ ---------   - - 7.74
3If Q' is the vapour flow rate in ft /sec, by substituting 
equations 7*72 and 7«7% into equation 7-71 we have:
t^ = A(k + nF^) -------- 7:75
Q' is directly proportional F^, therefore if Q' increases by 
a factor r, F^ also increases by the same factor, for the 
new situation equation 7«75 becomes
irr = A(k + i-nP^ ) -------- Y.Y6
rO'
Equation 7.76 differs from equation 7-75 and therefore when 
the gas flow changes, the gas residence time in the froth 
also changes. In equation 7«76, the change in t^^ depends 
on the value of k relative to rnF^, the smaller this is, the 
nearer equations 7-76 and 7«75 are. It can therefore be 
concluded that the small change in resulting from a 
change in F^ may be due to change in gas/liquid contact time.
A change in gas/liquid interfacial area, too, may be the 
cause of the change of with gas flow rate. However, since
the change of with F^ is not significant, interfacial area
is not likely to vary significantly with F^ factor.
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7.3.1.2. Effect of Liquid Residence Time on Tray Efficiency
Liquid mean residence time on the tray is greatly 
affected by the rate of liquid flow (Figure 7-29) and contact 
time between vapour and liquid on the tray is a function of 
liquid residence time, since gas and liquid flow rates and contact 
time affect efficiency, it will be expected that liquid 
residence time should also affect efficiency. A correlation 
of Murphee tray efficiency with liquid mean residence time 
has been presented in Figure 7.40. It shows that efficiency 
rises very steeply at low residence times and approach 100% 
asymptotically as the residence time approaches infinity.
This sort of result is expected since the longer the 
residence time of the liquid on the tray, the longer is the 
contact time between the liquid and the vapour, and the 
greater is the mass transfer efficiency. The data from both 
the rectangular and the round columns have been plotted 
together in the same figure. At the same residence time 
value, the correlations give about the same efficiency for 
both columns despite the difference in F^ factors (0.54), 
and column design. This is again confirming the deductions 
from Figure 7*36 that tray efficiency is not heavily 
dependent on vapour flow rate.
Some workers have tried to explain why tray efficiency 
"mchanges very ^ significantly with a large change in vapour 
flow rate. Gerster et al (1949) think that it is due to 
several counteracting effects of the column variables, and 
argue that increasing the gas rate increases froth and decreases 
the contact time, but on the other hand, increased froth height 
increases the contact time. The net effect on tray efficiency 
is the sum of two opposite effects, one increasing, the other
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decreasing. If the effects are equal in magnitude, there is 
no net effect on the tray efficiency. Foss et al (1956) have 
adduced similar argument, claiming that the insignificance 
of vapour on tray efficiency is due to the opposite affects 
of an increase in interfacial area on the one hand and a decrease 
in residence time on the other.
The effects of liquid residence time, vapour/liquid
contact time and interfacial area are all interdependent and
secondary to the effects of liquid and vapour flow rates,
therefore no one effect on tray efficiency can be investigated
separately by simply keeping the others constant.
7.3•1.3• Effect of the Degree of Relative Mixing on Tray
Efficiency
The Murphee tray efficiency, E^^, is a measure of the 
degree of mass transfer taking place on a distillation tray. 
However, the actual amount of the mass transferred cannot be 
directly calculated from Ejy^j^ since the latter is not related 
to actual mass transfer by a fundamental mass transfer 
equation. Therefore E^^ and a parameter in a fundamental mass 
transfer equation must be related-. For instance, k^a in the
equation
N = k^a(C^ -C^)  7.77
is related to the number of liquid transfer units N^, thus
Nl = k^at - - - “ - - - 7.78
(Bubble Tray Design Manual, A.I.Ch.E., 1958, p4, eqn 9) and 
the latter has been related by Foss et al (1958) and Thomas 
and Campbell (I967) to E^^ as
1 - (1 + ---------- 7.79
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where N = mass transfer per unit tine
= liquid phase mass transfer coefficient 
a = vapour liquid interfacial area
C, = concentration of the component being transferred in the bulk of the liquid
= concentration at the interface
= liquid phase number of transfer units
t = mean liquid residence time
Ejyg = Murphree tray efficiency
2a = dimensionless variance of residence time distribution
2If t, E^^ and a are measured, the total mass transferred
N, can be calculated, from equations 7.77, 7.78 and 7-79.
It has been noted previously that the relative degree of 
2liquid mixing, a , does not vary with liquid flow rate.
Figure 7.34. Therefore, it follows directly from equation 7.79 
that Ejyjj^ and will have similar characteristics, for example 
will fall with increase in liquid flow rate and remain as 
insensitive to vapour flow rate as E^^^. If this were true, 
then the behaviour of E^^ with an independent variable can be 
predicted directly from the behaviour of with that 
variable.
The change of with liquid flow rate is shown in
Figure 7.41. At the same air flow rate (or F^) and for the
same column, the variation of E^^ and with liquid flow
are very similar/in trend. Figures 7.39 and 7.41 show that
they both fall with decrease in the liquid flow rate, steeply
at first, then gradually at higher liquid flow rates. The
A . 3 , 4 .tables in Appendix * show that they are both insensitive to 
changes in the air flow rate. These similarities are desirable 
if is to be employed with confidence as an intermediary 
between and N.
262
4-1
O
lOco
-M
i-H
(M co (M O  L-
4-1
lO
T— (
_o
o o o o
co (N* t-H
(%) s^q.yui'i j 0jsii'bj:j jo jaquin,^
o
lO
263'
Equation 7-78 relates Nj^  with the mean liquid 
residence time, t. The structure of this equation suggests that 
the plot of against t is a straight line which passes 
through the origin of the plot and has slope k^a. The values 
of have been plotted against those of t as shown in 
Figure 7.42. The result confirms that is directly 
Proportional to t. Similar results have been obtained by 
Foss and Gerster (1956), A.I.Ch.E. workers (1958), Harris 
and Roper (1962), and Thomas and Campbell (1967).
Another deduction that can be made from the plot of 
versus t is that the mass transfer coefficient k^a is 
independent of the mean liquid residence time t and therefore 
independent of the liquid flow rate. Values for k^a have 
been calculated from the values and t, and plotted against 
liquid flow rate in order to test the validity of the deduction 
made above. The points are reasonably correlated by a line 
parallel to the liquid flow rate axis. Fig. 7.43. This 
correlation therefore confirms that k^a is independent of the 
mean liquid residence time.
However, k^  a changes with vapour flow rate. For example, 
when = 20 gpm/ft and F^ = 2.06 on the rectangular column, 
k^a = 0.147; when F^ increases to 2.66 at the same liquid 
flow rate, k^a = O.176. This corresponds to an increase of 
20% in k^a for an increase of 30% in F^. Whether this change is 
significant depends on the subsequent effect it has on tray 
efficiency, here it increases efficiency by about 2.0% at 
constant liquid flow rate. From industrial point of view this 
could be significant in certain cases. Results similar to those 
obtained in this work on k^a have been reported by
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A.I.Ch.E. workers (1958), Harris and Roper (1962) and Foss 
et al (1958), Thomas and Shah (1964) and Thomas and Campbell
(1967).
Now that the relationship between N^ and k^a has been
established by the present work and the effect of liquid and
vapour flow rates on k^a have been determined also, it is
2possible to discuss the effect of o on On substituting
k^at for in equation 7.79, we have
2Ej^j^ = 1 - (1 + k^at.c^)"!/^    7.80
2k^a, and o have been found to be independent of liquid
flow rate, hence the marked decrease of Ej^j^ with rise in
liquid flow rate is due to the decrease in the liquid
2residence time. Since a" is only a function of P^, its 
effect on E.^ .^ can best be appreciated by considering the 
change in E^^ due to a change in at constant liquid flow 
rate. Increasing F^ results in bigger values of k^a and 
d , and from equation 7.80, the net effect is an increase■LSin E^^, that^higher mixing of the liquid on a distillation 
tray results in better efficiency of mass transfer.
Higher mixing creates^vapour/liquid contact and it 
therefore follows that higher efficiency should be attained. 
The experimental data from this work tends to support to 
this deduction^ for an increase of 6.51% in a , E^^ increases 
by 2.5%. The change in E^^ observed with a change in F^ is 
the combined effects of k^a and a , the effect of either 
cannot easily be determined since one cannot be kept constant 
while varying the other.
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7.3.1.^. Effect of Entrainment on Tray Efficiency
The A.I.Ch.E. Manual (Bubble Tray Design Manuel, 1958,pl3) 
recommends the following equation due originally to 
Colburn (1936) for the correction of the dry Murphree Tray 
Efficiency for liquid- to- vapour entrainment:
Ea = -------- 7.81
where E^ = dry Murphree tray efficiency in vapour terms “V
E = Murphree tray efficiency in vapour terms when^ entrainment is present
= liquid flow rate per unit bubbling area,lb.mol/hr.ft2 
e'.= liquid-to-vapour entrainment, lb,mol/hr.
Alternatively, equation 7.81 can be written in terms of
fractional entrainment as
'  \   7.82
where = fractional entrainment, lb/lb total liquid downflow 
In order to appreciate the effect of ijJj on E^ , consider ^ lly
the values 0.90, 0.80, 0.70, and 0.60 for E^ and the valuesV0.300, 0.100, 0.050, 0.007, 0.004 and 0.002 for The
corresponding values of E^ calculated from equation 7.82 are 
shown in the following table;
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Table 7.3 Effect of Entrainment on Efficiency
^MV 0 . 9 0 0 0 . 8 0 0 0 . 7 0 0 0 . 6 0 0
h Ea
0 . 3 0 0 0 . 6 5 0 0 . 6 0 0 0 . 5 4 0 0 . 4 7 7
p ^ = 90% 0.100 0.820 0 . 7 3 0 0 . 6 5 0 0.563
0 . 0 5 0 0.860 0 . 7 7 0 0 . 6 7 5 0 . 5 8 1
0.010 0 . 8 9 0 0 . 7 9 0 0 . 6 9 5 0 . 5 9 6
0.010 0 . 8 9 2
p ^ = 40% 0 . 0 0 7 0 , 8 9 4
' 0.0040.002
0 . 8 9 7
0 . 8 9 8
Table 7.3 shows the calculated values of E^ for 
intermediate and extreme cases of flooding and entrainment. The 
values of ^^and paused were selected from the chart of 
Pair (1963, p.547). It is apparent from the table that when 
is relatively very high, tray efficiency is reduced 
drastically, E,M.V is reduced by 28% when = 0.300 and
p^ = 90%, The dimunition effect of on E^y falls steeply 
as ijjg decreases; E^,^y reduces by 1.1% when 1}/^ = 0.01 and£
p^= 90%, When becomes very small., even at high degrees of 
approach to flooding, that is high p^ ., its effect on E^y is 
very small. Generally at low degrees of approach to flooding, 
is relatively small, and E^ is approximately equal to E^y.
Figure 27c shows that low F^^ and high p^ or p^^ produce 
high and Table 7.3 shows that high reduces efficiency, 
it therefore follows that the values of F^^ and p^ or p^^ must 
be carefully selected during a tray operation to keep 
entrainment within tolerable limits.
— 2 6 9 ”
7.3.2. Interfacial Area and Mass Transfer Coefficient 
It is desirable to be able to predict the rate of mass 
transfer that would be effected with a distillation system, 
therefore, the values of vapour/liquid interfacial area and 
the mass transfer coefficient of the system need be known.
Much research effort has . been directed to producing data and 
empirical correlations from which these parameters of mass 
transfer can be predicted. In an attempt to produce reliable 
data, many methods for measuring vapour/liquid interfacial 
area have been evolved, for example, light scattering, light 
reflection, photography and chemical reactions have been used. 
Comparisons of the data from these techniques show that the 
results are more dependent on the method than on anything 
else, it has therefore been decided to use the chemical method 
for obtaining the vapour/liquid interfacial area in the reaction 
considered in this work.
The absorption reaction of CO^ in NaOH solution was 
selected for its merits; the reaction is easy to handle, the 
materials involved are cheap and much data is available on 
it. Unfortunately5 the reaction is second order and the 
formation of HCO^ ions results in the depletion of the OH' 
ions and the complication of the analysis. However, if the 
reaction conditions are chosen such that OH' ions are not 
depleted at the interface, it can be considered pseudo first 
order, first order reactions are much easier to analyse than 
second order reactions.
The conditions for the reaction were chosen as outlined 
in Section 3.3.4 such that it could be considered pseudo first 
order, so making equation 3.77 applicable. The vapour/liquid 
interfacial area has been investigated as a function of liquid 
flow rate, vapour flow rate and column design. The results
-270-
obtained have been tabulated with Murphree tray efficiency in 
Appendix A3.4-* The calculation of interfacial area from 
experimental measurements is a long and tedious one, a sample 
calculation has been presented in Appendix A2.
7.3.2.1. Discussion of Interfacial Area Results
Figure 7.44 illustrates the variation of interfacial 
area with liquid flow rate. For the rectangular column, the 
values of interfacial area increase from 1.7 to 2.5 cm-1 over 
a liquid range of 10 to 45 gpm/ft of weir, while it increases 
from 0.5 to 0,9 over a liquid range of 7.5 to 25 gpm/ft of 
weir in the case of the round column. The tables in Appendix 
A3.|| also show that interfacial area increases slightly with 
vapour flow rate, it increases by 12.3% for an increase of 
12.8% in F^ at = 40 gpm/ft. Therefore interfacial area 
depends more on liquid flow rate than on vapour flow rate. The 
liquid residence time on the tray falls with increase in the 
liquid flow rate, it will therefore be expected that interfacial 
area will decrease with increase in residence time. Figure 7.45 
shows that it is true for this work.
Table 7.4- shows a comparison of the results of the present 
work with some results reported in the literature. It can be 
seen that the interfacial area values vary very markedly with 
the method of measurement, apparatus design as well as apparatus 
flow variables. Among the workers who have measured interfacial 
area by chemical technique on sieve trays are Harris and Roper 
(1963), Barnett (1966), Pohorecki (I968) and Pasiuk-Bronikowska 
(1969). The table shows that their results and the present values 
fall in the range 1.54 to 4.0 cm  ^ , However there is no tenable 
basis to say that these values compare very well since the 
hydraulics of the systems which yielded them were so different.
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The values obtained by Calderbank and co-worker (1959,
1960-62) as reported in Table 7.4 are very high compared
to the values of other workers. It is not certain why it is so ^ 
it might be due to the smallness of their apparatus, the 
absence of downcomers and no account being taken of liquid 
flow rate, or that small trays give unusually high values of 
interfacial area due to the effects of wall supported froth 
in the constrained space. Calderbank (1959) has proposed the 
following equation from his results of the measurements of 
interfacial area on a wide range of liquids, gases and sieve 
trays.
where = superficial gas velocity, based on the area
of column cross section cm/s.
u, = velocity of rise of the bubbles in the froth(taken to be 26.5 cm/s. under most conditions)
n =. the number of holes per unit area of plate
d = hole diameter, cm.
jJ = liquid viscosity g/cm.s
2g = gravitational acceleration cm/sec
p = density of liquid gm/cm^
a' = surface tension of liquid, dynes/cm
For the system CO^ “ air - NaOH used in this work, the equation
predicts a = 6.05cm at F^ = 2.0 6 for the rectangular column
and a = 6,30 at F^ = 1.72 for the round column whereas
the experimental values lie in the range 1.50 to 2.73 for
the rectangular column and 0,50 to 1,00 for the round column.
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On reflection, however, it must be realised that u^, the 
velocity of rise of bubbles in froth as considered by Calderbank 
may not be truly representative of the prevailing conditions. 
Calderbank carried out his studies in relatively deep liquid 
pools where the hold-up of gas in the system was comparatively 
small. On a sieve tray, the gas hold-up is much greater and 
towards the top of the froth the volume occupied is predominantly 
due to gas with very little liquid present.
If it is assumed quite speculatively that the form of 
the equation used by Calderbank applies, but that U^/U^ is not 
representative of the real situation, then a new approach is
fpossible. If is the real velocity of the gas through the 
frothy mass, and is the gas velocity based on the total
tcolumn cross section, then U^/U^ may be more representative of 
reality.
fThis can be obtained from experimental measurements 
of liquid hold-up, and froth height as follows:
wher
Gas hold-up on tray = (Z^-Z^).
e = froth height on tray, in.
Z = liquid head on tray, in. c 2= bubbling area, in
Plug flow* mean residence time
of gas on tray, t^ = (Z^-Z^).A^ 7 .83a
Q/50
where Q = volumetric gas flow rate, ft^/min.
Velocity of gas through the froth
on the tray, = Z^/t^ 7'. 83b
Velocity of gas based on column free
cross section, U = Q 1 7.83c
ÏÏO  ^ Ac
Thomas and Millington, University of Surrey, Guildford, have ■shown that the passage of gas through the aerated liquid mass on the tray is approximately in plug flow. The work has not been published yet.
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where U = gas velocity based on column free cross section, ^ ft/sec
2= cross sectional area of column,ft
As an example, from the present experiments,
F. = 2.06, L = 20 gpm/ft A  ^ w ^
= 2.385in., Z_ = 8.337in.
A^ = 2ft^, A^ = 3ft^ •
t^ = 0 .l63sec, = 4.262 ft/sec
Ug = 3.033
tTherefore, using these values of u^ u^ in equation 7.83,
we have a = I.76 cm ^
Table 7.5 shows a comparison of ’a' values obtained as 
illustrated above with those obtained from direct substitution 
in equation 7.83 and from the present experiments.
Table 7*5 Comparison of calculated and experimental 'a' values
Column -.'à'
Eqh:7.83
’a ’calc. ’a ’expt
Rectangular 2.06 20 6.047 1.76 2.00
Rectangular 2.06 45 6.047 1.78 2.42
Round 1.72 20 6,300 1.91 0.80
It is obvious from Table 7*5 that the values of 'a’ obtained 
as suggested above are much nearer to the experimental values 
than those obtained by using = 26,5cm/sec in equation 7.83. 
This therefore suggests that the assumption of the value of 
26.5cm/sec for ’under most conditions’, (Danckwerts, 1970 
p. 226) may not be correct and that a value of obtained for 
the column condition is to be preferred.
It is also clear from the table that the size of the tray 
'is of very considerable significance. The small tray is not 
dissimilar to the conditions used by Calderbank in that they
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are "restrained or restricted". In other words the walls of the
containing vessel support the liquid and the frothy mass, for
the large tray however, the nature and extent of support of
the. froth is very different. Therefore experimental results
obtained for small trays should be most carefully interpreted,
otherwise, it is likely that most misleading conclusions may
be arrived at for design. The fact that ’a' -, and ’a ’ , forcalc expt
the rodnd (large) tray differ to a greater extent than they do 
for the small tray is not at all surprising and obviously much 
more study is needed to obtain an equation similar to 
Calderbank's which takes into consideration the effect of 
tray size.
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7.3.2.2. Mass Transfer Coefficient,
Pew attempts have been made to calculate k^ values for 
sieve trays. The commonly used technique is to determine ’k^a’ 
and ’a ’ independently by experiment. Care needs be taken to 
ensure that the physico-chemical properties of the solutions 
used for the measurements of ’k^a' and ’a ' are similar, since 
interfacial area is dependent on density, viscosity, and 
surface^of^tRe liquids being used.
Figure 7»46 shows the plot of the 'k^ ' values obtained 
in this work against liquid flow rate. The values of'k^a’ have 
been found to remain constant with change in liquid flow rate 
(Figure 7.43) and those of 'a’ to increase with increase in
liquid flow rate (Figure 7.44). It is therefore satisfactory
d e c r e a s es that 'k^'^with liquid flow rate
A few of the 'k^ ' values available in literature have been 
shown in Table 7.6. Again they are seen to depend on the 
apparatus size and design. One common thing between the sets 
of values is the shortness of their ranges. Also in this work,
has been found not to vary much with liquid flow rate, and 
is independent of gas flow rate. Calderbank et al (196I, 196O) 
have suggested that 'k^ ' is independent of gas and liquid flow 
rates and dependent solely on the viscosities and diffusivities 
of the liquids being used. Calderbank and Moo-Ydung (I96I) 
have therefore proposed the following correlations for 'k '^.
k,- = 0.31 (gv)^^^ f ” — - — - 7.84
V^/L
and for large bubbles
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= 0.42 ^ » 7.85
where •= p/j? is the kinematic viscosity of the experimental 
liquid. These equations predict k^ = 0.0019 and O.OI6 
respectively for the columns in this work whereas the 
experimental values are in the range 0.099 to O.058 for the 
rectangular column and 0.355 and 0.206 for the round column. 
Therefore these equations are not general and ’k^’ like ’a’ 
is a function of the system from which it is measured.
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7.3.3* Comparative Studies
In the present work, the tray characteristics, (for 
example, total plate pressure drop and liquid hold-up on the 
tray), and the tray Murphree efficiency have been investigated 
as functions of liquid and vapour flow rates. Under similar 
conditions, the value obtained for each characteristic or 
efficiency on the rectangular column tray is different from 
the value obtained on the round column tray. It may 
therefore be hypothesised that tray design has an effect on 
the tray characteristics and performance. In order to ascertain 
the effects of the tray design on the tray characteristics 
and performance, tray design parameters such as hole size, 
hole spacing and the number of holes per unit tray area should 
be considered. Only two differently designed 1-inch hole 
trays were used in this work and therefore valid deductions of 
the absolute effects of the tray design on the tray 
characteristics and performance cannot be made from the 
experimental results.
However, the merits of 1-inch hole trays can be 
appreciated by comparing the results of this work with 
those obtained on smaller hole trays. Thomas and Haq (*) 
have previously measured tray Murphree efficiencies and 
interfacial areas on the rectangular column used in the present 
work. They employed a i~inch hole tray and the system air-COg- 
water to measure the tray efficiency and air-COg-NaOH solution 
to measure the vapour/liquid interfacial area. Their data 
and those from the present work have been plotted in Figures
7.47 to 7.51 to facilitate comparison.
* The work of Thomas and Haq (University of Surrey, Guildford), 
is under publication.
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7.3•3.1. The Extent of Liquid Mixing, ^
Figure 7«47 shows the effect of liquid flow rate on 
the extent of liquid mixing, (dimensionless variance) on the 
trays, from which it is apparent that mixing is more 
pronounced on the 1-inch hole rectangular tray than on the 
I-inch hole rectangular tray, since mixing increases plate 
efficiency it will be expected that the former will yield 
higher values of plate efficiency that the latter under 
similar conditions.
7.3-3*2. Murphree Tray Efficiency, E^^
As has been deduced in the previous section. Figure
7.48 shows that the 1-inch hole tray is slightly more 
efficient than the |-inch hole tray. The E^^ curves for 
both trays are similar in trend, this is expected since the 
same column and system were used. The 1-inch hole tray 
in the round column is less efficient than the other two 
plates. However, as may be seen the value used in 
obtaining the round column data is smaller than those used 
for the rectangular column data and since E^^ increases with 
(though slightly. Fig. 7-39), the lower values of E^^ 
can be attributed partly to the lower value of F^ used.
7.3-3.3. Mass Transfer Coefficient, k^a
The experimental values of the mass transfer coefficient, 
k^a are plotted in Figure 7*49 for the three trays. In the 
case of the rectangular trays, the values for the 1-inch tray 
are higher than the values for the |-inch tray. This result 
follows from the fact that the 1-inch tray is more efficient
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than the |-inch tray. The k^a values for the 1-inch hole round 
tray are higher than those for the other trays, but the tray 
is less efficient, therefore this anomalous behaviour can be 
attributed only to column design, especially as the values 
are lower for the round column.
7.3.3.4. Vapour/liquid Interfacial Area 'a '
It can be seen from Figure 7-50 that the rectangular 
trays produce on average equal interfacial area values under 
similar conditions. This is phenomenal since the plate 
designs are different. It is too early to deduce that as a 
consequence, different plate designs will yield the same 
values of interfacial area when used in the same column. If 
further work could ascertain that this was true, then 
interfacial area would no longer be one of the criteria for 
selecting a plate in preference to other possible choices for 
a particular duty.
The values of the interfacial area for the round column 
are much lower than the values for the rectangular plates.
This may again be due partly to the lower value of the F^ 
factor used in the experiment, a higher value of F^ would have 
produced more frothing per unit liquid hold-up on the tray, 
(Figure 7.19) thereby lowering the froth density factor and 
increasing the interfacial area. For a given liquid hold-up, 
a small column has a higher tendency to constrain the froth 
more than a large column thereby aiding more frothing. This 
constraining action of the column wall reduces, the larger 
the size of the column. The presence of oscillation on the tray 
is a manifestation of the constraining action of the column wall 
bn the froth. Oscillation is more common with small columns, 
(Thomas and Shah (1964) and Thomas and Campbell (1967).
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The effect of oscillation is to increase frothing on the 
tray. These effects could partly account for the larger 
interfacial area values obtained on the smaller rectangular 
plates than on the larger round plates.
7.3«3.5. Mass Transfer Coefficients,, kL
Figure 7.49 shows that k^a remains constant with 
increasing while Figure 7.50 shows that ’a' increases 
with increasing L^, therefore, the values of k^ calculated 
from k^a and ’a’ should decrease with increasing liquid 
flow rate. This deduction is corroborated by Figure 7.51 
which shows that the k^ values obtained in the present work 
are larger than those obtained by Thomas and Haq, This should 
follow directly from Figures 7.49 and 7-50.
7.3.3.6. Conclusion
From the above considerations it can be concluded that 
tray design affects the values of the efficiency parameters 
k^a, ’a ’, and k^ and that the overall effect is to make 
the large-hole tray more efficient than the small-hole tray. 
As has been stated previously, more work will be needed to 
ascertain the generality of the effects of column or tray 
design on tray characteristics and performance.
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CHAPTER EIGHT 
SUMMARY AND CONCLUSIONS.
8. 1. SUMMARY,
In recent years, there has been a resurgence of the 
use of sieve trays in the distillation industry as a 
result of the realisation of their advantages over 
bubble cap trays. They are preferred in vacuum and 
dirty services where solutions tend to deposit solids. 
They are capable of much higher throughputs than bubble 
cap trays and can operate at throughputs lower than 
normal capacity. As a result of these merits, much work 
has been done and reported in the literature on the 
investigations of the factors affecting the design and 
performance of sieve tray distillation column employing 
small hole size trays. The trends of those results have 
led to the suggestion that large hole-size trays might 
be capable of better performance than small hole-size 
trays.
In the present work, cost and local conditions 
prohibited the use of actual distillation columns and 
therefore simulators had to be used with air and water 
as the system fluids. The simulator columns were of such 
dimensions that the results obtained on them could be 
scaled up, if necessary, to apply to larger columns.
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The performance of the pilot plants were investigated by 
way of studying their hydrodynamic behaviour under varying 
liquid and gas rates, the mean residence time and the 
extent of liquid mixing on their trays and mass transfer 
efficiency.
In the hydrodynamic studies, the effects of varying 
the liquid and gas rates on the pressure drop across the 
tray and its aerated liquid mass, the heights of froth and 
liquid on the tray and heights of froth and liquid in the 
downcomer, degree of liquid-to-gas entrainment and weeping 
were noted. Some useful parameters such as aeration and 
froth density factors have been derived from the direct 
measurements. An attempt was made to attain industrial 
conditions by employing liquid and gas rates up to 3,000 
gal/hr and 30,000 ft^/min respectively.
The mean liquid residence time was studied as a 
function of liquid and gas flow rates and column geometry. 
The values of the dimensionless variance of the residence 
time distribution, a parameter that uniquely characterised 
the extent of liquid mixing on the tray were derived from 
the measurements of the residence times.
The Murphree tray efficiencies (in liquid terms) were 
determined using the system air - CO^-water and liquid/gas 
interfacial areas using the system air - 00^ - NaOH solution 
The mass transfer coefficients were calculated by combining 
these two results.
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8. 2. CONCLUSIONS.
The results of the present investigations will 
be considered under the following headings:
1. Hydrodynamic study.
2. Liquid Residence Time and Mixing Study.
3. Mass Transfer Study.
8. 2. 1. Hydrodynamic Study.
1. Dry Plate Pressure Drop.
The pressure drop experienced by the vapour in passing 
through the perforations in the plate was investigated as 
a function of vapour flow rate. The experimental results 
are well correlated by the following equations:
Rectangular Column, v^ = 0.82 /2g. ^^^L ^dp -------- 8. 1
Round Column, v^ = 0.94 /2g. ^^^L ^dp
where v = vapour velocity through the perforations, ft/sec
g = gravitational acceleration, ft/sec 2
= vapour density, lb/ft 
= liquid density, lb/ft
hdp= pressure drop through the perforations, in.
The coefficients 0.82, and 0.94 represent the discharge 
coefficients through the perforations. These values are 
higher, than the values reported in the literature for small 
hole-plates, therefore according to this work, large hole-
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plates conserve vapour energies better than small hole- 
plates.
2. Total Plate Pressure Drop.
It has been shown that the total plate pressure drop 
is the sum of
a, the dry plate pressure drop
b, pressure drop through the aerated liquid mass and
c, pressure drop due to bubble formation.
The pressure drop through the -aerated liquid mass and that 
due to bubble formation could not be measured easily, 
therefore, the total plate pressure drop was measured 
directly by a manometer across the tray. The following 
equations fit the experimental data very well.
Rectangular Column, h^ = 0.335L"’° ’^  (L -25)+0. 188F^ + 3.623---8.3b W  W  A
Round Column, h.^ = 0.0266L^ + 0.445 F^ + 1.765 ----------------8.4
It can be seen from the equations that h,^ increases with 
increase in Iw or P^.
3. Froth Height on the Tray.
The froth heights were measured visually and therefore 
the reported results are approximate. The experimental data 
have been correlated as:
Z. = 0.08L + 1.563F. + 3.517------------------- 8.5I W  H
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for the rectangular column, and
= 0.0548L^ + 2.160P^ + 4.826     8. 6
for the round column.
The equations predict increase of Zf with increase in L or F.w A
4. Static Liquid Head on the Tray
The static liquid heads on the tray were derived from 
the measurements of the dynamic liquid heads. The latter 
were measured using manometers installed in the tray floor 
and therefore had to be corrected for the effects of 
surface tension. The experimental dynamic head (Z^),
values, corrected for surface tension are well correlated
by the equations:
Z^ = 0.0178 L^ - 0.417 F^ + 2.709--------------- 8. 7
for the rectangular column, and
Z^ = 0.020 L^ - 0.610F^ + 3.705-------------- 8. 8
for the round column.
According to these equations, Z^ increases with increase in
L but decreases with increase in F ..W  A
The static head values were obtained from the dynamic 
head values by adding the momentum head Z^ , that is
Zc =  8 . 9
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5. Aeration Factor
Under quiescent conditions, theoretically, the liquid
height on the tray should be h + h , (h is the heightw ow w
of liquid equal to the height of weir, and h^^ is the 
liquid crest over the weir). However, at the instance of 
aeration, the theoretical height reduces to Z^ . The 
aeration factor, g, defined as
 ^   8.10
^W  ^^ow
is therefore a measure of the ratio of the liquid head on
the tray at any degree of aeration to the head in the
absence of aeration. In the present work, 3 values were 
calculated in two ways, using Zc values from dynamic head 
measurements and again the value of Zc derived from total 
plate pressure drop measurements. Over the range of liquid 
and gas flow rates investigated the values of 3 fall in the 
range
3 = 0.4 to 0.78, for the rectangular column and
3 = 0.7 to 0.89, for the round column
6. Froth Density Factor.
The froth density factor has been defined as the ratio 
of the volume of liquid in the froth to the volume of frotfi
an the froth to the volume--o-£—f-ro-t-h-. Since both the liquid
grA- the froth to th-e-Jva3du;m e--Q.f---f.rG4-h-. . . . .ana m e  rrom occupy the same tray area, this definition
/
may be restated as the ratio of the height to which the 
froth would collapse without vapour to the height of froth
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in the presence of vapour, that is Zc/Z^. The froth 
density factor, too, has been calculated in two ways - 
using Zc from dynamic head measurements data and again Zc 
from pressure measurements data. The ranges of results 
obtained are:
for the rectangular column, <j) = 0.22 to 0.34 
for the round column, (j) = 0.29 to 0.37
7. Downcomer Dynamics 
Three parameters were investigated for the downcomer,
viz :
the liquid height, the froth height and the froth density 
factor. The liquid height was found to be largely a 
function of the liquid flow rate; the experimental data 
on it is well correlated by the 'equation proposed by 
Leibson et al (1957):
= hje + h t  M t  “ h u ----------------8.11J
where h^^ = head loss through the downcomer exit, in liq.
hit = static liquid head on the lower tray at a point
adjacent to the downcomer, in.
h^ = total pressure drop through the tray, in.liq.
J = specific gravity of liquid.
h, = pressure build-up at the entrance to the D U
downcomer in. liq.
The equation
h e  = ht + hw + h w  * h e  ------------------------ 8.12
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obtained from pressure balance on the downcomer 
predicts higher values than equation 8.11 and therefore 
it is to be preferred in design to obviate the problems 
of under-sizing.
Gas flow rate was observed to have little effect on 
the downcomer froth height while it increased substantially 
with increase in the liquid flow rate. The froth density 
factor for the downcomer was calculated in a way similar to 
those for the tray, viz:
^dc ^dc/Z^^----------------------  8.13
where = downcomer froth density factor
= froth height, in. 
h^^ = liquid height, in.
The froth density factor was found to fall with increase 
in Lw while remaining insensitive to changes in The
same graphical correlation fits the data for both columns. 
The experimental values of ^^^are in the range 0.7 to O.85.
8. Liquid- to - Gas Entrainment.
The entrainment of liquid by gas was investigated as 
a function of liquid and gas flow rates. In the present 
work, it increases with increase in the gas flow rate but 
decreases with increase in the liquid flow rate. The trend 
of the experimental data has led to the definition of a 
flooding criterion p^^ where
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^zf  ^ % f / 8 --------     8. 14
where = froth height on the tray, in.
S = tray spacing, in. 
this criterion implies that flooding will occur when 
the froth height on the tray is equal to the tray 
spacing. A chart with curves, each corresponding 
to a Pg^ value, correlating the experimental data 
has been presented. Also the following equation 
correlates the experimental data very well:
/ V  , \ l . 2 6 7
iJ/j^ =0.0067l  8. 15
A comparison of these correlations with those on 
smaller-hole trays shows that entrainment on large-hole 
trays (especially, the present case) is not as bad as 
has hitherto been feared, though higher values are 
still obtained at the same conditions.
9. Weeping.
In the present work, weeping was investigated by 
determining the pressure drop across the tray at 
selected values of vapour velocity through the holes.
The exact values of the pressure drop at the onset of 
weeping could not be determined by visual observation
and therefore had to be estimated graphically. It has
been deduced from the experimental data that the 
criterion for no weeping is
^      8. 16
and not ----------------------- 8. 17
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as many workers have suggested - Mayfield et al (1952), 
Leibson et al. (1957) and Zenz (1954).
where h^ = pressure drop due to bubble formation, in liq.
8. 2. 2. Liquid Residence Time & Mixing Study.
The liquid mean residence time and the degree of 
relative liquid mixing were investigated separately for 
the tray alone and the combined tray and downcomer system, 
as a function of liquid and vapour flow rates and column 
geometry. The experimental data show that for the present 
work, the mean residence time, t, decreases sharply with 
increase in the liquid flow rate, L^, while remaining 
insensitive to changes in the vapour flow rate.
The extent of liquid mixing as characterised by the
dimensionless variance of the residence time distribution,
o^, was found to be constant with changing liquid rate but
increasing linearly with increase in the gas flow rate. A
plot of c^ against t shows o^ to be unaffected by the change
in t, this is in agreement with the fact that t is inversely
related to L . It has been shown that the situation on the w
trays in the present work was that of an "intermediate stage" 
of mixing and that it would not be correct to apply the 
equations which basically were meant for plug flow cases.
The eddy diffusion coefficient could not be measured 
directly and had to be derived from the equation
° 'Z^)('/ )----------------------------- 8.18t
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where D = eddy diffusion coefficient, ft^/sec 
Z = tray length, ft.
This equation was derived from the following plug flow 
equations
a" = 2D ---------------------------------- 8.19
uZ
u = Z/^ :--------------------------------  8.20
Therefore calculating D from equation 8.18 by using 
experimental values of and.t, which are parameters of an 
"intermediate stage" of mixing, is not valid. A model for 
this stage of mixing needs be evolved to enable valid 
assessment of D, but as at now, is to be preferred as 
a means of characterising the relative degree of mixing on 
bubble trays.
8. 2. 3» Mass Transfer Study
The sytem air - CO2 ~ water was used in measuring 
the Murphree tray efficiency, It was found to decrease
steeply with liquid flow rate but increase slightly with 
gas flow rate. The Murphree tray efficiency depends very 
much on the residence time of the liquid on the tray, the 
longer the liquid residence time, the longer is the contact 
time available between the liquid and the vapour and therefore 
the greater is the amount of mass transfer taking place.
The following mixing model derived by Foss et al (1958), 
and Thomas and Campbell (1967) was used in calculating the 
number of liquid phase mass transfer units, Ny:
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^ML "  ^^ --------------------------  8. 21
The number of transfer units was found to increase linearly 
with increase in liquid residence time. This result is in 
agreement with the following equation which was derived from 
theoretical considerations, (A. I. Ch.E. Manual, 1958, p.34):
~ k^at------------------------     8. 22
where = liquid phase mass transfer coefficient,cm/sec.( a i
a = interfacial area per unit froth volume, cm^,
= number of liquid phase mass transfer units, 
t = liquid mean residence time on the tray, sec.
The mass transfer coefficient ’k^a’ was found to be constantIt ^and it could therefore be concluded that 'k^a' was independent 
of the liquid residence time.
The liquid/gas mass transfer interfacial area per unit 
volume of froth, 'a', was determined using the system air-cog- 
NaOH solution, from which ’a' was found to depend largely on 
Lw, increasing with an increase in the latter. The dependence 
on the vapour flow rate was slight, and appreciable increase 
in the PA produced a very small increase in ’a'. The values 
obtained for 'a' in the experiments are in the range 1.5 to
2. 7 cm  ^ in the case of the rectangular column and 0.4 to 1.0 
cm  ^ in the case of the round column. It has been concluded 
from a comparison of the experimental results and those in
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the literature that ’a' is strictly a function of the 
system from which it is obtained.
The values of the mass transfer coefficient were
obtained by combining the results of the physical and the
chemical mass transfer studies. The consequent values of
ky have been found to decrease with increase in L but L w
increase only slightly with The experimental values
are in the range 0.099 to 0.058 cm/sec for the rectangular 
column and 0.355 to 0.206 cm/sec for the round column.
A comparison between the data from the present work 
and those obtained by Thomas and Haq (*) shows that the 
trend of the change in k^a, k^ and 'a' values
with changes in the liquid or vapour flow rates are similar 
Furthermore, the values for the 1-inch hole plate are
higher than those for the 3/8-inch hole plate in the same 
rectangular column and under similar conditions. However, 
further work will be needed to ascertain whether large-hole 
trays are in general more efficient than small-hole trays.
* The paper by Thomas and Haq is in the process of 
publication.
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NOMENCLATURE
a Interfacial area per unit volume, cm ^.
A Tray area, in^.
Aa Active area, in^.
A^ Bubbling area, in%.
A^ Cross sectional area of contact volume.
A^ Total vapour/liquid interfacial area.
Concentration of reactant in solution, g.mol/l.
C^ Concentration of component in solution.
C^ " " " at the interface.
°A " " " A .
C* " " CO2 at interface.
C^ " " CO2 in the bulk of liquid,
nsb Souders-Brown coefficient.
Diffusivity of component A, ft^/hr or cm^/sec.
D Diffusivity.
D^ Diffusivity of CO2 in water, cm^/sec.
Dg Diffusivity of CO2 in solution, "
do Perforation diameter, in.
E(0) Exit age distribution fuction.
E Factor by which chemical reaction increases the
rate of absorption compared to physical absorption. 
E^ Murphree vapour efficiency corrected for entrainment
Eml Murphree efficiency in liquid terms.
E^^ Murphree efficiency in vapour terms.
E^ Overall column efficiency,
e^  Liquid-to-vapour entrainment, moles/hr.ft^.
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Total liquid entrainment, Ib/min,
P^ - factor, (lb/ft.sec^^
P^^ Ratio of liquid to vapour, (flow parameter).
P^ P^ - factor at the weep point.
Gjyj Vapour flow, lb .mol/hr. ft ^ .
g Gravitational acceleration, ft/sec^ or cm/sec^.
H Henry’s coefficient ft^. atmo/lb.mol.
H^ Henry’s coefficient in water.
h^ Total plate pressure drop, inch water.
h^ Liquid head equal to the weir height, in.
h^^ Liquid crest over the weir, in.
h^ Pressure drop against head on tray, in,
h^^ Liquid head in the downcomer, in.
h^p Dry plate pressure drop, in. water.
hg Liquid gradient on tray, in.
h^^ Pressure drop at downcomer exit, in. water.
h^^ Liquid head on lower tray, in.
h^ Residual pressure drop, in. water.
h^ Pressure drop resulting from frothing, in. water.
h® Pressure drop at weep point.
hi,h2 Ionic contributions of species 1 and 2 respectively 
Ii,l2 Ionic strength of species 1 and 2 respectively.
I^ Total ionic strength,
J Specific gravity of liquid
ki Pirst -order reaction rate constant, sec ^
k2 Second order reaction rate constant, cm^/mol.sec.
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Mass transfer coefficient, liquid side, ft/sec, cm/sec. 
k^ " " " , gas side,moles/sec,ft^.atmo.
Kqg Overall mass transfer coefficient referred to gas phase.
Kql Overall mass transfer coefficient referred to liquid phase.
L Liquid flow rate, gal/min.
L^ Liquid flow rate per foot of weir length, gpm/ft.
1^ Weir length, in.
L^  Liquid flow rate, lb. mole/hr.
Ljyj Liquid flow rate lb.moles/hr ft%.
N Rate of mass transfer, moles/hr.
Rate of mass transfer, moles/^^ ft^’
Number of liquid film transfer units.
NG " " gas " " "
Overall number of transfer units referred to liquid 
phase.
Overall number of transfer units referred to gas phase, 
p^ Partial pressure of component A, atmo.
Pj^ Partial pressure of component at interface, atmo.
Pe Peclet number.
Pj^  Percent flooding.
^zf Ratio of froth height to tray spacing.
Q Air flow rate, ft^/min.
Amount of gas absorbed per unit area.
R Mass transfer per unit area, gm.mol/cm^.sec.
R Mean mass transfer rate, gmumolYcm^. sec.
R.J. Total mass transfer, gm. mol/sec.
r Rate of gas absorption per unit volume
S Tray spacing, in.
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S’ Tray spacing minus froth height, in.
T Absolute temperature, °K,
t Time, sec.
t Mean residence time, sec.
tj^ jt^  Liquid and gas mean residence time respectively,
u Axial velocity of liquid ft/sec,
,UVelocity of rise of bubble, cm/sec.
Ug Superficial velocity, cm/sec.
Vq Vapour velocity through the perforations,
v^ Superficial velocity, ft/sec.
v^ Vapour velocity based on plate active area, ft/sec.
v^ Volumetric liquid flow rate, ft^/sec.
v^ Vapour velocity based on bubbling area of tray, ft/sec
w Weir height, in.
w^  - Liquid flow rate, lb/hr.
W Vapour flow rate, lb/hr.
X  Mole fraction of component in the liquid phase,
x^ Mole fraction of component at the interface,
x^ Exit composition.
^n+1 in^et composition,
x^ Equilibrium composition
Exit composition of component in the gas phase.
Y^_^ Inlet composition.
Yg Equilibrium composition.
Z Distance between points of tracer injection and
measurement, or tray length, ft.
Z^  Height of contact volume, ft.
Zt Height of liquid film, ft.
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Zq Height of gas film, ft.
Static liquid head on tray, in.
Dynamic liquid head on tray, in.
Z Momentum head, in.m
Z^ Froth height on tray, in.
Zfd Froth height in the downcomer, in.
Z^^ Static head calculated from total pressure drop data, in
Z^^ Static head calculated from Francis formula, in.
pQ'Pv Density of gas, Ib/ft^.
Pl Density of liquid, Ib/ft^.
X mGm/Lm.
o Surface tension of liquid, dynes/cm.
Fractional entrainment, lb/lb.
Fractional liquid-to-gas entrainment, 
total liquid downflow.
lb/lb.
Fractional liquid-to-gas entrainment. lb/lb vapour.
3j3dj3h Aeration factors, (d refers to dynamic head data and 
h to pressure drop data). 
cf>,<f>da4>h F^oth density factors.
^dc Downcomer froth density factor.
D Dimensionless time.
T Mean residence time, sec.
Dimensionless variance.
Time based variance, sec ^.
<S Thickness of liquid film within which gas
absorption is taking place, cm.
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A P P E N D I X
A.I. MISCELLANEOUS APPARATUS AND CALIBRATIONS.
The preliminary calibrations of the various instruments 
used in the present work were carried out according to 
standard procedures. The procedures are described below 
for the air flow manometer, the dye detector, the dynamic 
head manometers, the infra-red gas analyser and the automatic 
titration equipment.
A, 1. 1. Calibration of the Air Flow Manometer .
A standard orifice meter, 3 inch internal diameter with 
D and D/2 tappings was installed in the 6 inch delivery 
pipe to measure the air flow rate from the column. The.method 
outlined in B.S.S. 1042 (1943) was used to obtain the 
relationship between the pressure drop, h^, across the orifice 
and the rate of flow of air. The relationship is
Q = 132. 5/h^  A.l
where Q = air flow rate, ft^/min.
h^= pressure head drop across the orifice, in. HgO.
It has been found convenient to express the rate of 
gas flow in terms of the active area of the plate, (that is, 
the area occupied by the perforations), therefore a flow 
factor term has been defined such that
/p^ ---------------------------  A .2
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where = vapour flow factor, (F^-factor), /ft.lb/sec.^
V = vapour velocity based on the area ^ containing perforations, ft/sec.
= density of vapour, Ib/ft^
The superficial vapour velocity is given by
= S    A. 3
a
where = plate active area.
By combining equations 1, 2 and 3j F^ can be expressed
in terms of h , thus o
= 2.208/gpr; ------------------- ------— A.4
This relationship for the rectangular column at 20°C, (p^“
0.07 Ih/ftn is
F^ = 0.742/h^  A. 5
and for the round column.
F^ = 0.325/h  A. 6
A. 1. 2. Dynamic Head Manometers
The dynamic head manometers were made from straight 
cylindrical tubes of 4 mm bore. The bottom end of each 
tube was connected by means of rubber tubing and stainless 
steel tube to the tray floor in such a way that the top end 
of the stainless steel tube was flush with the tray floor.
-311-
Being one-leg manometers, it was necessary to correct 
liquid levels in the manometers for the effect of surface 
tension. This was determined for each tube by placing it 
vertically in a vessel containing the liquid used in the 
experiment and noting the rise in level above the level of 
liquid in the vessel.
A. 1. 3* Calibration of Dye Detection Unit
In employing dye to measure the liquid residence time
on the tray, a physical property of the dye solution
dependent upon dye concentration was measured instead of
the actual dye concentration. The particular physical 
property measured was the extent of obscuration offered 
to a light source by the presence of the dye in the liquid. 
Preliminary experiments were carried out to establish the 
relation between the extent of the obscuration and the tracer 
concentration. The response of the detector was calibrated 
by noting the response to a series of solutions of known 
dye concentrations. Figure Al.l shows the response of the 
detector against increasing dye concentrations measured as 
potential difference drops across a 100 kJ2 resistor connected 
in series with the detector. The galvanometer deflection 
could be seen to be proportional to the dye concentration 
from zero concentration until a stage is reached when the 
rate of change of galvanometer deflection is no more 
proportional to the increase in dye concentration.
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A. 1. 4-- Calibration of the Infra-red Gas Analyser
The infra-red gas analyser had to be calibrated for 
zero and maximum readings before and after eight hours of 
continuous use. This was done by first purging the analyser 
with pure nitrogen and adjusting the screws on it until the 
recorder read zero. The reading on the recorder was observed 
for at least ten minutes to make sure it remained at zero, 
then a mixture of 00% and Nz containing 10% COz was passed 
into the analyser. The screws were adjusted again until the 
recorder gave the maximum reading. Enough time was allowed 
to ensure that the recorder dial settle at that reading, the 
mixture was then cut off and analyser repurged for zero reading,
A. 1. 5* The Automatic Titration Equipment
The automatic titration equipment shown in Figure A1.2 
was manufactured by Radiometer of Copenhagen.
It consists basically of three parts:
Auto Burette Unit
This is a highly automated burette with a digital read out 
It is emptied by a motor-driven piston operated by signals 
from a titrator. The volume delivered by the burette can 
be read to within 0.04%. Eight speeds are provided for 
varying the delivery rate from 40 seconds to 80 seconds 
for the full burette volume. The burette feeds the titrant 
into a vessel fitted with a stirrer, a glass electrode and a 
calomel reference electrode, A nitrogen blanket may be kept 
above the solution in the vessel to avoid contamination by
atmospheric COg. The signals from the electrodes are fed
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to a titrator unit which controls the flow from the 
burrette.
The Titrator
This unit and a pH meter control the motor driving the
piston of the auto burette. The instrument is operated
by three knots and four push buttons on the panel. The
Selector Knob controls the Downscale or Upscale titrations
and it can also be set to manual control. The proportional
band which signifies the span of just prior to reaching
the end part over which the flow of titrant is to be
gradual so as to approach the end point cautiously can be
set over a range of 0~5 pH. The End Point Knob provides a
continuously variable end-point setting within the range
of 0 to l4 H which can be read on the H Meter when the P P
push button Set E.P. is depressed. Temperature compensation 
is provided in the ^H Meter as well as a means of buffer 
adjustment and an adjustment for electrode sensitivity.
The titration can be followed automatically by means of 
the curve recorded on the third part of the apparatus.
The Titragraph
The titragraph produces a plot of the electrode 
potential against the delivered quantity of titrant. The 
titrant is added to the sample in small increments which <3re 
recorded along the abscissa of the titragraph chart, each 
increment is followed by an interval in which the electrode 
potential is recorded along the ordinate. Time is allowed 
for the reaction between sample and added titrant to reach
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completion before another addition of titrant takes 
place. A characteristic step curve is thus produced.
The titrant addition per increment is limited by 
the width of the proportional band on the titrator, so 
that the curve recorded near the band deviated from the 
theoretical curve by more than the width of the band.
The titrant addition per increment also depends on the 
slope of the curve, so that it automatically increases 
in the well buffered ranges of the curve and slows down 
around the end point.
A.2. PROCEDURE FOR LIQUID SAMPLE ANALYSIS
The liquid samples from the physical and chemical 
absorptions of CO2 were analysed as outlined by Vogel 
(1948) and Kolthoff and Sandell (I950). The physical 
absorption sample contained CO2 in water while the chemical 
absorption sample contained a mixture of NaOH and NazCOa in 
solution. COz is only slightly soluble in water, therefore 
some dilute NaOH solution was adde'd in a slight excess to 
each physical absorption sample in order to retain the COz 
in the samples as NazCOg. Therefore all the samples, whether 
from physical or chemical absorption experiments, contained 
NaOH and NagCOa in solution, and hence the same procedure was 
followed in analysing them chemically.
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A. 2. 1. Chemistry of Titration Reactions
The reaction involved between COz and NaOH is 
2NaOH + COz NazCOa + HzO ------- - -------A. 7
i.e.
1 mole COz = 1 mole NazCOs
Therefore if after contact with COz the reactant . . 
solution is analysed for NazCOs, the result obtained will 
be equivalent to the amount of COz absorbed. This is the 
procedure employed in the present investigation for determining 
the amount of COz in the samples.
The standard procedure for analysing a NaOH/NazCOa 
mixture is in two stages, viz:
1, titrating a volume of the mixture with HCl to 
determine the amount of total alkali,
2. precipitating NazCOs from another equal volume
with BaClz solution and retitrating with HCl to 
determine the amount of NaOH present in the solution.
The difference in the volumes of HCl used in the two cases
gives the amount of HCl required to neutralise the amount of 
NazCOa present in the titrated volume of the mixture. The
reactions involved are:-
NaOH + HCl ^ NaCl + HzO  A. 8
NazCOs + 2HC1 2NaCl + HzO + C O z  A. 9
NazCOs '*■ BaClz BaCOs (insoluble) + 2NaCl A. 10
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The hydroxide titration is carried out without 
filtering the barium carbonate since the strong alkalinity 
of the soluble sodium carbonate (pH = 8.6) due to hydrolysis 
is replaced by that due to a saturated solution of sparingly 
soluble barium carbonate; hence phenolphthalein (colour change 
pH= 8.3 to 10.0) could be employed as an indicator. Any 
excess of barium chloride reacts with two moles of NaOH per 
mole of BaClz* But as far as neutralisation is concerned, 
this is immaterial for one mole of Ba(OH)z requires the 
equivalent acid needed to neutralise two moles of NaOH.
Since solid NaOH cannot be obtained pure due to the fact 
that it is extremely hygroscopic, a certain amount of alkali 
carbonate and water are always present; a carbonate-free 
solution had to be obtained to ensure accuracy of the test 
run. Standard solutions of NaOH (carbonate-free) and HCl 
supplied by B.D.H. Chemical Ltd. were used for all the 
titration purposes.
A. 2. 2. Theory of Titration Reactions
A solution of sodium carbonate may be titrated to the 
bicarbonate stage according to the reaction:
NazCOa + HCl NaHCOa + NaCl---------------------A. 11
The equivalence point for the primary stage of ionization of 
carbonic acid is pH = 8.3* If the sodium carbonate solution 
is titrated until all the carbonic acid is displaced, the net
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reaction is,
NazCOs + 2NaCl + HzCOa -----------------   A. 12
The pH at the equivalence point is approximately 3-8 The 
pH values quoted can easily be calculated from the knowledge 
of the dissociation constants of the acids and bases 
concerned. Thus, considering equation A.11, the values 
of the dissociation constants for carbonic acid are
Ki = 4.3 X iO  ^ and Kz = 5*6 x 10 ^ ^ the pH at the first
equivalence point for a diabasic acid is given by
(h O  = KiKzOs  ^  A. 13
Ki+ Cg
provided that the first stage of the acid is weak and that 
Ki can be neglected in comparison with c^, the concentration
of the salt present, equation A.13 reduces to
(H+) = (KiKz)^  A. 14
or pH = &pKi + §f)K2  A. 15
and in this case
= 8.3
The other reaction involved in the titration is that 
between HCl and NaOH and is represented by the equation
NaOH + HCl NaCl + H z O ----------------------A. 17
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This is a case of neutralisation of a strong base with 
a strong acid. If it is assumed that the acid and the 
base are completely dissociated and that the activity 
coefficients of the ions are unity, the pH of the 
solution at neutralisation can be calculated. In the 
absence of COz, the pH would be 7 at neutralisation, the 
resulting solution being equivalent to one of sodium 
chloride. However, in the present case, COz was present.
The gas would be in equilibrium with carbonic acid, of 
which both stages of ionisation are weak, with the result 
that the pH at the end-point would be about 8.8.
A, 2. 3* Titration Procedures
a. Caustic Carbonate Solutions
The caustic carbonate solutions were analysed by 
pipetting 20ml. sample into the titrating vessel,making 
the sample up to 100 ml. with deionised water and titrating 
with IN HCl, for the determination of total alkali. A 
nitrogen blanket was kept continuously over the solution 
while the titration lasted.
Next, another 20 ml. volume of sample was pipetted 
into the titration vessel, warmed to 70°C, and" 1% BaClz 
solution added until no further precipitate was produced.
The solution was then cooled to room temperature and titrated 
with acid; the amount of acid used corresponded to the 
amount of NaOH present.
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From equation A.12,
2 moles HC1= 1 mole NazCOs 
Therefore, 1 ml N-HClE 0.0530 gm. NazCOs
But from equation A.8,
1 mole HCl 5 1 mole NaOH 
Therefore, 1 ml N-HC1= 0.0400 gm NaOH
Thus the amounts of NazCOs and NaOH in a given sample can 
be calculated from these relationships and the measured 
volumes of the titrant HCl,
b. Carbon Dioxide Solution
25 c.c. of the COz solution with the COz already 
converted to carbonate ions by the addition of NaOH solution 
was pipetted into the titration vessel. It was titrated 
with 0.05N HCl to the end point pH= 8.8 as described above 
for caustic soda solution after precipitating the carbonate 
ions by the addition of BaClz solution. The titration was 
repeated for total alkali. The difference in the volumes 
of HCl in the two instances gave the volume equivalent to 
COz and bicarbonate in water. The bicarbonate content of 
tap water was separately determined by titrating with a standard 
solution of HCl.
A. 2. 4. Analysis of Titration Results.
The titration equipment was set to the known end-point 
of each sample/HCl solution, by its design the apparatus 
stopped automatically on getting to the end-point. However, 
some manual runs were carried out to ensure correct end-point 
pH setting.
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a, NaOH - NazCOs Solution
20 ml. of each sample was used, and three titrations 
were carried out for each sample; the average of thé 
HCl volumes used was taken as equivalent to the alkali 
content (NaOH or NaOH and NazCOs) of each sample. The 
analysis of a typical sample was done as follows:
Tray Inlet :
Volume of N-HCl required for total alkali 
titration = I9. 642 ml.
Volume of N - HCl required for NaOH content
18. 260 ml.
Volume of N - HCl equivalent to NazCOs content
19.642 - 18.260
1.382 ml.
But from equation A.9,
2 moles HCl = 1 mole NazCOs 
or 1 ml. N-HCl = 0.053 gms. carbonate.
.'. 1.382 ml. N-HCl E 0.0732 gm. carbonate in 20 ml sample
E 3.660 gm/1. sample 
E 0.0345 gm.mole/1 sample
Tray Outlet:
The above process was repeated for the tray outlet 
sample and the carbonate content was found to be 0.0384 
gm.mole/1.
The amount of carbonate formed on the tray was therefore 
the difference between the exit and inlet contents, that is
0.0039 gm. moles/1.
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For this sample, F^ = 2.06 and L^ . = 15gpm/ft.
Total rate of carbonate formation = 0.0039 x 15 x 4.5^5 x 1
= 0.3545 gm, mole/min.NazCOs
But from equation A.7,
1 mole NazCOs e mole COz
COz takeup = 0.3545 gm. mole/min.
Also 1 mole COz = 2 moles NaOH (equation A.7)
Rate of NaOH depletion = 2 x 0.35^5 gm mole/min.
= 0.7090 gm. mole/min.
b. COz Solution
The procedure for analysing the COz solution samples was 
the same as that for the alkaline samples. For the condition 
F^ = 2.06 and = 15 gpm/ft,
COz content at inlet = 0.04l9 gm, mole/min.
i.e. mole fraction of COz at inlet = I.IO6 x 10 ^.
Similarly, the mole fraction of COz in the exit and equilibrium 
samples are 3*319 x 10  ^ and 3*540 x 10  ^respectively. Hence 
the liquid Murphree efficiency for absorption case is;
 —  = 0.909------------------------- A.18
^0 “ %n+l
where x^ = exit tray composition
x^^^ = inlet tray composition 
x^ = equilibrium composition
■324.
A.2,5 SPECIMEN CALCULATION OF INTERFACIAL AREA
The data for the following- calculation are taken from 
Table A.3-43 for the condition F^= 2.06 and L^ = 20gpm/ft, 
for which
NaOH solution normality = 0.860
COz volumetric ratio in the
gas phase = 0.006.1,
Average Liquid temperature = 20°C
Rate of COz absorption = 0.400 gm. mol/min.
Calculation of Physico - Chemical Properties.
A.205p. COz Diffusivity in Water
The diffusivity of COz into water at 20°C is calculated 
from equation
logioDo= -4.1764 + 7=2.5 - 2.591x10  ^ -----------  A.19
T T%
where = COz diffusivity into water, cm^/sec.
T = temperature of water, ?R.
This equation was formulated by Barrett (I966) using his 
own experimental data and those of Sharma (1964) and Nijsing 
et al. (1959). From equation 3.86,
= 2.01 X 10 cm /sec.
- 3 2 5 -
A.2o5o2 CO2 Diffusivity into NaOH/NazCQ3Solution
The diffusivity of CO2 into NaOH/NazCOs solution at 20°C 
is obtained from the relationship
Dy = constant-------------------------A. 20
where D = COz diffusivity into solution, cm^/sec 
y = viscosity of solution, gm/cm. sec.
For COz diffusion into water and alkaline solution, the 
equation can be rewritten as
V o  =  21
where D^ = COz diffusivity in solution, cm^/sec. 
y  ^= viscosity in solution, gm/cm. sec. 
y^ = viscosity of water, gm/cm. sec.
Hence,
y
^8 " ^o ^o --- A. 22
s
The value of the ratio y^/y^ is obtained from the viscosity 
data of Hitchcock and Mcilhenny (1935) against the solution 
normality as 1/1.1927*
Therefore,
D^ = 1.68 X 10 ® cm^/sec.
A. 2* 5*3* COz Solubility in Water.
Henry's constant in water H^ is calculated from the
equation 
log:
------------------------------A. 23
,10 (^/Ho) = 6.1229 - 5*9044 X ICT^X T + 7 * 8857x10’“ ^ xT^
-32 6-
which was derived by Barrett (I966) from the data of 
Morrison and Billett (1952) and his own measurements.
From this equation,
= 3.43 X 10  ^gm. moles/c.c. atmo.
The partial pressure of a gas component in the gas phase
is related to the concentration of the component in solution
by Henry's law, that is
q  = -----------------------------A-24
where p^ = partial pressure of component A in the gas phase, atmo
H = Henry's constants, c.c. atmo./gm. mole.
= concentration of component. A, in solution,gm/cc.
The dry partial pressure of CO2 on the tray for this run was 
6 X 10  ^ atmo.. Hence from equation A.24, the solubility Co 
of CO2 in water is
Cq = 2.058 X 10 ? gm. moles/c.c.
A. 2'0'5o4 CO2 Solubility in NaOH/NazCOg Solution
The solubility of COz in solution is obtained using
the relationship (Danckwerts, 1970 p. J9 )
log ^  = -hill - hziz --------------------------A. 2510 Co
3 2  7-
where C* = the concentration of CO2 in solution
I = ionic strength of electrolyte
h = contributions referring to the species of
positive and negative ions present and of the gas.
I = I ZC.Z.2 ------------------------------------ A. 26
where c^ = concentration of ion of valency
h = h. + h + hp -------------- --------------A. 27
For this run, = O.86O (NaOH),
= g (0.86 X 1 + 0.86 X 1) = 0.86 gm. moles/1.
The initial normality of the NazCOs free solution at the 
start of the series of run was 1.01. Therefore for this 
run for which Cj^ = O.86O, the NazCOs normality can be 
obtained by considering equation A. 28
NaOH + COz + N a z C O s --------- ------------------------ A. 28
1.01 - 0.86 or 0.15 moles of NaOH has so far reacted with 
COz to produce NazCOs. It therefore follows that  ^ x 15 or
0.075 moles of NazCOs has been produced.
.*. Iz = h (0.075 X 2 + 0.075 X 4) = 0,225 gm. moles/1.
The values of hi and hz may be estimated from Table 3.3
hi = 0.091 + 0.066 “ 0.019 = 0.138
hz = 0.091 + 0.021 - 0.019 = 0.093
substituting for hi, hz, Ii, I2 and in equation A. 25 
we have
C* = 2.00 X 10  ^ gm. moles/c.c.
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A. 2, 5. 5. Rate Constant
The second order reaction rate constant, IC2 is 
obtained from the following equation derived by Barrett
(1966):
logio kz - 1 3 . 6 3 5  ~ 2 8 9 5  + 0 . 1 3 1 1 .  A. 29T ^
where = total solution ionic strength.
kz = 1.1197 X 10*' 1/gm. mole sec.
A. 2. 5. 6 Interfacial Area
The mass transfer rate per unit interfacial area for 
a pseudo first order reaction is given by
R = C*/DkzB   3.9G-o f
where D = Ds, diffusivity of gas component in solution 
.B- = concentration of reactant in solution.
R = mass transfer per unit interfacial area, 
gm. moles/cm^ sec.
But R^ = A^ R -----------------------------A. 30
where R^ = total mass transfer rate, gm. moles/sec.
A^ = total interfacial area available for mass 
transfer cm3.
Therefore from equations 3.^  and A.30, we have
A^ = ^t------  A. 31
C*/DkTBj
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If at the tray conditions, the froth height is and 
tray cross section is A, therefore the froth volume 
is AZ^ and the interfacial area per unit froth volume
is given by
’a’ “ \   A. 32
AZ^
From equations A.31 and A.32, we have
  A. 33'a' = AZ^C*/Dk2.B^
A = 2 ft^ or 2 X 30.48%
Z^ = 8.34in.or 8.34 x 2.54 cm.
Hence, on substituting for all the terms we have 
'a' - 1.996 cm ^
A. 2. 7 • Condition for Pseudo First Order Reaction
The conditions to achieve in order that a second 
order reaction may be pseudo-first order are:
1. ÆiskzB^ <^k^  ^  ^^    A. 34
ZC*
2. /DskzB^  ^ 5k^  A. 35
(See section 2. 4. 2. 3*)
For this run,
^s = 1.68 x 10“5 cm^/sec
“330-
kz = 1.1197 X 10*' 1/gm. mole sec.
B =0.86 o
k^ = 0.073 cm/sec 
Z = 2
*  —  7C = 2.00 X 10 gm.raole/c.c.
Therefore for condition 1 after substitution, we have 
0.402 < 78.51 
and for condition 2, we have
0.402 > 0.365
Therefore the reaction in this run was pseudo first order 
and the application of equation 3*5(is valid.
- 3 3 1 -
A c 5 FXPjaRIjMVJi ?ÆaASUREMEH!rS
A.3/1 Dry Alate l;cessu:ce Dropy
TABLE A.3.1 *■» Dry Plate Preseure Drops, (Rectangular Column)
Q 0^ %
16.20 555 96.0 2.99 2.94
15.:o 518 88.2 2.91 2.84
15.70 480 82.8 2.75 2.48
12.12 462 78.3 2.58 2.08
10.54 429 72.9 2.40 1.72
8.98 597 67.5 2.22 .42
7.40 360 61.1 2.02 1.10
5.83 320 54.5 1.80 0.84
4.26 274 4-6.4- 1.55 0.57
2.68 217 56.9 1.22 0.34
1 .10 159 23.6 0.78 0.20
TaBJE A,3.2 ™ Dry PI Ate Pressure Drops,
Q d^p
47.95 917 71.88 2.25 1.20
42.15 860 67.41 2.11 1 .08
57.85 815 63.90 2.00 0.90
50.67 754 57.51 1.80 0.70
24.22 652 51.12 1.60 0.59
19.90 591 46.35 1 .45 0.50
16.%5 542 42,49 1.35 0.40
15.62 489 38.54 1.20 0.31
9.47 408 51.95 1.00 0.20
6.06 326 25.56 0.80 0,18
(Round Column)
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Ao5o2<x Dynamic Liquid Heads and Pressure Drop Measijrements
TABLE Ae3o5 Measurements on the Rectangular Column 
PA = 1.77 
Q K 300ft/min 
LW = 12inches
25 50 55 40 45
4,05 4.14 4.22 4,28 4.36
0.15 0,13 0.13 0,15 0,13
2,42 2,48 2.55 2,63 2.73
2.55 2,61 2,68 2.76 2,86
5.05 3,12 3,22 3,28 5.54
3.86 5,97 4.08 4,18 4,28
8,25 8.65 9,15 9.65 9.85
3.15 5,50 3.58 3.46 5.50
0,661 0.657 0.656 0.659 0,668
0.783 0,786 0.790 0.786 0,781
0.309 0.502 0.295 0,286 0.290
0.367 0.361 0.552 0.540 0.559
7, 22 7. 48 7. 56 7. 72 7. 82
9, 16 9. 57 7. 92 10, 46 11, 55
0.788 0.782 .0,762 0.738 0.689
& 5 10 15 .
h. 3.26 5.54 3.76t
z 0.13 0.13 0,13W
2.03 2,12 2.23
2,16 2,25 2.36c
z 2.24 2,51 2,75Oh
5,50 3.47 3.61
z 6,60 6.90 7.40f
2.32 2.60 2.83
4.655 0.652 0.654
A, 0.679 0,725 0.755
, n 0.327 0.326 0.319
0.359 0.364 0.369
^do 5. 52
6. 08 6, 58
6, 72 7. 29 8. 17^fd
^dc
0.822 0,834 0.805
20
5.98 
0.15 
2.52 
2,45 
2,91 
5.74 
7.90 
2,99 
0.655 
0.777 
0,510 
0,368 
7, 00 
F8, 81 
0.795
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TABLE Heasii3?einen'bs on the Recta-Pfflilar Co.lupm
n. 2,06
Q 348 
\  K 12 inches
gpm/f-b 5 10 20 25 30 3 f 40 45
ills SgO 3.38 3*82 4*01 4*17 4*33 4,40 4*52 4,60 4*65
inches Go 18 0,18 0,18 :! 0,18 0,18 0,18 0,18 0,18 0,18I 1,92 2,03 2,12 2,18 2,28 2,37 2 0 44 2,55 2,64
Zc I 2,10 2,21 2,30 2,36 2,46 2,55 2,62 2,73 2,82
Zch I 2,15 2,43 2,63 2,80 2,94 3,04 3,14 3,21 3,28
Z'Cf I 3,30 3,47 3*61 3«74 3,86• 3,97 4,08 4,18 4,28
Zf I 6,40 7*40 8 ,44 8,86 9,37 9,86 10,36 10,60 11,60
I 2pl3 2,44 2,68 2,87 3,03 3,15 3,27 3,35 3,43
& (ratio) 0,618 0,637 0,637 0,632 0,640 0,642 0,642 0,654 0,659
11 0,296 0,295 0,291 0,283 0,280 0,279 0,273 0,276 0,274
Ph I 0,654 0,700 0,727 0,749 0,761 0,765 0,769 0,768 0,766
" 0,319 0.324 0,332 I 0,330 0,330 0,327 0,327 0,324 0,318
'Me inches 5*41 6,29 6,75 1 7*00 i '
7,29 7,59 7,82 7,90 8,12
Zfd It 6,40 7.40 8,44 8,86 9,37 9,86 10,36 10,60 11,60
<^ do (ratio) 0,846 0,850 0,800 0,790 0,780 0,770 0,755 0,755 0,700
■ 334
TABLE A,3,5 Heaaiirements on the Rsotangu'Lar Colimiti
PA 2*36
Q G3 356
® 12 inches
gprn/f-t 5 10 15 20 25 30 35 40 45"^
in. HgO 3,78 4*09 4,29 4*48 4,61 4.72 4,80 4*88 4,95
hi inches 0 ,2 4 0.24 0.24 0.24 0.24 0,24 0 .2 4 0.24 0.24
t t 1,80 1.93 1,97 2 ,0 7 2.18 2 ,2 6 2*34 2.42 2,53
^0 I t 2,04 2 ,1 7 2.21 2,31 2.42 2,50 2,58 2,66 2.77
"oh t l 1,89 2,19 2.42 2,62 2,74 2,85 2,93 3,01 3,07
Zee I I 3,30 3/47 3,61 3p74 3,86 3*97 4*08 4*18 4*28
II 7,60 7,90 8,40 8,80 9,25 9,65 10.0 10,40 10,90
Hfc I I 1,97 2.28 2,52 2.76 2,91 3,04 3,12 3*22 3*28
(ratio) 0,618 0,625 0,612 Go-618 0,625 0,630 0.632 0 ,636 0,647
h I t 0/574 0.632 0.670 0,699 0.708 0.718 0.719 0.721 0,718
G'a I I 0,268 0,275 0,263 0.263 0.262 0/259 0.258 0.256 0.254
I I 0,249 0,278 0V292 0,298 0,291 0.291 0.290 0.284 0.277
'‘do inches 5.68 6.39 6.77 7,29 7.56 7.73 1 9^3 8.16 8.29
Zfd I t 6,68 7,64 8,25 9.10 9.58 10,07 10.6 11.09 12.05
«'do (ratio) 0,850 0.836 0.821 0.801 0.789 0.768 0.748 0,736 0.688
TABLE A«5<.6 Measurements on the Roctan^ilar Colimm
2.66PA
LW
20
4.65 5.124.92 5.18 5.244.78 5,004.05
0.50 0.50 0.500.500.500.50
2.262.181.93 1.97 2.421.80 2.07
2.692.15 2.602.521.97 2.252.08
2.671.86 2.51 2.801.55 2.592.08 2.27Oil
4.18 4.285.97
8.60 10.50 10.9010.009.258.00 8.85
2.401.81 2.15 2.58
0.6170.602 0.604 0.612 0.622 0.6290.5960.597 0.599
0.624 0.6510,6070.577
0.2590.246 0.242
0.2410.216 0,2770.222
8.167.96 8.267.68 8 . 4 07.05inches
10.56 10.789.778.737.90fd
0.7680.786 0.758 0.7480.792(ratio) 0.8080.850do
I
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TABLE Ao3u7 Measurements on the Rectangular Column 
FA := 2,95 
Q K 492ft/min 
Lw = 12inches
5 10 15 20 25 30 35 40 45
4.37 4.66 4.90 5.04 5.16 5.27 5.39 5.43 ,5*46
Zm 0.37 0,37 0.37 0.37 0,37 0.37 0.37 0.37 0.57
Zd 1.54 1.64 1.70 1.83 1.92 1.99 2.06 2,16 2.26
Zc 1.91 2.01 2.07 2.20 2.29 2.36 2,43 2,53 2.63
Zph 1,20 1,48 1.69 1.85 1.99 2.10 2,18 2,23 2,27
Zcf 3.30 3.47 3.61 3.74 3,86 3,97 4.08 4.18 4.28
Zf 8,50 8.95 9.50 9.75 10.20 10.50 10.90 11.40 11.75
^rt 1.65 1.97 • 2.24 2,48 2,60 2,80 2,88 2,96 3.02
0.579 0.579 0.573 0.588 0.593 0.594 0.596 0.605 0.614
l^ d 0.364 0.425 0.468 0.494 0,514 0.528 0.534 0.534
I0.532
Ai 0.225 0.225 0.218 0.226 0.225 0,225 0.223 0.222 0.224
% 0,133 0.152 0.169 0.180 0.186 0.189 0,190 0.183 0.183 ;
*^ do 6,08 6,68 7.08 7.54 7.78 8.08 8.28 8.42 8.54 ;
Zfd 7.14 8.07 8.84 9.58 9.95 10.39 11.07 11.30 11.72 ’
^ 0 0.852 0.828 0.801 0,787 0.782 0.777 0.748 0.746 0.728
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TABLE A .3,8
F,A a I440
a 24 inches
7,r$ üôTo ""i2r5 15 ,0 17,5 20*0 jlE™' pÿ.cT'
in HgO 2,81 2.89 2.97 3,05 3,13 3.21 3.29 3,37
inches o;o3 0.03 0 .0 3 0,03 0,03 0,03 0.03 0,03
II 2f98 3 .05 3,07 3fl5 3.18 3.24 3.28 3.32
Zo II 3,01 3,06 3,10 3.18 3,21 3,27 3.31 3.35
"oh It 2.38 2 .46 2.54 2.62 2,70 2,77 2,85 2,93
^Of It 3,39 3.47 3,54 3.61 3,68 3.74 3.80 3.86
Zf II 8,31 8.46 8.58 8.74 8,90 9.02 9,13 9.29
'^ 1-t II 2.15 2 ,2 7 2,34 2,44 2 ,5 6 2,62 2,63 2,67
Ad (ratio) 0.889 0.883 0 .8 7 6 0.880 0,872 0,872 0,869 0.868
Ai II 0.703 0.709 0,716 0.724 0,733 0,741 0,750 0,759
*^ a II 0.362 0,362 0.362 0,364 0,361 0.362 0,362 0,361
% II 0,287 0.291 0 .296 0,299 0,303 0,308 0,312 0,316
^de inches 5.82 5.08 5.42 5.51 5,69 ___ _ _
5.85 6.08 6,12
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TABLE A.3,9 Measurements on the Round Column
F. 1,50
Q « 612 ft^/mln 
Weir length 24 inches
A t '” ' gpin/ft
_ _ _ 10,0 12.5 15.0 17.5 20.0 22.5 25,0
in HgO 2.93 3,01 3.09 3,17 3,25 3.33 3.41 3.48
inches 2.93 2,98 3,04 3.08 3.13 3.19 3.24 3,29
z« tl 0,05 0,03 0,03 0,03 0,03 0,03 0,03 0,03
Zc I 2.96 3.01 3,07 3.11 3.16 3.22 3.27 3.32
^Ch II 2,47 2.55 2,62 2,70 2,78 2,86 2,94 3.02
^Cf It 3,39 3.47 3,54 3.61 3.68 3,74 3.80 3.86
Zf If 8,46 8,62 8.74 8.90 9.02 9.17 9.33 9.49
It 1,97 2,10 2,22 2,30 2,40 2,42 2,46 2.52
h (ratio) 0,875 0,869 0,866 0,861 0,861 0,861 0,862 0,861
P h II 0,728 0,734 0.741 0,748 0,756 0,764 0*773 0,781
^d. I 0,350 0.350 0,351 0,350 0,351 0.351 0,351 0,350
I 0,291 0,295 0,300 0,304 0.309 0,312 0,315 0,318
hgo inches 4*86 5,06 5.18 5,51 1 5.49
5.68 5.76 6.08
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TABLE Ao3clO Measurements on the Rotmd Column
%  1,58
Q K 645- ft^/mln 
Y/eir length ts 24 Inches
V " gail/min 'Ü6 "1273 1 7 3 " 3Ô 223 ""25
in HgO 3.03 3,11 3.19 3.27 3.35 3.43 3.50 3.58
2d inches 2«87 2,93 2.99 3.04 3.10 3.15 3.19 3.24
1) 0,04 0,04 0,04 0.04 0,04 0,04 0,04 0.04
2o K 2,91 2,97 3.03 3.08 3.14 3.19 3.23 3.28
^oh t l 2,54 2,62 2,70 2,78 2.85 2.93 3.01 3.09
' . f
I I 3,39 3.47 3,54 3.61 3.68 3.74 3.80 3,86
2 f
I t 8,66 8.74 8,94 9,06 9,21 9.33 9.45 9.65
’ ' l - t
I I 1.7% 1.97 2,05 2.14 2.24 2.30 2,34 2,38
(ratio) 0,860 0,857 0,855 0,852 0.858 0,851 0,849 0.850
& I t 0,750 0,755 0,761 0,768 0.776 0,784 0.792 0,800
^ d
I t 0.336 0,340 0.339 0,340 0,343 0,342 0.342 0.340
I t 0,293 0.300 0.302 0,307 0,310 0.314 0.19 0.320
**dc inches 4.78 5.00 5.24 5,35 5.55 5.64 5.79 5.92
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yABIiE A 3oil MeaBureraents on the Roimd Coluîmi,
1,65
Q 672 ft^/min 
Weir length ^  24 inches
Iv gall/rain 7.5 10 32,5 1 5 1 7 . 5 2 0 22,5 25
\ in HgO 3*15 3 . 2 3 3 . 3 1 3.39 3 . 4 6 3.54 3 , 6 2 3 . 7 0
h inches 2,85 2 . 8 8 2.94 3 . 0 0 3 . 0 4 3.11 3 . 1 5 3.21I 0 , 0 4 0 . 0 4 0 , 0 4 0 . 0 4 0 , 0 4 0 , 0 4 0 , 0 4 0 , 0 4
% It 2,89 2 , 9 2 2,99 3 , 0 4 3.08 3 . 1 5 3 . 1 9 3 . 2 5
^oh tl 2 063 2 . 7 1 2,79 2.87 2,94 3.02 3.10 3,18
^of It 3.39 3.47 3.54 3 . 6 1 3.68 3.74 3.80 3.86It 8,78 8,98 9.06 9.21 9 . 3 6 9 . 4 9 9.66 9 . 7 6
tl 1 . 6 4 1.78 1,88 2,01 2 , 0 5 2,18 2 , 1 7 2 , 2 6
h (ratio) 0.853 0 , 8 4 3 0,843 0 * 8 4 2 0,838 0,842 0,839 0 , 8 4 1
h
tl 0 .7 7 6 0,781 0,787 0.793 0,800 0,808 0,815 0,823
!^d
II 0 , 3 2 9 0 . 3 2 6 0 , 3 3 0 0 . 3 3 0 0 , 3 3 2 0 . 3 3 2 0,334 0,333
tl 0 , 3 0 0 0 , 3 0 2 0,308 0 , 3 1 1 0 , 3 1 7 0 , 3 1 9 0 . 3 2 4 0 , 3 2 6
•’ d o inches 4.84 5.00 5 . 2 4 5,45 5 . 5 1 5.71 5.74 5 . 9 0
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Q?ABLE A,3,12 Measurement on the Roimd Column 
« lc72 
Q ta 700 ft^/min 
Weir length ta 24 inches
gall/inin 7,5 10 “liT T " ■^"150™ 17.5 20 22,5 25
in HgO 3,27 3,35 3.43 3.50 3.58 3.66 3.74 3.82
"d inches 2,80 2,87 2,90 2.95 3.02 3,05 3.12 3.16
I f 0,05 0,05 0,05 0,05 0,05 0,05 0.05 0,05
2o u 2.85 2,92 2,95 3,00 3.07 3.10 3.17 3.21
^ch I t 2,54 2,77 2*85 2,93 3,01 3.09 5.17 3.25
Zcf II 3,39 3,47 3,54 3.61 3.68 3.74 3.80 3,86
I t 9.00 9,09 9.21 9.37 9.54 9.65 9.80 9.92
^It I I 1*50 1,69 1.77 1.89 1.97 2,05 2 ,09 2,13
Pd (ratio) 0,839 0,831 0,832 0,830 0,834 0,827 0,32 0,841
A II 0,749 0,800 0,805 0,811 0,818 0,825 0,833 0,841
If 0,318 0,317 0,320 0,320 0,324 0,321 0,324 0,327
A I I 0,284 0,305 0,310 0,313 0,317 0,320 0,324 0,327
inches 4*78 5,02 5.24 5.41 5.59 5.78 5.88 5,98
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A.3o2b LIQÜID-TO-GAS ENTRAIMBMT 
TAÎ3LE A,3 13 Ln.quid-to-Gas Entrainment 
LW = 5gpm 
S = 1 2inches
?A V %1.77 0.075 55.7 0.014 0.9314 0.70
2.06 0.065 59.5 0.021 0.0404 1.05
2.36 0.057 63.4 0.025 0.0420 1.25
2.66 0.050 67.3 0.035 0.0522 1.75
2,95 0.045 71.1 0.049 0.0659 2.45
3.20 0.042 74.3 0.060 0.0744 3.00
3.40 0.039 76.9 0.078 0.0910 3.90
TABLE A.3 14 Liquid-to-Gas Entrainment
LW = 10gpm 
S = 12inches
%
1.77 0.150 59.0 0.0076 0.0341 0.76
2.06 0.130 62.8 0.0113 0.0435 1.13
2.36 0.110 66.7 0.0141 0.0474 1.41
2.66 0.100 70.6 0.0190 0.0567 1.90
2.95 0.090 74.4 0.0243 0.0653 2.43
3.20 0.083 77.6 0.0344 0.0853 3.44
3.40 0.078 80.2 0.0383 0.0894 3.83
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TABLFi Aç 3 15 Liquid-to--Gas Entrainment
LW = 20gpm
S = 12inches
% Pgf %1,77 0.30 65,7 0.0046 0,0412 0.92
2,06 0.26 69.6 0.0058 0.0447 1,16
2.36 0.23 73.4 0.0074 0,0497 1,48
2,66 0.20 77.3 0,0100 0,0596 2.00
2,95 0.18 81.1 0.0130 0,0699 2.60
3.20 0.17 84.3 0.0180 0.0892 3.60
3.40 0.16 86.9 0.0190 0.0886 3.80
TABLE Ao3 16 Liquid-to-Gas Entrainment 
LV/ s= 30gpm 
S = 12inches
% Pgf & 2. Be
1.77 0.45 72.4 0.0028 0,0376 0.84
2,06 0,39 76,1 0,0038 0.0439 1.14
2.36 0,34 80,1 0.0052 0.0524 1.56
2,66 0,30 84,0 0,0076 0.0680 2.28
2.95 0,27 87.7 0.0110 0.0887 3.30
3.20 0.25 91.0 0.0143 0.1063 4.29
3.40 0.24 93.6 0.0176 0.1232 5,28
“ 3 ^ ^
TABLE A. 3 17
LW = 40gpm 
S = 12inches
% v Psf % .... g1,77 0,60 79.0 0.0020 0.0359 0.80
2.06 0.52 83.0 0.0030 0.0462 1.20
2.36 0,45 86.7 0.0038 0.0511 1.52
2.66 0,40 90.6 0.0054 0.0644 2.16
2.95 0.36 94.4 0.0074 0.0796 2.96
3,20 0.33 “ « - -
, 3,40 0.31 — — —
TABLE Ac3 18 Liquid-to-G-as Entrainment
LW = 5gpm 
S - I5inches
% Pgf % Ee
1.77 0.075 44.56 0.0083 0.0186 0.415
2.06 0.065 47.' 6 0.0104 0.0200 0.520
2.36 0.057 50.7 0.0140 0.0235 0.700
2.66 0.050 53.8 0.0185 0.0276 0.925
2.95 0.045 56.8 0.0247 0.0332 1.235
3.20 0.042 59.4 0.0303 0.0376 1.515
3.40 , 0.039 61.5 0.0333 0.0388 1 «665
-3^5“
TABLE A . 3 19 Liquid-to-~Gas Entrainment
LW = 10gpm
S = 1 finches
Psf g Ee1 o77 0.150 47.2 0.0051 0.0229 0.51
2.06 0.130 50.2 0.0063 0.0243 0.63
2.36 0.110 55.8 0.0088 0.0296 0.88
2.66 0.100 56.5 0.0107 0.0319 1 .07
2.95 0.090 59.5 0.0148 0.0398 1 .48
3.20 0.083 62.1 0.0161 0.0399 1.61
3.40 0.078 64.2 0.0181 0.0422 1.81
TABLE A.3.20 Liquid-to-Gas Entrainment 
LW= 20gpm 
S - l^iiiches
% 4 Ee
1.?7 1 0.30 52.6 0.0018 0.0161 0.36
2.06 0.26 55.6 0.0032 0.0246 0.64
2.36 0.23 58.7 0.0046 0.0309 0.92
2.66 0.20 61.8 0.0060 0.0358 1.20
2.95 0.18 64.8 0.0080 0 .0430 1.60
3.20 0.17 67.4 0.0090 0.0446 1.80
I5.40 0.16 69.5 0.0100 0.0467 2.00
■”3 4 6 ~
TABLE A,3 21 Liquid-to-Gas Entrainment
LW = 30gpm
S = 1 finches
Fgv %
1 . 7 7 0 .4 3 5 7 .9 0 .0020 0 .0 2 6 9 0 .6 0
2 .0 6 0 .3 9 6 0 .9 0 .00 2 6 0 .0 3 0 0 0 .7 8
2 .3 6 0 .3 4 6 4 .0 0 .0034 0 .0 3 4 2 1 .0 2
2 e 66 0 .3 0 6 7 .2 0 .00 4 4 0 .0 3 9 4 1 . 3 2
2 .9 5 0 .2 7 7 0 .2 0 .00 5 2 0 .04 1 9 1 .3 6
3 .2 0 0 .2 3 7 2 . 8 0 .00 6 4 0 .0 4 7 6 1 . 9 2
3 .4 0 ! 0 .2 4 7 4 .8 0 .0078 0 . 0 3 2 3 2 . 2 3
TABLE A.3 22 Liquid-to-Gas Entrainment 
LW = 40gpm 
S = 13inches
hv % 4
1 . 7 7 0 .6 0 6 3 .2 0 .0014 0 .0251 0.36
2 .0 6 0 . 5 2 66.2 0 .0 0 20 0,0508 0 .8 0
2 .3 6 0 . 4 3 69.4 0 .00 2 2 0 .0 29 6 0 .8 8
2.66 0 .4 0 7 2 . 3 0 .0 0 2 7 0 .0 3 2 2 0.08
2 .9 5 0 .3 6 7 5 . 5 0 .0 0 3 5 0 .03 7 6 1 .4 0
3 , 2 0 0 .3 3 78.1 0 .00 4 2 0 .0 4 16 1 . 6 8
3 ,4 0 0 .3 1 8 0 .0 0 .0048 0.0448 1.92
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table A .3 ® 23 Liquid-t0-Gas Entrainment
LW = 3gpm 
S = '18incb.es
2 .
1,77 0.075 57.1 0.0035 0.0123 0.275
2.06 0.063 59.8 0.0063 0.0123 0.523
2.36 0.037 42.3 0.0083 0.0139 0.413
2.66 0.030 44.9 0.0110 0.0164 0.350
2.95 0.043 47.4 0.0131 0.0176 0.635
3.20 0.042 4 9 . 6 0.0161 0.0201 0.810
3 .4 0 0.039 51.5 0.0195 0.0223 0.963
TABLE A.3 24 Liquid-to-Gas Entrainment 
LW - 1Ogpm
S = IBinches
% ^sf 4
1 . 7 7 0 . 1 3 0 5 9 .4 0 .0 03 6 0.0161 0 .3 6
2 .0 6 0 . 1 3 0 4 2 . 0 0 .0044 0 .0 1 6 9 0 .4 4
2 .3 6 0 .1 1 0 4 4 .3 0 .0 0 3 8 0 .0 1 9 5 0 .3 8
2 0 66 0 .1 0 0 4 7 .1 0 .0071 0 .02 1 2 0 .7 1
2 .9 5 0 . 0 9 0 4 9 . 6 0 .0 0 7 6 0 .0 2 0 4 0 . 7 6
3 . 2 0 0 .08 3 31 c8 0 .0 1 0 0 0 .02 4 8 1 .00
5 .4 0 0 .0 7 8 5 5 .5 0 .0 1 3 0 0 .0 3 0 9 1 . 3 0
“3^8”’
TABLE A.3 25 Liquid-to-Gaâ__Entrainment
LW = 20gpm
S = 18inches
?A F % %. %
1.77 0.30 43.8 0.0024 0.0215 0.48
2.06 0.26 46.4 0.0028 0.0216 0«56
2.36 0.23 48.9 0.0035 0.0235 0.70
2.66 0.20 51.5 0.0044 0.0262 0.88
2.95 0.18 54.0 0.0056 0.0301 0.12
3.20 0.17 56.2 0.0062 0.0307 1.24
3.40 0.16 58.0 0.0072 0.0336 1.44
TABLE Ao3 26 Liquid-to~Gas Entrainment 
LW = 3Ogpm
S - 18inches
% Pgf 4
1.77 0.45 48.2 0.0016 0.0215 0.48
2.06 0.39 50.8 0.0019 0.0219 0.57
2.36 0.34 55.4 0.0026 0.0262 0.78
2.66 0.30 56.0 0.0032 0.0286 0.96
2.95 0.27 58.5 0.0038 O.O3O6 0.14
3.20 0.25 60.7 0.0045 0.0334 1.55
3.40 0.24 62.4 0.0050 0.0250 1.50
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TABLE A.3 27 Liquid-to-Gas Entrainment
LW = 40gpm 
S = 18inches
I'A V % F
1.77 0.60 52.7 0.0012 0.0215 0.48
2.06 0.52 55.3 0.0016 0.0246 0,64
2.36 0.43 57.8 0.0019 0.0255 0.76
2.66 0.40 60.4 0.0024 0.0286 0.96
2.95 0.36 62.9 0.0020 0.0323 1.20
3.20 0.33 65.1 0.0036 0.0357 1 .44
3.40 0.31 66.8 0.0044 0.0411 1.76
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A.3.3 LI,UID RELI3-K0J TIME
A.3.3,1 Rectangular Column Tray Only
TABLE A.3.28 Mean Residence Tine (Rectangular_Tra;%)
= ^-77
p. = 12 inches
% t Qp,2 (%2
3 5 9 .8 2 0 .3 27 7 1172 .8?
10 30 .2 3 0 .2 8 6 4 261.74
15 2 8 .13 0 .3 2 8 7 2 60 .17
20 1 5 .3 0 0 .33 8 9 7 9 .3 7
25 1 5 .5 8 0.3106 7 5 .3 6
30 1 3 .2 7 0 .3 0 8 2 4 5 . 4 4
35 1 0 .7 6 0 .3 0 2 9 3 5 .0 6
40 1 0 .1 9 0 .3 5 9 2 3 7 .2 6
45 9 .2 0 0 .3 3 2 8 2 8 .1 6
TABLE A.3.29 Mean Residence Tire (Rectangular Tray)
= 2.06
Jsz______ _5 ¥ cr^6 0 .9 3 0 . 3 7 7 0 1399.66
10 3 0 . 7 7 0 . 3 2 5 4 3 0 8 .1 7
15 2 4 .2 2 0 .3 6 1 5 2 12 .10
20 1 7 . 4 0 0 .2 9 1 1 8 8 . 1 7
25 1 4 .6 9 0 .3 6 7 6 7 9 .3 5
30 1 0 . 4 3 0 .2 99 8 3 2 .6 3
35 1 0 .4 4 0 . 2 9 5 0 32.18
40 9 . 7 5 0 . 3 2 3 6 3 0 . 7 9
45 9 .6 2 0 .2 67 6 2 4 .7 5
-351-
TABTjE a .3*30 Mean Residence Time (Rectangular Tray) 
p ,  =  2 . 3 Ü•A
ï>vv 12inches
(r 0%2
5 6 3 .4 2 0.3941 1575 .85
10 5 1 .2 9 0 .3 09 8 2 9 0 .9 0
15 23*26 0 .3405 1 88 .95
20 1 6 .1 4 0 . 3 4 5 2 9 1 . 2 5
25 1 5 .9 8 0 .3 5 5 1 6 9 .5 5
50 1 1 .8 9 0 .3 1 9 5 4 4 .9 5
55 1 0 .0 2 0 .3 2 7 5 5 2 .5 8
40 9.11 0 .3 5 8 8 2 7 . 7 6
45 9 .1 5 0 .2 7 8 9 2 5 . 5 8
TABLE A.3.31 Mean Residence Ti&e (Rectangular Tray)
■ra — 2  ® 6 6
^  = 12inches
& 2ÇT of
5 61.31 0 .46 5 5 2 0 1 2 .9 4
10 5 0 .6 3 0 .3 6 2 6 3 4 7 .4 4
15 2 1 .1 2 0 .3 6 2 8 16 1 .76
20 16 .2 3 0.3161 8 3 .4 0
25 1 3 .4 2 0 . 3 9 1 0 6 9 .9 9
50 1 2 .2 8 0 . 3 1 2 4 4 7 . 1 7
55 1 0 .9 6 0 .35 3 7 59 .93
40 1 0 . 0 3 0 . 2 9 0 4 2 9 .1 3
45 8 .9 1 0 .3 28 8 2 5 . 7 6
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TABLE A.3.32 Mean Residence Time (Rectangular Tray) 
F& = 2 ,9 5
12inches
■fc Cp2
5 6 4 ,9 2 0 . 4 9 7 2 2301 .26
10 2 8 ,9 8 0 ,4 1 0 9 3 3 2 ,7 5
15 21 ,1 3 0 .3 5 0 9 1 5 7 .5 5
20 I 5 .O8 0 .2 8 1 4 6 1 .9 3
25 1 5 .4 6 0 . 2 7 9 4 7 1 .4 2
50 1 1 .6 7 O.3OO8 4 1 ,4 8
35 1 1 , 3 0 0 .28 9 6 3 8 .4 7
4-0 1 0 , 2 9 0 .2 6 8 4 29 .9 8
45 9 .8 3 0.2631 2 3 . 0 0
TABLE A * 5 o 33 Mean Residence Time (Rectan^ular Tray &
Downcomer)
-A
w
1 , 7 7
12inciies
^7 t 0r*2 q;/
5 9 6 .4 8 0 . 2 9 3 4 2 9 4 2 .2 3
10 4 9 . 9 3 0 .1 9 87 5 96 .9 9
15 32 ,11 0 .2 8 9 2 306 ,99
20 2 5 . 5 0 0 .2 4 6 0 1 7 6 . 2 0
25 1 9 .8 4 0 .26 0 7 1 0 5 .9 3
30 1 9 .4 8 0 , 1 9 5 0 6 6 . 7 2
35 1 2 .5 1 0 . 2 3 2 2 3 6 . 3 4
40 1 8 .8 3 0 .24 3 7 103 .1 4
45 1 0 .9 1 0 .2 0 0 0 2 3 .9 3
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ïAB]j.Iil A,3.34 Mean Residence Tirae (Rectangular Tray 
. . Downcomer)
S3 I2inches
t cr^
5 64.90 0,2994 2136.33
10 39.97 0.2096 746.17
13 28.07 0.2634 209.23
20 20.89 0.2661 117.22
23 18.14 0.2443 80.42
30 19.23 0.2789 118.34
33 13.06 0.2039 33.16
40 11 c8f|- 0.2334 32.93
43 9.63 0.2321 21.46
TABLi:, A.3 33 Mean Residence Bime (Rectangular Tray Downcomer
%  = 2 o 36
V7 12inche;
‘îr • (T^ ef
3 100.71 0.3386 3609.64
10 47.92 0.3139 617.43
13 28.66 0.3376 277.61
20 22.76 0.3370. 174.20
23 17.34 0.3042 90.76
30 13.49 0.2368 61.69
33 13.13 0.2931 30.32
40 11.34 0.2633 33.63
43 9.33 0,2384 21.63
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{OABTuE ‘ *■ 5 é  r - i e a n  Residence Time (Rectangular Trajy• 
t Downcomer)
F = 2 • 65
12inclies
t • 5^(T~ P
5 78.63 0.3110 1922.64
10 47.45 0.3792 853.81
15 25.55 0.3405 221.67
20 21 .18 0.2929 131.43
25 14.48 0.3448 72.35
30 15.15 0.2695 61.83
55 14.09 0.2633 52.29
1-0 11.55 0.2161 27.83
45 13.66 0.1022 19.07
'TABijS a .3 <*57 Mean Residence Time (Rectangular Tray 
Downcomer)
PA 2, 95, w 12inohes
V <r^5 75.05 0.5195 1862: r9
10 42.51 0.3026 772.88
15 27.20 0.3006 222.83
20 21.54 0.3154 146.45
25 18.17 0.2791 92.31
50 16.02 0.2124 55.77
55 15.55 0.2253 59.97
40 11.72 0.2217 30.48
45 10.90 0.2014 23.94
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TABLK A,5» 53 Mean ResVdence Aiine (Round Column) 
]ÏÏb — 1 0 40•A
jg, = 24inches
t cr^
5.0 26,85 0,3299 240.59
7.5 16,87 0.4040 109,14
10.0 14.21 0,2851 57,71
12,5 12,99 0.3505 59.21
15.0 11.67 0,2587 35.10
17,5 9,68 0,2905 27.31
20,0 9.68 0.2332 21,85
22.5 8,72 0,2349 18,02
25.0 8.31 0.2714 18,53
TABLE Ar3 39 Mean Residence Time (Rornid Colmoii)
— 1o50
= 24inches
(^7 (j.,2 Gf
5.0 24.63 0.3565 216,20
7.5 15.82 0,2646 66,20
10,0 13.86 0.2735 52.61
12,5 12,11 0,2651 38.90
15,0 10,03 0.3263 31.98
17,5 9o 29 0,2439 21.03
20,0 8,25 0.2769 18.58
22,5 9.00 0.2321 18,81
25.0 7.81 0,2656 16,43
•~356~
TABLE A*3o 40 Meaii Residence Time (Round Column) 
% = 1.58
= 24inches
t Q-S of
5oO 25,18 0.4089 260.23
7,5 17,12 0.3064 89,66
10,0 14,13 0.3078 61.75
12.5 12,38 0.2922 44,87
15.0 11.59 0.2765 37.44
17.5 9,91 0.2731 26,88
20.0 9,50 0.2672 23.78
22.5 8.98 0,2717 22.71
25.0 7,46 0.2674 14.59
TABLE A.3 41 Mean Residence Time (Round Column)
%  = 1065
= 24inches
1% $ 0=2
5,0 25.85 0.3744 249.89
7.5 17,15 0.2688 79,07
10.0 15,45 0.2795 66.96
12.5 11,97 0.2929 41,75
15.0 10.67 0.2729 31.00
17,5 9.51 0.2671 24,13
20.0 8.61 0.2723 20.04
22.5 8.05 0.2703 17.58
25,0 8.01 0.2476 15,63
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TABLE Ae3 42 Mean Residence Time (Round Column) 
%  = ^«72
Weir length 24 inohes
t (T^ 0
5.0 ' 22.12 0.2839 136.34
7.5 15.95 0.2325 59.30
10.0 13.89 0.2250 43=36
12.5 11.71 0,3030 40.37
15.0 10.45 0.2833 31.10
17.5 9.81 0.2499 24.13
20.0 9.20 0.2403 20.38
22.5 7.94 0.2230 14.06
25.0 7.65 0.2453 14.36
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ADDITIONAL NOTE 
Reflections on the Values of
The apparent anomaly that the values in the rectangular column are approximately one third of those in the round column, (Fig. 7.46) calls 
for some explanation. As no kno\'m method exists for direct measurement of k^, it was obtained in the present work from the measured values of.k^a and *a*. k^a was determined from q 2 and t while 'a^  was measuredusing a chemical technique. Clearly then the interfacial area ’a* is of vital importance to the magnitude of k^. The table below will help in 
examining the anomaly; the symbols have the meanings given in the main Nomenclature
B
TABLE A.3.47 
Typical Example of the Calculation of k.
Liquid rate = 20 gpm/ft
Fa  =2.06, (rectangular column) 
F. = 1.72, (round column)
Zc 'a' A.1
Rect. 2.36 8.86 2.00 30676.58 61353.2 0.147
Round 3.10 9.65 0.80 75405.80 60324.6 0.186
—1 3 2 -1in. in. cm cm cm sec
calc.
^L0.073 
0.232 
cm/sec
calculated from k^a and *a* 
total interfacial area 
(Zg-Z^) A^ - volumetric gas hold-up
The table shows that the rectangular column gave *a* values three timi 
as large as those obtained on the round column. However due to differences in cross sectional areas of the columns, the total interfacial areas have the ratii 1.02, that is, they are nearly the same. This, is surprising as one would expec a greater volume of froth in the rectangular, (smaller) column ,than in the round, (larger), column by virtue of wall effect supporting the froth. The floi pattern and the general hydraulic conditions must be such that froth collapse occurs to a greater extent in the rectangular column. This in itself may have marked effects on the k^ values which depend not only on the extent of the interfacial area but on the local and boundary conditions prevailing around 
the growing bubbles of air. These are extremely complicated phenomena and little can be done without further study to explain the anomaly of the
values as calculated. The mixing conditions on both trays are also slightly different as shown by the values of the variance, Tables A.3.43 and A.3.46., 
but the effect on the interfacial area cannot as yet be established.
Finally it can be said that the values of k^ as given in Fig. 7,46 can only be tentative and more than this cannot be claimed at this juncture.
